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Abstract

For the future use of proton exchange membrane water electrolysis (PEMWE) for large-scale

hydrogen production with renewable electricity, two improvement measures at cell level are in-

dispensable: First, the use of thin membranes for high current and power densities, and second,

the use of improved oxygen evolution reaction (OER) catalysts which allow for reduced iridium

loadings (mgIr/cm
2). The combination of these two measures will enable to reach sufficiently low

power-specific iridium loadings (gIr/kW) to circumvent an iridium shortage due to a possible mas-

sive expansion of PEMWE. In this context, several issues need to be investigated for the practical

applicability of the described concept. At first, the basic suitability of PEMWE for the reduction of

greenhouse gas emissions in comparison with fossil hydrogen production and the positive influence

of an increase in power density will be demonstrated by means of a life cycle analysis. Subse-

quently, the technical feasibility of using very thin membranes down to 30 µm in PEMWE will be

investigated experimentally and thermal limitations at high current densities will be verified. Peak

values in the laboratory up to 25 A/cm2 are achievable, a long-term technical application up to

10 A/cm2 seems possible. In addition, the influence of high current densities on hydrogen perme-

ation in PEMWE cells is investigated. A strong increase of the permeation at high current densities

for low cathode pressures is shown, for higher pressures the increase is moderate. It follows that

the integration of recombination catalysts is necessary for most applications when thin membranes

are used. Furthermore, the degradation of iridium-based OER catalysts is found to be very low

for uninterrupted operation and even with approximately eight times lower iridium loadings, high

lifetimes in the range of 104 to 105 h should be possible with tailored catalyst designs.
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Kurzfassung

Für den zukünftigen Einsatz von Protonenaustauschmembran-Wasserelektrolyse (PEMWE) zur

großskaligen Wasserstoffproduktion mit erneuerbarem Strom sind zwei Verbesserungsmaßnahmen

auf Zellebene unverzichtbar: Zum einen der Einsatz von dünnen Membranen für hohe Strom- und

Leistungsdichten sowie zum anderen die Verwendung von verbesserten Sauerstoffevolutionsreaktions-

(OER) Katalysatoren, die verringerte Iridiumbeladungen (mgIr/cm
2) erlauben. Die Kombination

dieser beiden Maßnahmen ermöglicht ausreichend niedrige leistungsspezifische Iridiumbeladungen

(gIr/kW) um eine Iridiumverknappung durch einen möglichen massiven Ausbau der PEMWE

zu umgehen. In diesem Zusammenhang müssen mehrere Punkte für die praktische Anwend-

barkeit des geschilderten Konzepts untersucht werden. Die grundsätzliche Eignung der PEMWE

zur Verringerung von Treibhausgasemissionen im Vergleich mit fossiler Wasserstoffproduktion

und der positive Einfluss einer Steigerung der Leistungsdichte wird mittels einer Lebenszyklus-

analyse nachgewiesen. Anschließend wird die technische Umsetzbarkeit des Einsatzes von sehr

dünnen Membranen bis 30 µm in PEMWE untersucht und thermische Limitierungen bei hohen

Stromdichten überprüft. Spitzenwerte im Labor bis 25 A/cm2 sind erzielbar, ein langfristiger tech-

nischer Einsatz bis 10 A/cm2 erscheint möglich. Ferner wird der Einfluss hoher Stromdichten auf

die Wasserstoffpermeation in PEMWE Zellen untersucht. Es zeigt sich ein starker Anstieg der Per-

meation bei hohen Stromdichten für niedrige Kathodendrücke, für höhere Drücke ist der Anstieg

moderat. Daraus folgt, dass eine Integration von Rekombinationskatalysatoren beim Einsatz von

dünnen Membranen in den meisten Einsatzbereichen notwendig sein wird. Weiters zeigt sich, dass

die Degradation von Iridium-basierten OER Katalysatoren bei ununterbrochenem Betrieb sehr ger-

ing ist und auch bei ungefähr achtfach niedrigerer Beladung mit angepasstem Katalysatordesign

hohe Lebensdauern im Bereich von 104 bis 105 h möglich sein sollten.
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1 INTRODUCTION

1 Introduction

The rapid development of mankind, especially during the last 200 years, both in terms of popula-

tion and technology, has led to an enormous increase in energy consumption on earth by humans.

According to a recent report by the International Energy Agency (IEA), the global energy con-

sumption in 2018 was 166,500 TWh [1]. This very large number becomes more tangible when

divided by the number of fellow citizens on earth (7.6 · 109 [1]) which results in an average per

capita consumption of ≈ 22 MWh per year. This, in turn, is approximately the thermal energy

released when burning 2200 liter of Diesel or the average yearly heating energy consumption for

a large single-family house with ≈ 170 m2 living space in Germany [2] or roughly the amount of

Kerosene burnt per passenger during 5 intercontinental flights of ≈ 12.000 km [3]. Nevertheless,

there is a clear regional disparity between higher and lesser developed countries. At the moment,

the vast majority (133,200 TWh or ≈ 80 %) of the energy used comes from fossil sources such as

coal, oil and gas. However, this is associated with high CO2 emissions that continue to accumulate

in the atmosphere, affecting the Earth’s radiative heat balance. The resulting global climate change

and its implications are forcing society to react quickly if extremely far-reaching consequences for

mankind and the environment are to be avoided. In this context, the 2015 Paris climate agreement

adopted a maximum warming target of 1.5 to 2 ◦C by the end of the 21st century [4]. To reach this

goal, the CO2 emissions need to be cut very fast and significant and a net zero CO2 emission status

has to be reached until the mid of the 21st century [5]. This poses a strong need to transform our

current mostly fossil based energy system towards a system that uses mainly renewable sources.

An inherent characteristic of renewable energy sources such as wind power and photovoltaics (PV)

is their volatility. Thus, when renewable sources make up a very high proportion of a power system,

intermediate storage is required to compensate for periods of low supply. Since the primary form

of energy from renewable sources is electric power, electrical energy storage would be particularly

well suited for this purpose and would enable to keep a high share of the exergy during storage.

However, electrical energy storage devices such as batteries also have disadvantages: For very large

amounts of energy, the amount of storage material required also becomes very large and heavy

as the specific energy density is usually below 200 Wh/kg [6], which can limit availability and

usability. Furthermore, with most electrical energy storage systems, the relatively low gravimetric

energy density means that transport of stored energy over long distances, to use it decoupled in

time and location from production, is usually not economical. At least a spacial decoupling is

possible by electric grids. However, electric grids are not economic over very long distances [7].

Here, energy storage and transport based on chemical energy, especially in the form of hydrogen

are advantageous. Hydrogen can be produced by electrolysis from purified water alone and has

the highest gravimetric energy density of all materials on earth (≈ 33 kWh/kg (LHV)). Also the

volumetric energy density stays relatively high if high pressures, liquefied hydrogen or other forms

of chemical storage are used (e.g. Ammonia) [8] which in turn facilitates the use of bulk transport,

for example by ships. Thus, a production at a site with optimum renewable energy yield at low

cost and subsequent storage and transport to a consumer also over long distances is technically

possible with hydrogen and can offer economic benefits [9]. Furthermore, the hydrogen can be used

in many different sectors of the energy system (figure 1). In particular, as a fuel for long-distance

and heavy-duty transport, for industry as a basic material or reducing agent, and, if hydrogen

production costs are low enough, also for reconversion into electricity or for heating applications.

However, for widespread use of hydrogen technologies, the power required for the energy con-

verters (i.e., on the production side, the electrolysers) is very large. Since our current energy system

1



1 INTRODUCTION

Figure 1: Principle use case scheme for hydrogen production by water electrolysis and subsequent
usage of the hydrogen in different sectors.

is multi-layered, it is reasonable to consider only one sector for an initial estimate of the required

power. For the global mobility sector alone, Bernt et al. [10] estimated an annual primary energy

demand of 1020 joules. If this complete energy demand is to be provided by electrolytic hydrogen

(700 Mt/y), the authors indicate a necessary annual installation of 150 GW electrolysis capacity by

the end of the 21st century, taking already into account the volatility of renewable energies and the

resulting necessary surplus installation of electrolysis power. Although there are other electrolysis

technologies on the market (most notably alkaline electrolysis and at a lower technology readi-

ness level also solid-oxide electrolysis), proton exchange membrane water electrolysis (PEMWE)

is considered to have the greatest overall future potential for large scale application [11] [12]. The

already comparably high current and power density, the ability to produce hydrogen at the cath-

ode directly at higher pressures (typically up to 30 bar) and high purity [13], independent of the

pressure of the oxygen side (anode), as well as the high load spread and high dynamics predes-

tine this electrolysis technology for coupling to volatile renewable electricity sources such as wind

power and photovoltaics. Also the investment costs for PEMWE systems (CAPEX), which are at

the moment between 1000 and 2000 EUR/kW, are expected to fall significantly in the future to

values around 300 EUR/kW [11]. While large PEMWE systems with a capacity of several MW

are already being built and connected to the grid today [14], the current annual addition rate of 25

MW (electrolysis in general, IEA Report 2020) would need to be increased by a factor of ≈ 6000

to meet the required target.

2



1 INTRODUCTION

Thesis Outline

This thesis addresses the issue of what measures can be taken at cell level to enable a sustainable

addition of PEMWE systems at a high rate of more than 100 GW per year - a scale necessary for

a deep defossilization of the mobility sector alone [10]. In a first step, the PEMWE technology

is explained starting with a brief overview of the general functional principles followed by a more

detailed look on the individual components of the cell/stack. Here, all necessary information

is provided for setting up a basic temperature and pressure dependent performance model of

a PEMWE cell/stack and system. Several parameters used for the model are based on own

laboratory measurements. By analyzing the operational characteristics of a PEMWE system with

the model, two key strategies can be identified which together should technically enable a large-

scale deployment of PEMWE for renewable hydrogen production: i) Thin membranes for high

efficiency and high power density as well as ii) low-iridium catalyst loadings at the anode.

Following the selected path, among many other problems that might come up, five central research

questions are raised: i) Will renewable hydrogen production by PEMWE be sustainable from a life

cycle assessment point of view and what is the influence of increased power density? ii) Are there

thermal limitations when using thin membranes at high and very high current densities? iii) How

much do thin membranes and high current densities have an influence on the hydrogen permeation

losses? iv) Are iridium catalysts stable enough for long-term operation and what influences the

stability? v) How is the long-term performance of low-iridium loaded anodes?

Subsequently, the experimental methods for finding answers to the raised questions are presented

and the results are included in the form of five peer-reviewed journal papers, each one for one of

the research questions.

Figure 2: Thesis outline.
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2 THEORY OF PROTON EXCHANGE MEMBRANE WATER ELECTROLYSIS

2 Theory of Proton Exchange Membrane Water Electrolysis

2.1 Overview Functional Principle

In order to be able to identify possible limitations and improvement potentials for PEMWE on

cell level, a description of the system, its properties and the boundary conditions during operation

is helpful. Therefore, a basic explanation of the functional principle of a PEMWE cell is provided

first.

As in any electrolysis, a chemical substance, in this case pure water, is split by means of electrical

energy. As shown in figure 3, water is supplied to the anode side of the PEMWE cell and is split into

oxygen, protons as well as electrons by supplying energy, as given in equation 1, the anode partial

reaction or Oxygen Evolution Reaction (OER). For each mole of water, half a mole of gaseous

oxygen is released which mainly bubbles out from the anode towards the anode side flow channel.

The two moles of protons released during decomposition are transported to the cathode via the

proton-conducting phase of the anode, the so-called ionomer, the proton-conducting membrane

and finally the equivalent proton-conducting phase of the cathode. There, the protons are reduced

to hydrogen with the electrons transported via the external electrical circuit, see equation 2, of the

cathode partial reaction or Hydrogen Evolution Reaction (HER). One mole of hydrogen is thus

produced per mole of decomposed water, which, like the oxygen on the anode side, mainly bubbles

out from the cathode to the flow channel on the cathode side. Smaller parts of the gas volumes

produced on both sides, depending on the operating pressures, can also permeate through the

membrane and are then lost for usage, which will be discussed later more into detail. Combining

OER and HER gives the net reaction for water splitting (equation 3).

Figure 3: Schematic cross section of a typical PEMWE cell. All dimensions are roughly to scale.
The cutout shows only a small part of a unit cell with the flow field channels on both sides. Real
devices have significantly larger active cell areas (laboratory cells ≈ 5 cm2, current industrial cells
≈ 30 to 1000 cm2) with a multitude of channels. The active area of the cell is defined as the
geometric electrode area of the membrane electrode assembly (MEA).

4



2 THEORY OF PROTON EXCHANGE MEMBRANE WATER ELECTROLYSIS

OER : H2O → 1

2
O2 + 2H+ + 2e− (1)

HER : 2H+ + 2e− → H2 (2)

Net reaction : H2O → 1

2
O2 +H2 (3)

Another important aspect of a PEMWE cell is its relatively easy water management. On their

way from anode to cathode, the protons draw water molecules with them. This process, also

called electroosmosis, is relatively strong and ≈ 6 times more water is transported from anode to

cathode than is consumed at the anode [15]. As a result, active wetting of the cathode side of

the PEMWE cell is not necessary, which greatly simplifies its operation. The pressures of both

compartments can be changed individually as the membrane is tight for convective transport of

gases. Typical operation pressures range between 20 bar and 50 bar (hydrogen pressure) at cell

temperatures between 40 ◦C and 80 ◦C [11]. However, the anode side is mostly kept at ambient

pressure which makes water supply and water treatment for maintaining high water purity easier.

The core of the cell where the reactions take place is the membrane electrode assembly (MEA),

exemplary depicted in figure 4. It consists of the proton-conducting membrane (typical thickness

Figure 4: Scanning electron microscope cross sectional image of a typical PEMWE MEA based on
50 µm thick Nafion® 212. SEM graph provided by Maximilian Bernt, ZAE Bayern.

is between 50 µm and 200 µm) onto which thin electrode layers (≈ 5 to 10 µm) are applied on both

sides which can be deposited in several ways. Most common are a direct coating of the membrane

by spray coating or the decal transfer process [16], where electrodes are coated first on a transfer

film and are then sandwiched with the membrane. This sandwich is finally hotpressed to obtain

a permanent assembly. The active area of the cell, which is defined as the geometric area of the

electrodes of the MEA, is typically small for laboratory devices like single cells and short-stacks

(≈ 5 to 50 cm2) and is significantly larger for stacks which are used in industrial applications (up

to ≈ 1000 ± 500 cm2 [17]). Porous transport layers (PTL) with thicknesses around 200 µm to

300 µm are placed between the MEA and the flow fields. Ideally, these PTLs allow good elec-

trical contact to the electrodes, uniform mechanical support of the MEA and good transport of

water, the product gases and heat. Typically at the cathode side carbon cloth or carbon paper is
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2 THEORY OF PROTON EXCHANGE MEMBRANE WATER ELECTROLYSIS

used as PTL material. However, at the anode side, carbon materials are not stable at the high

electrode potentials exceeding 1.23 V vs. standard hydrogen electrode (SHE) potential. Thus,

mainly titanium materials made from sintered powders or fibers are used instead [18]. Also the

flowfields itself with the ≈ 1 mm deep and wide machined or forged channels are typically made

from titanium for the same stability reasons. The thin, compact and stable passivation layer of ti-

tanium dioxide forming at the surface of the bulk titanium is responsible for the good applicability

at operating conditions prevailing at anode sides of PEMWE cells. Nevertheless, the protective

passivation layer can significantly increase the contact resistance between the titanium elements

and between PTL and anode. Thus, both flowfields and titanium PTLs at the anode side of the

cells are frequently coated with a thin platinum-group metal (PGM) layer. Mostly platinum is

used to ensure low and stable contact resistances. Gold can be used as a coating of the flowfields,

but it will dissolve in direct contact with the ionomer (low pH) from the electrode or membrane at

elevated cell potential [19] and is thus not suited as a PTL coating. A PGM coating is especially

necessary when using thin and brittle anode catalyst layers with lower in-plane conductivity [10].

In contrast at the cathode side, the high bulk conductivity of the carbon PTL and its full stability

at the local operating conditions without passivation effects makes a coating obsolete.

However, single cells are not commonly used outside of laboratory applications, since their voltage-

to-current ratio is rather unfavorable for significant power conversion. In current state-of-the-art

systems a relatively low terminal voltage around 1.8 V (corresponding to ≈ 70 % efficiency based on

lower heating value (LHV)) would correlate to a relatively high current density of ≈ 1.5 A/cm2 [11].

Thus, in order to operate PEMWE cells reasonably, they are usually arranged in a stack. Exem-

plary, figure 5 shows an industrial PEMWE short-stack (H-TEC Systems GmbH, Germany) with

10 cells in a laboratory test rig at ZAE Bayern electrochemistry laboratory and a graphic repre-

sentation of the relevant parts and their assembly. Note that manifolds and gaskets are not shown

in this graphic. In this case, the cells are arranged one behind the other. The monopolar plates of

the single cell thus are complemented in the stack by a certain number of bipolar plates, depending

on the number of cells contained. The current through all cells in the stack is the same, but the

individual cell voltages add up to the stack voltage at the terminal clamps. In this way, a more

favorable ratio of voltage to current can be reached, which is better suited to the specifications of

conventional power electronics.

In order to run the stack in a PEMWE system, several other components are necessary. As

depicted in figure 6, a basic system needs a water cycle at the anode side with a water setup tank,

a heat exchanger to regulate the system temperature, a circulation pump and an ion exchange

filter before the stack. The task of keeping high water quality while running a PEMWE system

is very important for a stable performance. Ionic impurities can accumulate in the membrane or

in the ionomere phases of the electrodes and deteriorate the ionic conductivity or directly affect

the platinum group metal (PGM) catalysts [21] [22] [23]. Therefore, the water conductivity of the

supplied or cycled water in a PEMWE should always be close to the conductivity of ultrapure

water (≈ 0.1 µS/cm at 25 ◦C). This is achieved by using mixed-bed deionizer resins to clean up

the water constantly and by using metal free (plastic) piping and setup components in contact to

the process water wherever possible. As mentioned before, at the cathode side no water cycling is

necessary due to a constant net water transport from anode to cathode via electroosmotic drag.

The gases produced on both sides are separated from the water and, depending on the use case,

are dried and purified to reach a defined quality. Furthermore, power and control electronics as

well as safety equipment are essential for the operation of a PEMWE system. Systems up to a

power class of about 1 MW can be fitted into standardized 20 or 40 ft cargo containers [24] whereas

6



2 THEORY OF PROTON EXCHANGE MEMBRANE WATER ELECTROLYSIS

Figure 5: a) Industrial 10-cell PEMWE short stack from H-TEC Systems GmbH with 30 cm2

active area inside the stack test rig at ZAE Bayern electrochemistry laboratory, Garching. b)
Schematic drawing of the relevant parts and their assembly in a PEMWE stack [20]. Manifolds
and gaskets are not shown in this simplified graphic.
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Figure 6: Schematic representation of all relevant components of a PEMWE system. Taken from
[20].

larger systems are usually integrated into a special dedicated building [14].

After this short overview of the functionality, the main components and the commonly used ma-

terials, a more detailed description of the core elements of a PEMWE cell follows. These are
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2 THEORY OF PROTON EXCHANGE MEMBRANE WATER ELECTROLYSIS

concretely the membrane, electrodes, PTLs as well as the flow fields.

2.2 Membrane

As briefly described in the overview, the membrane in a PEMWE cell serves three important

purposes: The electrical separation of the two electrodes, the ionic connection between the anode

and cathode and the gas-tight separation of the compartments at the respective operating pressures.

To ensure the appropriate conductivity for protons while simultaneously guarantee high chemical

and mechanical stability, membranes based on a PTFE backbone with sulfonic acid groups at

the end of ether-linked perfluorinated side chains are used in most cases [25]. The most widely

employed membrane type in this class of perfluor-sulfonic-acid (PFSA) materials is Nafion® from

Dupont. In addition to a large number of similar PFSA materials, hydrocarbon-based membranes

in particular are in focus, as they might be produced cheaper in the long run and also should

exhibit lower gas permeation at low ohmic resistance compared to PFSA materials [26]. Structural

reinforcement, for example with integrated PTFE fibres in a PFSA membrane or a PTFE matrix

filled with PFSA ionomer [27], is particularly useful for thin membranes and applications at the

limit of the thermomechanical stability of the PFSA base material (Tcell > 90 ◦C) [28] [29].

Water Uptake, Swelling and Conductivity

As typical PFSA materials like Nafion® can take up a significant amount of water, most of their

physicochemical properties depend on the water content λ, which is defined by equation 4 as the

number of moles of water per mole of sulfonic acid groups in the polymer electrolyte membrane [30].

λ =
nH2O

nSO3H
(4)

A practical calculation of the water content based on measured values and material properties can

be done with equation 5 [31].

λ =
WU · EW

MH2O
(5)

Here, WU denotes the water uptake of the membrane (defined by equation 6), EW , the ”equivalent

weight” of the membrane type, which is defined by the quotient of the dry weight of the ionomer

per mole of sulfonic acid in (g/molSO3H) and MH2O, the molar mass of water. For the calculations

in this thesis, an EW of 1100 g/molSO3H for Nafion® membranes is used based on the data given

in [30].

WU =
mwet −mdry

mdry
(6)

The water uptake and thus also the water content of a PFSA membrane in contact with liquid

water is highly dependend on the actual temperature and also the pretreatment history of the

membrane [32] [33]. At full hydration in contact to liquid water, Nafion® reaches a water content

of λ ≈ 21-22 [34]. However, if Nafion® membranes are dried at elevated temperatures close

to or above glass transition temperature [15], they do not directly reach full hydration again

at subsequent contact with liquid water [35]. Typical dry membrane thicknesses in state of the

art systems are between 125 µm (Nafion® 115) and 175 µm (Nafion® 117) [36]. However, the

actual wet thickness tm,wet varies with the water content λ as the membrane swells during water

uptake. Two extreme cases of swelling are possible: Isotropic swelling in all directions (e.g. if

the membrane is freely immersed in water without fixation or if a MEA is externally hydrated
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previously to mounting in the cell setup) with the lowest thickness change and anistropic swelling

only in through-plane direction with the maximum possible thickness change (very likely to occur

if a membrane or MEA is mounted in a dry state in the cell and subsequently hydrated in the fully

built cell setup). The following equations adapted from [31] can be used to calculate the membrane

thicknesses tm for isotropic and anisotropic (only in through-plane direction) swelling:

tm,wet,iso = 3

√(
MH2O · ρm,dry · λ

ρH2O · EW
+ 1

)
· tm,dry (7)

tm,wet,aniso =

(
MH2O · ρm,dry · λ

ρH2O · EW
+ 1

)
· tm,dry (8)

Here, ρm,dry denotes the dry membrane density which is ≈ 2 g/cm3 for Nafion® [37]. For a known

λ and cell temperature Tcell, also the membrane conductivity of Nafion®, σm in S/cm, can be

calculated by equation 9 fitted to measurement data and published by Springer et al. [38], which

is in good agreement with other published data [15].

σm = (0.005139λ− 0.00326) · exp
[
1268 ·

(
1

303
− 1

Tcell

)]
(9)

Mass Transport through PFSA Membranes

As described earlier, the membrane prevents direct convective transport of gases from anode to

cathode and vice versa, but still a certain amount of gases can permeate through the material.

This is especially of concern for the hydrogen permeating from the mostly pressurized cathode side

of the cell to the anode side. As the anode is running at a potential of typically > 1.4 V vs. SHE,

the permeated hydrogen is not oxidized at the anode and mixes with the produced oxygen. If the

hydrogen content exceeds a concentration of ≈ 4 % H2 in O2 (lower explosive limit, LEL), the gas

mixture exiting the anode compartment is explosive which poses a considerable safety issue for

the cell/stack and the other downstream electrolyser plant components [39]. Thus, measures have

to be taken to limit the H2 in O2 concentration to about 2 % (50 % LEL). One option to allow

safe operation is to choose a certain minimum membrane thickness, depending on the operating

conditions (temperature, pressures, minimum current density/part load ratio).

Although several transport mechanisms for gases take place in parallel in the membrane (water-

bound transport of dissolved gases driven by differential pressure and electroosmosis vs. diffusive

transport [40]), in a first order approximation, pure diffusion has the biggest influence for the

hydrogen transport from cathode to anode. Equation 10 gives the diffusive through-plane molar

hydrogen permeation flux based on Fick’s law:

ṅH2,perm = DH2,perm(T ) ·
∆pH2

tm
(10)

DH2,perm(T ) = kdry,H2
· e

(
−Ea,dry,H2

RT

)
+ νH2O · kwet,H2

· e

(
−Ea,wet,H2

RT

)
(11)

kdry,H2
= 1.57 · 10−4 (mol µm)/(cm2 s bar) (12)

Ea,dry,H2
= 20.28 (kJ/mol) (13)

kwet,H2
= 4.5 · 10−4 (mol µm)/(cm2 s bar) (14)

Ea,wet,H2
= 18.93 (kJ/mol) (15)

9



2 THEORY OF PROTON EXCHANGE MEMBRANE WATER ELECTROLYSIS

Here, DH2,perm denotes the effective permeation coefficient for hydrogen in the membrane, ∆pH2

the hydrogen partial pressure difference between cathode and anode side and tm the membrane

thickness. The universal equation for Nafion® permeability (equation 11) gives an Arrhenius fit

for the temperature dependence of DH2,perm [30]. The values for the prefactors and activation

energies kdry,H2 , Ea,dry,H2 , kwet,H2 and Ea,wet,H2 are also taken from [30]. The volume fraction of

water νH2O (cm3 of water per cm3 of hydrated polymer) is calculated by equation 16 [30]. Note

that the unity correction factor mol
cm3 is missing in the original reference. As stated above, a fully

hydrated membrane at 80 ◦C typically has a water content of λ ≈ 21.

νH2O =
λ · 18

λ · 18 + EW
ρm,dry

· mol
cm3

(16)

Vice versa, also oxygen transport from anode to cathode side takes place and can be diffusive in

nature (equation 17 to 22) or water bound (equation 27). Analogous to hydrogen permeation,

DO2,perm (equation 18) is the effective permeation coefficient for oxygen in Nafion® and, together

with the prefactors and activation energies given by equations 19 to 22, taken from [30].

ṅO2,perm = DO2,perm · ∆pO2

tm
(17)

DO2,perm(T ) = kdry,O2
· e

(
−Ea,dry,O2

RT

)
+ νH2O · kwet,O2

· e

(
−Ea,wet,O2

RT

)
(18)

kdry,O2
= 0.674 · 10−4 (mol µm)/(cm2 s bar) (19)

Ea,dry,O2
= 21.28 (kJ/mol) (20)

kwet,O2
= 5.05 · 10−4 (mol µm)/(cm2 s bar) (21)

Ea,wet,O2
= 20.47 (kJ/mol) (22)

As already mentioned, water transport takes place in the cell primarily from anode to cathode via

electroosmosis (equation 23). Here, ndrag denotes the drag coefficient, which relates a water flow

to the proton current from anode to cathode in the cell. Figure 7 shows measured electroosmotic

drag coefficients for a MEA based on Nafion® 117 in comparison with literature data [41] [42].

The resulting temperature dependence of ndrag is given by the linear fit in equation 24.

ṅH2O,eo = ndrag ·
I

F
(23)

neo(ϑ)(molH2O/molH+) = 0.012(1/◦C) · ϑ+ 2.17 (24)

Also a differential pressure driven reverse transport of water from cathode to anode is possible

(equation 25), but is usually significantly less intense compared to the electroosmotic water trans-

port. However, the pressure driven reverse transport of water from cathode to anode becomes

important for high differential pressures and thin membranes. In order to estimate the differential

pressure driven transport, a simple measurement was done with a 60 cm2 PEMWE cell by Sylatech

GmbH, Germany. The water transport rate is measured for three current densities (0.17 A/cm2,

0.5 A/cm2 and 0.83 A/cm2 and two temperatures, 40 ◦C and 80 ◦C, at balanced ambient pres-

sure and for a pressure difference of 5 bar between cathode and anode. In both cases the water

transport is measured gravimetrically by weighing the exhaust water at the cathode side. The

results are shown in figure 8. In general, a linear dependency of the water transport rate with
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Figure 7: Measured data for ndrag in a temperature range from 40 ◦C to 80 ◦C at a mean current
density of 0.5 A/cm2 for a commercial MEA based on Nafion® 117 made by HIAT, Germany.
The catalyst loading is 2 mgIr/cm

2 at the anode and 1 mgPt/cm
2 at the cathode. The measured

drag coefficients are comparable to literature data by Luo et al. [41] and Suermann et al. [42]. The
water transport is measured gravimetrically by weighing the exhaust water at the cathode side.

the current density is visible for all sets of measurements. As expected, the measurements with

elevated cathode pressure (5 bar pressure difference) show an offset towards lower transport rates.

Furthermore, the transport rate is higher at higher temperature which results in a steeper increase

of the water transport rate with current density at higher temperatures (80 ◦C) compared to lower

temperatures (40 ◦C).

v̇H2O,dp = DH2O,dp · ∆pcath,an
tm

(25)

DH2O,dp(ϑ)((mL µm)/(s cm2 bar)) = 4.12 · 10−6(1/◦C) · ϑ+ 1.29 · 10−4 (26)

Using the set of datapoints (40 ◦C and 80 ◦C at 0 and 5 bar pressure difference) from figure 8 and

by assuming a linear temperature dependence of the transport coefficient for differential pressure

driven water flow through the membrane leads to equation 26 for the calculation of DH2O,dp(ϑ).

It is important to note, that the membrane reference thickness for the calculation of the transport

coefficient was assumed to be that of a fully anisotropically (only in through-plane direction)

swollen Nafion® 212 membrane at λ = 21 (tm = 77 µm).

In dependence of the operation parameters, a net water transport as a sum of differential pressure

and electroosmotic driven water transport results, which in turn leads to a transport of soluted

oxygen from anode to cathode (equation 27).

ṅO2,wb = v̇H2O,m ·HO2
· pO2,an (27)

HO2
(T ) = 1.3 · 10−3(mol/(l · bar)) · exp

(
1700 K ·

(
1

T
− 1

298.15 K

))
(28)

Here, v̇H2O,m denotes the area specific volumetric flow rate of water from anode to cathode and
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Figure 8: Measured data for water transport rate at balanced atmospheric pressure and 5 bar
differential pressure at 40 ◦C and 80 ◦C and 0.17 A/cm2, 0.5 A/cm2 and 0.83 A/cm2 for a MEA
based on Nafion® 212. The catalyst loading is 2 mgIr/cm

2 at the anode and 0.3 mgPt/cm
2 at the

cathode. The water transport is measured gravimetrically by weighing the exhaust water at the
cathode side. Each point shown is the average of three individual measurements.

HO2
the Henry coefficient for the solubility of oxygen in water. The temperature dependence

of HO2
is given by equation 28 taken from [43]. In the case of oxygen transport from anode

to cathode, safety aspects are less critical as most of the oxygen reacts with the hydrogen at the

cathode catalyst layer (potential < 0 V vs. SHE) back to water and does not remain in the product

gas stream. Nevertheless, a faradaic efficiency loss is linked to both permeation losses, either of

hydrogen or oxygen and also to the water-bound oxygen transport. Thus, for the calculation of

the Faraday efficiency, the total transported oxygen ṅO2,tr is relevant which is the sum of water-

bound-transported (equation 27) and permeated (equation 17) oxygen:

ṅO2,tr = ṅO2,wb + ṅO2,perm (29)

For low material consumption and high cost efficiency, optimized cells with low losses are necessary

which in turn can reach significantly higher current and power densities than conventional state-

of-the-art cells. This can be achieved in particular by using thin membranes to reduce the ohmic

losses associated to the proton transport through the membrane. Since the permeation of the

product gases is also stronger in this case, the associated safety issues have to be carefully adressed.

Especially when a high part load range is desired and standard PFSA membranes are used, the

integration of recombination catalysts, mostly platinum based, in the MEA or the cell/system is

unavoidable. Technical solutions for recombination catalysts can be built into the MEA [44] [45]

[46], or at some point in the O2 stream at the anode side of the electrolyzer or in the anode side

PTL [47].
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2.3 Electrodes and Catalysts

As visible in figure 4, the approximately 5 to 10 µm thick anode and cathode electrode layers are

arranged on both sides directly on the membrane to form the MEA. The individual reactions during

water electrolysis take place at the electrodes, which are the OER at the anode and the HER at the

cathode, and thus make the electrodes crucial components of the overall PEMWE system. In order

to allow high turnover rates (= high current densities) at low losses, the porous electrodes need

to have large specific surface areas and a well balanced ratio of electrical conducting phase, ionic

conducting phase (ionomer), open pores for transport of water and product gases (void volume)

and particularly catalytic active surfaces (catalyst) optimized for the respective reaction [16] [10].

Usually, PGM catalysts are used in PEMWE, as they are highly active and show the best stability

at the challenging operating conditions with low pH values around 0 in presence of the highly

acidic polymer electrolyte. At the cathode side, the potential of < 0 V vs. SHE [48] enables the

use of Pt-catalysts with high surface area carbon support materials, which are widely used in PEM

fuel cells [49]. The state of the art loading for PEMWE applications is usually between 0.5 and

1 mgPt/cm
2 [50]. Due to the very fast reaction kinetics for the HER with Pt-based catalysts,

the cathode side loading can be lowered significantly (≈ 10-fold) without detrimental effects on

performance [10] [51] [52] [53]. Even non-noble metal catalysts can be applied at the cathode side,

e.g. cobalt-based [54] or molybdenum-based systems [55] [56] [57]. Nevertheless, they have so far

tended to be used on a laboratory scale only and not for industrial applications.

At the anode side however, platinum is not the most active PGM catalyst for the OER. Iridium

and ruthenium show higher activities [58], but due to stability reasons at the high anode potentials

during operation of > 1.4 V vs. SHE [48], iridium or its oxides are the current state-of-the-art cata-

lyst materials [50]. The operating conditions also impede the use of carbon as a conductive support

material. Thus, different designs are used: Typical industrial OER catalysts are unsupported irid-

ium (Ir-black) as well as iridium dioxide supported on non-conductive titanium oxide particles with

a comparatively thick and compact iridium layer for sufficient electrical conductivity (e.g. Umicore

Elyst Ir75 0480). Consequently, the resulting iridium loadings are high at 1 to 2 mgIr/cm
2 [50].

Today, the mean current density reached by industrial PEMWE systems is about 1.5 ± 0.5 A/cm2

at a cell voltage efficiency of 70 % (lower heating value, LHV) [11], which equals a cell voltage of

1.79 V. At this operating point, the resulting mean power density of the system is 2.69 W/cm2.

This, in turn, results in a mean power-specific iridium loading of about 0.75 gIr/kW70 % (LHV) for

state-of-the-art PEMWE systems. However, iridium is one of the nine rarest stable elements on

Earth [59]. Annual mining and recycling in 2018 was only about 7.8 tons, while the demand was

in the range of 6.6 to 6.8 tons [60] [61]. Thus, if all the iridium available annually were used solely

for PEMWE, plants of about 10 GW capacity per year could be added at today’s power-specific

loading. This is in stark contrast to the already mentioned rate of around 150 GW/year, which

would be necessary to change the worldwide mobility sector completely to renewable hydrogen

until the end of the 21st century. To overcome this limitation, the power-specific iridium loading

would have to be reduced significantly to values around ≈ 0.01 gIr/kW70 % (LHV) [10] [36]. Yet, if

the loading is to be reduced significantly, the use of commercial state of the art catalysts is limited:

At loadings below about 0.5 mgIr/cm
2, the resulting electrodes are getting thin and brittle with

insufficient in-plane conductivity and high contact resistances to the anode PTL [10] [62].

Therefore, the development of new or improved catalyst systems for PEMWE anodes is a critical

task for a future large scale application. One possible direction would be the use of a conductive

support material just like the high surface area carbon support materials in HER catalysts. In
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this case, the active iridium particles could be very finely dispersed and the necessary electrical

conductivity would be supplied by the support material and not by the iridium itself. Several

promising candidates for conductive support materials exist, for example antimony-doped tin ox-

ide (ATO) [63] [64], niobium-doped titanium oxide (NTO) [65] [66] or tungsten doped titanium

oxide [67]. However, long term stability testing of such support materials in PEMWE acidic en-

vironment is still to be conducted. A different approach is the use of thin iridium films, directly

coated on highly structured membranes [68] or on nano structures (e.g. whiskers) on the mem-

brane surface [69]. Finally, also the consistent optimization of the catalyst concept applying a

non-conductive titanium dioxide support with a compact conductive iridium layer on top is pos-

sible. First laboratory tests with such materials show higher begin-of-life (BOL) performance

compared to established commercial products at 8-fold lowered iridium loading [70]. Nonetheless,

the long-term stability needs to be further investigated.

2.4 Porous Transport Layers

As already briefly explained, the porous transport layers (PTL) between MEA and flow fields

are multifunctional components of a PEMWE cell setup. Besides well-proportioned mechanical

mounting of the MEA [71], the PTLs serve for electrical as well as thermal contact of the MEA

to the flowfields [72]. Furthermore, their preferably high open porosity allows for good through-

plane and, to a certain extent, also in-plane media transport from the flow field channels to the

electrodes and vice versa [71] [73]. The materials used differ for anode and cathode side due to

the different potentials present. At the cathode side, the potential stays slightly below 0 V vs.

SHE during operation [48]. Thus, carbon-based materials can be used here as a PTL, which are in

general similar to the gas diffusion layers (GDL) used in PEM fuel cells [74]. In contrast to the fuel

cell operation, where a clogging of the pores with water is detrimental to the gas transport [75],

in PEMWE cells carbon cloth or paper without or with only slight hydrophobic characteristic

(= with low PTFE content) are used. A typical carbon fibre cathode side PTL is shown in the

SEM graph in figure 9 in panel c). At the cathode side, the mixture of water and hydrogen gas

exits the setup from the electrode to the flow field and usually no reverse water crossflow occurs

inside the PTL. Typical uncompressed thicknesses range between 300 and 400 µm [16] [76]. Due

to their compressibility, carbon-based PTLs also have a compensative effect for mechanical stress

and act as an elastic element in the otherwise mainly rigid cell setup. Especially when using thin

membranes with thicknesses below 50 µm, the use of a micro porous layer (MPL) at the interface

between PTL and MEA can be necessary to avoid short circuits [77]. The individual carbon fibres

with thicknesses around 20 µm which compose the PTL have sharp tips and can perforate thin

MEAs even at standard cell compression rates of 1.5 to 2 MPa [16]. Such compression rates are

necessary to reach overall low electric contact resistances in the cell. However, due to the high

bulk electric conductivity of the carbon PTL and the carbon catalyst support in the cathode, the

resulting contact resistances at the cathode side are low, even at very low catalyst loadings around

0.03 mgPt/cm
2 [10].

As already mentioned, the local potential during operation at the anode side is higher than 1.4 V vs.

SHE [48] at which carbon materials are not stable and would quickly corrode to carbon dioxide [78].

Thus, mostly titanium-based PTLs are used instead. Different PTL designs are possible, with

sintered titanium meshes and fibres (figure 9, panel b)) or sintered titanium particles (panel a))

beeing the most-used structures [79]. Also thin titanium foils with etched, electron-beam/ laser-cut

or punched micro perforations could be possible anode PTL designs [80] [81] [82] [83]. For sintered
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Figure 9: SEM graphs of three different PEMWE PTL materials: a) Titanium sinter anode side
PTL made from spherically shaped titanium powder (Mott, USA). b) Titanium sinter anode side
PTL made from titanium fibres (Bekaert 10-0.25, Germany). c) Carbon fibre cathode side PTL
(Toray TGP-H-120, Japan). The magnification factor of 160 is the same for all three graphs.

PTL materials, optimum pore sizes vary around 10 to 13 µm, whereas the mean open porosity

should be between 30 and 50 % [84] [73]. In contrast to the low electric contact resistances

present with carbon-based cathode side PTLs, titanium-based PTLs have the drawback of low-

conductivity of the protective titanium dioxide film which inevitably forms at their surface during

operation. Thus, the contact resistances are significantly higher at the anode side and are especially

of concern if thin electrodes with low iridium loading are used, which typically have higher in-plane

resistances than standard anodes with high catalyst loadings around 2 mgIr/cm
2 [42]. In order

to lower the contact resistance between PTL and anode, MPL-like structures can be implemented

at the interface of anode to PTL [85] [86] [87]. Also a surface roughening by pulsed laser can be

done to build up a microstructure on top of an existing coarser PTL [88]. However, pure titanium

structures with higher surface area might be more prone to continuous oxide layer growth which

could outweigh the positive effect of the initially lowered contact resistance. Thus, to ensure low

contact resistances which are stable during the long expected service life of PEMWE systems in

the range of 60,000 to 90,000 h [12], also thin platinum coatings can be applied [89]. However,

with a platinum density of 21.45 g/cm3 [90], a 100 nm thick homogeneous protective layer already

equals an additional platinum loading of ≈ 0.2 mgPt/cm
2 in the cell. Yet, this extra amount

of platinum could be problematic at large scale applications as it is roughly seven times higher
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than possible optimized cathode catalyst loadings around 0.03 mgPt/cm
2 [10]. Therefore, also

alternative coating options are under investigation, for example with niobium [85].

2.5 Flow Fields and Bipolar Plates

On both sides, each cell unit is terminated by plates which separate the cell from the adjacent cells

(= bipolar plates) or from the end plates in the stack (= monopolar plates). To allow media trans-

port from and to the cell, a gas and water perfusable, planar structure with the same dimensions

as the active cell area is used. These structures are also called flow-fields and can be realized in

several ways: In most cases, channel structures are directly integrated in the mono/bipolar plates

and can be machined, etched, laser/water cut or embossed/deep-drawn/hydroformed. Also the

use of coarse expanded metal mesh is possible to allow a water and media flow in combination

with a solid bipolar plate that separates a compartment from the adjacent one. In addition to

the mentioned supply of water and removal of product gases, also waste heat, which is produced

during water splitting under most operating conditions, has to be transported away from the cell

mainly via the process water flow. Furthermore, the stable mechanical bearing of the PTLs and

MEA by the flow-fields and the mono/bipolar plates is important. Finally, sealings and manifolds

for the two separate media flows of the anode and cathode sides are integrated in the edge areas

of the plates.

Similar to PTLs, the choice of materials is limited by the operating conditions on both sides of the

cell. However, since the flow fields are not in direct contact with the acidic polymer electrolyte, the

conditions are somewhat less demanding compared to the PTL. Nevertheless, the pH of the usually

cycled water decreases from neutral values to a slightly acidic range during prolonged operation

of the cell. Langemann et al. measured pH values in the cycled feedwater of 3.5 at the anode

side and 4.5 at the cathode side after 50 h of continuous electrolysis. [91]. In order to withstand

these conditions, titanium (grades 1 and 2) is usually employed at the anode. Carbon / graphite

could be used at the cathode, but a titanium-carbon composite construction is less advantageous

from a manufacturing point of view. For this reason, normally, titanium is used at the cathode

as well and single-material bipolar plates are built. High-alloy stainless steels may be coated with

various materials (titanium, niobium, titanium nitride, platinum) and under these circumstances

may likewise be used on both sides [91] [92] [93] [94]. Also laboratory tests with bipolar plates

made by injection molding of conductive plastic and subsequent application of titanium coatings

by a plasma process for providing stability under PEMWE operating conditions have been con-

ducted [95]. However, a long service life (≈ 60,000 to 90,000 h [12]) of all components in a PEMWE

stack is a critical factor that must be taken into account when using novel materials.

In older systems, relatively thick bipolar plates are used with thicknesses up to 3 mm [20]. How-

ever, due to the relatively high material cost of titanium (approximately 3-fold higher than stainless

steel) and the difficult machining of solid titanium, in newer systems the plate thicknesses are sig-

nificantly lowered. This is done by the use of formed (mostly embossed) titanium sheet metal with

sheet thicknesses down to 0.3 mm [20]. This is analogous to the development observed in PEMFC

stacks. Here, embossed metal bipolar plates (stainless steel) with sheet thicknesses of around

50 µm have in many cases replaced the significantly thicker graphite-based bipolar plates [96].

The minimum thickness that can be used in PEMWE cells depends to a certain extent on the

mechanical stability of the material under differential pressures and under the high compression

forces necessary for low contact resistances. In particular, failure based on nonlinear buckling must

be considered.
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2.6 Thermodynamics and Reversible Cell Voltage

In order to split water into hydrogen and oxygen in a PEMWE cell, a supply of energy is required. A

Legendre-transformation of the general Gibbs-Helmholtz equation shows the relationship between

the reaction enthalpy change ∆H, the change in Gibbs free energy ∆G, the temperature T and

the entropy change ∆S:

∆H = ∆G+ T∆S (30)

A minimum electric work ∆G0 = 237 kJ/mol at standard conditions (298.15 K and 1 bar) is

necessary for maintaining the net reaction shown in equation 3. However, the total energy supply

needs to be higher at ∆H0 = 286 kJ/mol. The difference of T∆S0 = 49 kJ/mol can also be

provided in the form of heat/thermal energy. The minimum electric work ∆G0 and the enthalpy

∆H0 can be translated into the equivalent reversible cell voltage E0
rev and E0

tn (thermoneutral cell

voltage):

E0
rev =

∆G0

zF
= 1.23V (31)

E0
tn =

∆H0

zF
= 1.48V (32)

Here, the Faraday constant F (96485 As/mol) and the number of electrons transmitted in the

net reaction (z = 2) are applied. In contrast to an operation between the reversible voltage

E0
rev and E0

tn, where the electrolyser cell would require external heat input to not cool down, the

thermoneutral voltage E0
tn is the voltage at which a perfectly thermally insulated PEMWE cell

runs without changing its temperature. At cell voltages exceeding E0
tn, heat is released which has

to be removed, for example by the process water, to maintain a constant cell temperature.

If the reversible voltage has to be calculated for non-standard conditions, it is possible to correct

the values for concentration or activity differences of the product gases by applying the Nernst

equation and by using a fit for the temperature dependency of E0
rev based on data from [97]:

Erev = E0
rev +

RT

2F
ln

(
aH2

· a1/2O2

aH2O

)
(33)

E0
rev = 1.2291− 0.0008456 V · (T − 298, 15 K) (34)

Here, the activity for water aH2O in the liquid phase is always 1 whereas the activities of the product

gases ai,gas can be calculated by a normalization of the respective prevailing partial pressures pi,gas

by the standard pressure of 1 bar:

ai,gas =
pi,gas(bar)

1 bar
(35)

In this context, it is particularly important to note that the individual partial pressures of hydrogen

and oxygen are influenced by the prevailing, temperature-dependent saturated vapor pressure of

water, especially at low total pressures, e.g. operation at atmospheric pressure. The so-called Buck

equation [98] provides a good approximation for the water saturation pressure dependence from

temperature ϑ in ◦C, valid between 0 ◦C and 100 ◦C with less than 0.1 % greatest error (ps,H2O

in mbar):

ps,H2O (ϑ) = 6.1121 exp

((
18.678− ϑ

234.5

)
·
(

ϑ

257.14 + ϑ

))
(36)
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2.7 Cell Voltage and Efficiency during Operation

If a PEMWE cell is operated, several overpotentials caused by the current flowing through the cell

and all its parts are added to the reversible cell voltage. Equation 37 contains a simplified sum

of the most important overpotentials ∆Ei (ohmic, activation and transport overpotentials) which

are added to the reversible voltage Erev and thus give as a result the cell voltage Ecell which can

be measured from the outside at the terminal clamps:

Ecell = Erev +∆Eohm +∆Eact +∆Etr (37)

Ohmic Overpotential

The ohmic overpotential ∆Eohm can be further broken down to the main ohmic resistances present

in the cell, the sum of membrane resistance Rm and the lumped electric resistance of all electric

conducting cell components Rel, both area specific with the unit Ω · cm2, times the current density

i in A/cm2:

∆Eohm = i · (Rm +Rel) (38)

Taking equation 9 for the membrane conductivity σm and equations 8 or 7 for the anisotropic

(tm,wet,aniso) or isotropic (tm,wet,iso) wet membrane thickness, the membrane resistance Rm can be

calculated by the following equation:

Rm =
tm,wet

σm
(39)

For all model calculations in this thesis anisotropic swelling only in through-plane direction is

assumed, which is most likely to occur for a dry mounted MEA and subsequent hydration in the

fully built cell setup as the MEA is fixed in the in-plane direction by the PTLs. The remaining

lumped electric resistance of the cell Rel is usually small compared to the membrane resistance

Rm. The largest part of Rel is typically the contact resistance Rc between PTLs and MEA [16].

It was found by Bernt and Gasteiger to be ≈ 12 mΩ cm2 for the standard 5 cm2 laboratory cell

setup used also in this thesis.

Activation Overpotential

The second important source of overpotentials is the activation overpotential ∆Eact which results

from irreversible processes at the electrode surfaces while driving the reactions involved in water

splitting at a desired rate. It is the sum of the individual activation overpotentials at the cathode

(∆EHER) and anode side (∆EOER) of the cell.

∆Eact = ∆EHER +∆EOER (40)

As the HER is a fast reaction [52] [53], the corresponding overpotential ∆EHER on typically

used Pt-C catalysts is small around ≈ 1 mV at high current densities of 3 A/cm2 (linearized

resistance RHER ≈ 0.3 mΩ cm2) [16]. It can thus be neglected in the further analysis. However,

∆EOER is comparably large and must be included in the calculation of Ecell [99]. In general, the

relation between current density and activation overpotentials can be described by the Butler-

Volmer equation which is shown here according to the definition used in [100] and [101]:

i+/− = i0 · rf ·
[
exp

(
αa · F
R · T

·∆E

)
− exp

(
−αc · F

R · T
·∆E

)]
(41)
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Here, the current density i+/− is related to the overpotential ∆E (positive for anodic reaction and

negative for cathodic reaction) via an electrode and reaction specific exchange current density i0

(A/cm2) and an electrode roughness factor rf (cm2
metal/cm

2
geometric) which are multiplied with a

sum of the exponential current to overpotential relations for the anodic reaction (left expression,

positive current) and the cathodic reaction (right expression, negative current). The surfaces used

Figure 10: Tafel-slope analysis for three different temperatures (40 ◦C, 60 ◦C and 80 ◦C). Measure-
ment data for iR-free cell voltage obtained from a MEA based on Nafion® 117 with an IrOx-TiO2

OER catalyst (Umicore Elyst Ir75 0480) at 1.23 mgIr/cm
2 and a Pt-C HER catalyst (Tanaka

TEC10V50E) at 0.31 mgPt/cm
2. All curves were recorded at atmospheric pressure and with

5 ml/min anode side water flowrate in a 5 cm2 laboratory cell (see figure 23, panel a)). The re-
sulting Tafel-slopes are almost constant at ≈ 52 mV/dec.

for the calculation of the roughness factor are defined in this work as follows: The metal surface is

the electrochemically active surface of the catalyst, e.g. the iridium surface accessible to species,

ionomer and electric charge. In contrast, the geometric surface is defined as the flat surface of

the electrode. This means that, e.g. for a theoretical roughness factor of rf = 600, for each

cm2 of electrode geometric surface, 600 cm2 of electrochemically active iridium metal (or more

precisely: metal-oxide) surface is present. The anodic and cathodic charge transfer coefficients αa

and αc describe the symmetry of the overpotential-to-current characteristic and also the number

of electrons transferred in the rate limiting step of the reaction. They can take values between

αa,c = 0.5 and αa,c = 2.5 [100]. For the large positive overpotentials that prevail during OER at

the anode, the Butler-Volmer equation can be simplified to the Tafel equation containing only one

exponential relation:

iOER = i0 · rf ·
[
exp

(
αa · F
R · T

·∆EOER

)]
(42)
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Inverting the Tafel equation allows to analytically calculate ∆EOER for a given current density

iOER. Using the decadic logarithm of the actual current density iOER normalized by the exchange

current density i0,OER times the electrode roughness rf , all the remaining constants give the

so-called Tafel-slope (equation 44) which can be extracted from a linear fit to measured iR-free

polarization curves at low current densities (< 100 mA/cm2) plotted over a logarithmic current

density scale:

∆EOER =
2.303 ·R · T

αa · F
· log

(
iOER

i0,OER · rf

)
(43)

Tafel Slope :=
2.303 ·R · T

αa · F
(44)

Measured begin of life (BOL) Tafel-slopes for OER catalysts in this work have been 45 mV/dec for

a novel IrO2/TiO2 catalyst with low iridium loading (0.25 mgIr/cm
2) and 52 mV/dec for a Bench-

mark IrO2/TiO2 catalyst (2 mgIr/cm
2). This is in good agreement to the results obtained by Bernt

et al. for similar catalysts (45 to 50 mV/dec) [16] [10]. For a temperature dependent calculation

of the OER activation overpotential, an analysis of measurement data at different temperatures

is necessary. Figure 10 contains the iR-free cell voltage of a PEMWE cell at 40 ◦C, 60 ◦C and

80 ◦C, measured in a 5 cm2 active area laboratory cell setup. The used MEA is based on Nafion®

117 with an IrOx-TiO2 OER catalyst (Umicore Elyst Ir75 0480) at a loading of 1.23 mgIr/cm
2.

The cathode side uses a Pt-C HER catalyst (Tanaka TEC10V50E) at 0.31 mgPt/cm
2. Using a

logarithmic scale for the current density, the Tafel-slopes can be extracted from the linear curve fits

in the low current density regime <100 mA/cm2. The resulting Tafel-slopes are relatively constant

at ≈ 52 mV/dec for all three temperatures. At 60 ◦C this would correspond to a value of αa ≈ 1.3,

which is within the range of 0.5 to 2.5 given in [100]. In order to calculate the activation overpo-

Figure 11: Fitted anode OER exchange current density times electrode roughness factor
(i0,OER · rf) over inverted temperature. The analysis is based on the measurement data from
figure 10. An Arrhenius approach is well suited to describe the temperature dependence.

tential ∆EOER, also the product of exchange current density and roughness factor (i0,OER ·rf) has
to be extracted from measurements. Using the data shown in figure 10, the values of (i0,OER · rf)
can be fitted to match the measured iR-free cell voltage curves. Figure 11 shows the values for

(i0,OER ·rf) over the inverted temperature 1/T . Using a logarithmic scale for the effective exchange
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current density in (A/cm2), a linear trend is visible and thus an Arrhenius approach can be used to

describe the temperature dependence. The resulting parameters for rate constant and activation

energy are shown in equation 45:

(i0,OER · rf)(T ) = 0.145 (A/cm2) · exp
(
−41.1 (kJ/mol)

RT

)
(45)

With the kinetic parameters Tafel-slope and (i0,OER · rf) obtained from measurement data as

shown in both figures 10 and 11, the activation overpotential ∆EOER can be well described in

the relevant temperature range. Nevertheless, the parameters are only valid for the OER catalyst

used and, strictly speaking, only at atmospheric pressures and for the specific setup with which

the data was recorded. For any other OER catalyst and for higher operating pressures, individual

parameters have to be determined. However, the IrOx-TiO2 OER catalyst (Umicore Elyst Ir75

0480) used represents a good standard for PEMWE anodes and thus relatively good estimates can

be made with the obtained kinetic parameters.

Transport Overpotentials

The third major source of overpotentials are transport overpotentials. These can be caused by

various mechanisms. On the one hand, proton transport in the electrodes causes sheet resistances

which are not represented in the high-frequency resistance (HFR) of the cell when the system

is analyzed with EIS. The sheet resistances become visible at lower frequencies than the HFR

(typically between 0.1 to 10 kHz) and produce the so-called 45◦-region in the Nyquist plot [102].

On the other hand, real mass transport overpotentials can be caused by depletion of the water

at the reaction zone, e.g. due to local dry running, or an enrichment of the product gases due

to restrained removal. Furthermore, mass transport overpotentials can have a strongly nonlinear

behavior and, due to the complexity of the multiphase gas-water flow, have so far been sparsely

investigated in the field of PEMWE [103]. Following the analysis by Bernt and Gasteiger [16] for

electrodes with optimized ionomer content, the proton transport resistance in anode and cathode

accounts to ≈ 20 mV and mass transport losses to ≈ 30 mV at 3 A/cm2 and atmospheric pressure.

Assuming linear behavior, both proton and mass transport losses would sum up to a lumped

transport resistance of Rtr ≈ 17 mΩ cm2. For the further analysis in this thesis, this lumped

resistance Rtr is used to account for modeling transport overpotentials ∆Etr according to the

following equation:

∆Etr = i ·Rtr (46)

Cell Efficiency

In general, calculating the energetic efficiency η of a technical process is done by normalizing the

useful net energy output by the net energy input:

η =
useful energy output

energy input
(47)

In this context, it is important to emphasize that different efficiencies can result for the same

process depending on how the system boundary is placed. The first approach to evaluate the

efficiency of a PEMWE cell is to compare the energy content of the produced hydrogen with the

electrical energy input to the cell. Depending on which reference value is used for the energy

content of hydrogen, slightly different values result. If the hydrogen is subsequently utilized as a
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material, the higher heating value (HHV = ∆H0 = 286 kJ/mol) is often used as the reference value.

In comparison, the lower heating value (LHV = 242 kJ/mol) differs by the standard enthalpy of

vaporization of water (∆Hvap,H2O = 44 kJ/mol). However, the LHV is also almost equal to the

minimum electrical energy requirement for water splitting ∆G0 = 237 kJ/mol and is thus often

used as a reference value if the hydrogen is for example subsequently used to generate electricity in

a fuel cell. As it was shown already in equations 31 and 32, specific enthalpies or energy quantities

∆H can be translated into an electrical potential difference E using the Faraday constant F and

the number of electrons transferred z, with z = 2 for water electrolysis:

E =
∆H

zF
(48)

Thus, with equation 48 also electrical potential differences can be used directly to evaluate the

electric or voltage efficiency of the cell, e.g. in reference to the HHV of hydrogen ηelHHV
:

ηelHHV
=

∆H0

∆Hel,in
=

∆H0

zF
∆Hel,in

zF

=
E0

HHV

Ecell
=

1.48 V

Ecell
(49)

For ηelLHV and ηel∆G0 , the respective reference potentials are lower at 1.25 V and 1.23 V:

ηelLHV
=

1.25 V

Ecell
(50)

ηel∆G0 =
1.23 V

Ecell
(51)

However, the voltage efficiency ηel of the cell does not account for permeation losses of the product

gases. Therefore, to calculate the real cell (or stack) efficiency ηcell, the voltage efficiency needs to

be multiplied with the faradaic efficiency ηf which relates the usable hydrogen molar flow ṅH2,out

to the molar flow of total produced hydrogen ṅH2,produced

ηf =
ṅH2,out

ṅH2,produced
= 1− ṅH2,perm + 2 · ṅO2,tr

ṅH2,produced
= 1− iH2,perm + iO2,tr

icell
(52)

ηcell = ηel · ηf (53)

The faradaic efficiency varies with current density with low values in the part load regime and

approaches high values close to 1 at high current densities. This topic is discussed more into detail

in sections 2.8 and 5.3.

System Efficiency

Finally, the overall efficiency of a PEMWE system ηPEMWE is influenced by several additional

energy consumptions and losses of the systems auxiliary components like pumps, power electronics,

safety and control equipment, heaters, coolers etc. Nevertheless, to simplify the calculation of the

overall system efficiency, a lumped balance of plant efficiency ηBOP can be generated. However,

it has to be stated that in contrast to ηcell, the BOP efficiency ηBOP depends not on the current

density i, but on the relative normalized system power Psys which in turn strongly depends on the

definition of the systems maximum current/power density. Thus, to use the following equation 54,

the relation of current density i to the correspondent relative system power needs to be known.

ηPEMWE = ηel(i) · ηf(i) · ηBOP(Psys) (54)
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Typically, ηBOP is ≈ 90 % for most of the operating range [11]. However, especially in the lower

partial load regime, ηBOP can be lowered significantly due to the relatively high constant power

consumption of BOP components compared to the actual electrolysis stack power and furthermore

due to the poor transfer characteristics of the power electronics below ≈ 20 % net load [104].

A straightforward way to model the BOP efficiency curve is to assume a constant BOP power

consumption of 2.5 % of the PEMWE system peak power, which is a typical value for larger

systems between 1 and 100 MW [105]. In this case, the maximum BOP efficiency is reached at

the systems maximum power. Additionally, the transfer efficiency of the power electronics for

intermediate and high normalized power greater 20 % is also assumed to be constant and reaching

high maximum values ηpel,max > 95 % [106]. Combining both assumptions results in equation 55

for ηBOP :

ηBOP(Psys) =
Psys − PBOP

Psys
· ηpel,max (55)

Figure 12 shows the calculated curve (straight blue line) of ηBOP (equation 55) for a constant

BOP power consumption of 2.5 % of the peak power and a maximum power electronics efficiency

ηpel,max = 97.5 %. Furthermore, figure 12 contains the BOP efficiency curve extracted from real life

data of the Energiepark Mainz 6.5 MW peak power PEMWE system from Siemens (dashed blue

line). Here, ηBOP is derived from the total system efficiency (HHV) given in [14] and the Siemens

Silyzer PEMWE system polarization curve given in [11] which allows for a calculation of ηel. The

missing faradaic efficiency ηf to obtain ηBOP is modelled for operating parameters of 35 bar cathode

pressure and 60 ◦C cell temperature assuming a Nafion® 117 based MEA. The resulting synthetic

polarization curve closely resembles the given Siemens Silyzer polarization curve from [11]. The

dot-dashed line in green in figure 12 shows a 10 % optimized ηBOP curve of the Energiepark Mainz

system. As the modelled ηBOP curve is in the corridor of the current and optimized Energiepark

Mainz ηBOP curves, it should be a reasonable approximation of real BOP efficiencies over the

power range of larger PEMWE systems with peak powers greater 1 MW. Figure 12 shows also

Figure 12: BOP efficiency curves over the peak power normalized system power Psys of the En-
ergiepark Mainz Siemens Silyzer system extracted from literature data [14] [11], blue dashed line
and 10 % optimized BOP efficiency green dot-dashed line. The straight blue line shows the syn-
thetic BOP efficiency for an assumed constant BOP power consumption of 2.5 % of the system
peak power and a maximum power electronics efficiency of 97.5 %.
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that ηBOP(Psys) is zero for peak power normalized powers smaller than the constant BOP power.

As the electrolyzer stack has its zero power and current density at Psys = PBOP, a slightly different

BOP efficiency calculation is convenient for a current density based calculation and visualization

of ηPEMWE .

ηBOP(i) =
Pstack

Pstack + PBOP
· ηpel,max (56)

Here, the electrolyzer stack power Pstack is used, which is defined by the following equation 57:

Pstack = Psys − PBOP (57)

2.8 Operation Characteristics

In this chapter the influences of the operating parameters temperature, pressure and current density

as well as a variation of the membrane thickness on the overall PEMWE cell and system efficiency

is discussed. All calculations shown in the following are based on the theory, equations and data

presented in the preceding chapters.

Influence of Temperature and Pressure on Cell Voltage

Figure 13 contains PEMWE cell polarization curves for three different temperatures (40 ◦C, dot

symbols, 60 ◦C, triangle symbols and 80 ◦C, square symbols) at 10 bar cathode pressure and at-

mospheric anode pressure. In addition for 60 ◦C, the polarization curves for 1 bar (dashed line)

and 100 bar (dot-dashed line) cathode pressure are shown as well. For all curves, a Nafion® 117

membrane at a water content of λ = 21 and anisotropic swelling in through-plane direction only is

assumed. This swelling only in through-plane direction is most likely to happen at dry mounting

of the membrane in the cell and subsequent hydration inside the fully built cell setup where the

membrane is fixed in the in-plane direction by the PTLs. It is clearly visible, that higher tem-

peratures significantly lower the cell voltage due to a lowered membrane resistance and a lowered

activation overpotential. At a cell voltage of 1.8 V, the current density can be more than doubled

from 0.6 A/cm2 at 40 ◦C to 1.3 A/cm2 at 80 ◦C. However, using thinner membranes, the reduction

in cell voltage at increased cell temperature is less intense, as the share of the membrane resis-

tance in total cell resistance is lowered as well. Furthermore, an increase in operating temperature

can be detrimental for the stability of various cell components such as membranes, electrodes and

PTLs. For a future large scale application where high service life ideally up to 90,000 h [12] is

desired, a limitation to intermediate temperatures around 60 ◦C seems a good trade of between

high efficiency and sufficient stability [107] [108] [109].

In contrast, an increase in cathode pressure causes an increase in cell voltage of approximately

33 mV per decade at 60 ◦C, which is constant over the current density range. Though the com-

pression of hydrogen in the PEMWE cell itself is efficient compared to the use of external compres-

sors [110], at high cathode pressures also the Faraday efficiency decreases due to permeation losses

of the product gases. Thus, determining an optimum operating pressure for a PEMWE system

is a difficult multiparametrical task and depends strongly on the pressure target value which is

demanded by the application for which the hydrogen is produced. Looking at future large scale

applications, where the produced hydrogen is to be subsequently transported over long distances,

cryo-hydrogen seems to be a reasonable form of storage. In this case, the hydrogen production

pressure of the PEMWE system can be limited to low values between ≈ 10 bar to 20 bar [111]. As

shown by Tjarks et al. [112], this rather low pressure level is well suited for high current density
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Figure 13: Calculated polarization curves for a MEA based on Nafion® 117 with a water content
of λ = 21 (anisotropic swelling only in through-plane direction) at three temperatures (40 ◦C,
60 ◦C and 80 ◦C) and 10 bar cathode pressure and 1 bar anode pressure. For 60 ◦C, also curves
for 1 bar and 100 bar cathode pressure are included.

operation with thin membranes. Thus, for the further analysis of the cell and system efficiency, a

cathode pressure of 10 bar and atmospheric anode pressure are chosen.

Influence of Membrane Thickness on Cell Voltage

As mentioned before, a significant share of losses in PEMWE cells arise due to the membrane

resistance. Thus, using thinner membranes can effectively reduce the cell voltage with the greatest

effect at high current densities. In order to visualize the possible loss reduction and lowering of

the cell voltage, figure 14 contains calculated polarization curves for PEMWE cells using Nafion®

membranes of different thicknesses at 10 bar cathode pressure, atmospheric anode pressure and

60 ◦C. Comparing the current density at a cell voltage threshold for 70 % (LHV) voltage efficiency

at 1.79 V shows a possible increase from 0.9 A/cm2 for Nafion® 117 (178 µm dry thickness)

to 2.1 A/cm2 for Nafion® 212 (51 µm dry thickness) and 2.8 A/cm2 (28 µm dry thickness) for

Nafion® XL. If a theoretical 15 µm membrane would be possible to manufacture and integrate

into a PEMWE cell/stack, even a 3.7-fold increase in current density up to 3.4 A/cm2 would be

gainable. Using a 60 % (LHV) voltage efficiency threshold at 2.08 V instead of 70 % (LHV), the

attainable current densities are ≈ 2.5 to 3 times higher, reaching 5.5 A/cm2 for Nafion® 212 and

7.5 A/cm2 for Nafion® XL.

Influence of Membrane Thickness on Power-Specific Iridium Loading

As illustrated above, thin membranes allow for a significant increase in current and power density

of a PEMWE system and thus also directly facilitate the realisation of lower power specific anode

side iridium catalyst loadings. To discuss this effect in more detail, figure 15 shows the relationship

between the membrane thickness and the achievable power-specific iridium loading at 70 % (LHV)
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Figure 14: Calculated polarization curves for PEMWE cells with different membrane thicknesses
from current industry standard of 178 µm (Nafion® 117) down to a theoretical value of 15 µm.
The assumed membrane material is Nafion® at a water content of λ = 21 (anisotropic swelling
only in through-plane direction). The cell temperature is 60 ◦C, anode pressure is at 1 bar and
cathode pressure at 10 bar.

voltage efficiency and an anode catalyst loading of 1 mgIr/cm
2 at temperatures of 40 ◦C, 60 ◦C

and 80 ◦C. The main takeaways are:

• Reducing the membrane thickness drastically from about 178 µm to 15 µm would reduce the

power-specific iridium loading by about half an order of magnitude.

• The same power-specific iridium loading can be reached for Nafion® 212 at 80 ◦C as for

Nafion® XL at 60 ◦C. Thus, at lower membrane thicknesses, high operating temperatures

are less crucial for reaching high efficiency and low power-specific iridium loading.

• Also at very low membrane thicknesses, still a 10 to 20-fold reduction of the anode side

catalyst loading is necessary to reach power-specific iridium loadings in the target region

around ≈ 0.01 gIr/kW70 % (LHV) for a future large scale application of PEMWE.

Influence of Membrane Thickness on Faraday Efficiency

In contrast to the significantly improved voltage efficiency, the faradaic efficiency is lowered when

using thinner membranes. As discussed before, Nafion® membranes are gas tight in terms of

convectional transport, but gases can nevertheless permeate through the membrane material. Ac-

cording to equation 11 and 18, the molar flux of hydrogen and oxygen due to permeation is indirect

proportional to the membrane thickness. Thus, thinner membranes increase the permeation losses

and decrease the faradaic efficiency of the cell. Furthermore, a second effect comes to play with

product gas transport across the membrane which was already briefly explained before: The oxygen

which is permeating or transported via water from anode to cathode is only lowering the faradaic

efficiency of the cell as it is reacting back to water at the cathode catalyst layer (besides small

oxygen fractions up to 700 ppm that can still be present in the cathode gas stream due to edge

26



2 THEORY OF PROTON EXCHANGE MEMBRANE WATER ELECTROLYSIS

Figure 15: Calculated values for power-specific iridium loading in dependence of operating tem-
perature and membrane thickness for a PEMWE cell with 1 mgIr/cm

2 anode catalyst loading.

effects [113]). In contrast, the permeated hydrogen is causing a security problem at the anode side.

It is not reacting back to water at the anode catalyst layer and persists in the anode gas stream.

The lower explosive limit for hydrogen in oxygen is at ≈ 4 % and with a 50 % safety margin,

a hydrogen concentration at the anode side of 2 % should never be exceeded during operation.

To visualize these two effects, Figure 16 shows the influence of a lowered membrane thickness on

faradaic efficiency as well as on the critical minimum current density below which the hydrogen

concentration at the anode side is exceeding 2 %. At the depicted operating conditions, for all

Figure 16: Calculated faradaic efficiency curves for different membrane thicknesses at 60 ◦C and
10 bar cathode and 1 bar anode side pressure. Minimum current densities for less than 2 %
hydrogen in oxygen are marked by dotted lines.

membrane thicknesses a faradaic efficiency greater 99 % is reached for current densities above ≈
2 A/cm2. Thus, the effect of the reduced faradaic efficiency on the cell efficiency is limited, as
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with thinner membranes also higher current densities are possible as discussed before and shown

in figure 14. Nevertheless, the minimum current densities for less than 2 % hydrogen in oxygen

are increasing by an order of magnitude for a reduction of dry membrane thickness from 178 µm

(0.2 A/cm2) to 15 µm (2.4 A/cm2). This is especially restraining an operation of cells with thin

membranes at low current densities: A very high cell efficiency could be reached, but operation

without a recombination catalyst will produce flammable gas mixtures at the anode side. There-

fore, without a recombination catalyst, a tuning of maximum current and power density of the

system is necessary to allow operation at both high efficiency and safety. In the case of an emer-

gency stop of the electrolyser (= instant reduction of current density to i = 0 A/cm2), usually the

high pressure tubings and vessels downstream of the electrolyser stack should be rapidly discon-

nected via solenoid valves and the cathode compartment of the cell or stack should be vented to

reduce the hydrogen pressure quickly. Additionally, also a purging of the anode side compartment

with compressed air can be helpful to prevent a possible hydrogen accumulation due to permeation

processes of the still present hydrogen inventary in the MEA.

Cell Efficiency at Variable Membrane Thickness

Since, as already described, the faraday efficiency and the voltage efficiency develop in opposite

ways when the membrane thickness is reduced, a separate presentation of the cell efficiency in

dependence of the membrane thickness is useful. Two graphs show the development of the calcu-

lated cell efficiency over the current density for different membrane thicknesses at 60 ◦C (figure

17) and 80 ◦C (figure 18) at 10 bar cathode and 1 bar anode pressures. As both figures show

a qualitatively similar general behaviour with only quantitative differences, they are discusses at

once in the following. Two general trends for the cell efficiency are visible when lowering the

Figure 17: Calculated cell efficiency for PEMWE MEAs at 60 ◦C based on Nafion® membranes of
different dry thicknesses at a water content of λ = 21 (anisotropic swelling only in through-plane
direction).

membrane thickness: In the low current density regime up to ≈ 1.5 A/cm2, the highest obtainable

cell efficiency can be reached with thicker membranes as the faradaic efficiency is higher and the

voltage efficiency is still high, also for thick membranes. In contrast, at current densities higher

than ≈ 1.5 A/cm2, the trend is inverted and cells with thinner membranes reach significantly

higher efficiencies than cells with thicker membranes. At 60 ◦C and 60 % (LHV) as the lower cell
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Figure 18: Calculated cell efficiency for PEMWE MEAs at 80 ◦C based on Nafion® membranes of
different dry thicknesses at a water content of λ = 21 (anisotropic swelling only in through-plane
direction).

efficiency threshold, it seems possible to reach current densities as high as 7.5 A/cm2 with Nafion®

XL membranes. Even higher current densities around 9 A/cm2 could be possible at 80 ◦C. Looking

at a higher cell efficiency threshold of 70 % (LHV), the curves for different membrane thicknesses

are closer together and the maximum current densities are significantly reduced. However, a cell

equipped with a Nafion® XL membrane would still reach 2.5 A/cm2 at 60 ◦C and 3.5 A/cm2

at 80 ◦C - in both cases a ≈ 3-fold higher maximum current density is reached than for cells

with Nafion® 117. Based on both figures, the definition of the maximum operating point and its

influence on the final system efficiency will be discussed in the following.

System Efficiency at Variable Membrane Thickness

Compared to the cell efficiency described above, which can be given as a straightforward function

of current density, the system efficiency depends on the more or less arbitrary definition of a

maximum operating point of the PEMWE cell or stack. Thus, in this last section on the operation

characteristics, the effect of two different maximum working points at 60 % and 70 % (LHV)

cell efficiency is visualized and explained. Again, the results are shown for 60 ◦C and 80 ◦C cell

temperature with all other operating parameters staying the same. Additionally, the calculated

minimum current densities for a hydrogen in oxygen content less than 2 % are marked for each

curve.

Looking at the first two figures 19 and 20 for a maximum current density set at 60 % (LHV) cell

efficiency reveals several key findings:

• The maximum system efficiencies are only slightly different for 60 ◦C and 80 ◦C (≈ 1 %

higher at higher temperatures) and are furthermore only weakly lowered when using thinner

membranes (≈ 1 % difference between Nafion® 117 with 178 µm dry thickness and a fictive

Nafion® with 15 µm dry thickness).

• Mean system efficiencies over the operating range are close to 60 % (LHV) for all membrane

thicknesses.
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Figure 19: Calculated system efficiency for PEMWE MEAs at 60 ◦C based on Nafion® membranes
of different dry thicknesses at a water content of λ = 21 (anisotropic swelling only in through-plane
direction). The maximum current density is set at the downward crossing of the cell efficiency curve
with a 60 % (LHV) threshold. Additionally, calculated minimum current densities for a hydrogen
in oxygen content in the anode product gas of less than 2 % are marked for each curve.

Figure 20: Calculated system efficiency for PEMWE MEAs at 80 ◦C based on Nafion® membranes
of different dry thicknesses at a water content of λ = 21 (anisotropic swelling only in through-plane
direction). The maximum current density is set at the downward crossing of the cell efficiency curve
with a 60 % (LHV) threshold. Additionally, calculated minimum current densities for a hydrogen
in oxygen content in the anode product gas of less than 2 % are marked for each curve.

• Operation at 80 ◦C allows for higher maximum current densities, with a stronger effect for

thin membranes (e.g. up to 11 A/cm2 for the fictive Nafion® with 15 µm dry thickness and

still up to 9 A/cm2 for Nafion® XL).

• The minimum current densities for less than 2 % hydrogen in oxygen content in the anode side

product gas are shifted towards higher current densities at higher operating temperatures.

• The current density turndown ratio without recombination catalyst (= the maximum current

density divided by the minimum current density for operation at less than 2 % hydrogen in

oxygen) is lowering with thinner membranes and higher temperatures. A maximum value of
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12 is reached for Nafion® 117 at 60 ◦C. A minimum of 3.2 results for a fictive Nafion® with

15 µm dry thickness at 80 ◦C.

Changing the definition of the peak power set point to 70 % (LHV) cell efficiency leads to the

results shown in figures 21 and 22. Again, several key findings can be gathered:

Figure 21: Calculated system efficiency for PEMWE MEAs at 60 ◦C based on Nafion® membranes
of different dry thicknesses at a water content of λ = 21 (anisotropic swelling only in through-plane
direction). The maximum current density is set at the downward crossing of the cell efficiency curve
with a 70 % (LHV) threshold. Additionally, calculated minimum current densities for a hydrogen
in oxygen content in the anode product gas of less than 2 % are marked for each curve.

Figure 22: Calculated system efficiency for PEMWE MEAs at 80 ◦C based on Nafion® membranes
of different dry thicknesses at a water content of λ = 21 (anisotropic swelling only in through-plane
direction). The maximum current density is set at the downward crossing of the cell efficiency curve
with a 70 % (LHV) threshold. Additionally, calculated minimum current densities for a hydrogen
in oxygen content in the anode product gas of less than 2 % are marked for each curve.

• The achievable maximum system efficiencies are about 5 % higher than the ones for a 60 %

(LHV) cell efficiency peak power definition. However, none of cells with different membrane

thicknesses has a maximum system efficiency higher than 70 % (LHV).
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• The course of the system efficiency curves is very similar to the ones obtained with 60 %

(LHV) cell efficiency peak power definition in terms of maximum and mean system efficiency

differences at varying membrane thicknesses.

• As the minimum current densities for less than 2 % hydrogen in oxygen in the anode side

product gas are invariant with the peak power current density definition, the current density

turndown ratios for a safe operation without a recombination catalyst are significantly lowered

approaching a minimum value of 1.1 for a fictive Nafion® with 15 µm dry thickness at 80 ◦C,

which is equivalent to a single constant working point.
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3 Main Research Questions

With the theoretical background from the previous chapters and the analysis conducted in the

last section towards PEMWE operation characteristics, several research questions towards cell

improvement strategies can be derived, that arise when PEMWE is to be used on a large scale at

an installation rate of ≈ 100 to 200 GW/year.

As shown in figure 15, in order to reach the target values of 0.01 gIr/kW70 % (LHV) for the power

specific iridium loading of PEMWE anodes, two measures have to be taken at once: The first

one is the use of thin membranes (≈ 50 µm) to increase the power density and the second one is

the application of improved or newly developed OER catalysts with 10 to 20-fold lower iridium

loading around 0.1 mgIr/cm
2. Furthermore, thin membranes allow for an effective lowering of the

CAPEX for PEMWE systems due to a significantly higher maximum operating current density

while keeping high efficiency. As an example, the use of a Nafion® XL membrane with 28 µm

dry thickness instead of a Nafion® 117 membrane with 178 µm dry thickness could theoretically

allow for a ≈ 3-fold increase in current density, as shown in figure 17. Thus, at ≈ 50 % share

for the stack in total system CAPEX [50], the use of thin membranes has the potential to lower

the overall CAPEX by ≈ 40 %, or with ≈ 1000 to 2000 EUR/kW CAPEX cost [11], a direct cost

reduction of 400 to 800 EUR/kW might be possible. However, all the effort in reducing the power

specific iridium loading and CAPEX is to no purpose, if the system shows significant degradation

and shortened lifetime. Furthermore, not only low cost but also the ecological impact of PEMWE

systems is of high relevance.

Therefore, the main questions regarding the use of thin membranes and low-loaded OER catalysts

in future large scale PEMWE systems which shall be addressed by this thesis are listed below:

• Does the operation of PEMWE systems for hydrogen production in future energy systems

have a positive effect in terms of lowering of the overall greenhouse gas emissions compared

to fossil hydrogen production? What is the impact of higher current densities on the results?

• Is the fabrication, integration and operation of thin MEAs (e.g. Nafion® XL) in PEMWE

cells possible? Are the achievable current densities and voltage efficiencies in line with the

calculated results? Is the high power density and heat generation associated with high current

density operation posing a problem?

• Is the hydrogen permeation from cathode to anode side influenced by high current density

operation?

• How stable are iridium OER catalysts and what are the main influences in their stability?

• How is the performance of PEMWE cells with low iridium loaded anodes using tailored

catalyst designs and what are the long-term catalyst degradation rates?
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4 Methods & Experimental Techniques

4.1 Electrode and MEA Preparation

For the experiments both industrial MEAs (Greenerity GmbH, Germany) and self-made MEAs

where used. In the following, the electrode and MEA preparation techniques applied for producing

self-made MEAs are explained.

Electrode Preparation

Starting from the catalyst powders, the first step towards functional PEMWE electrodes is the

preparation of catalyst inks. For the cathodes a HER catalyst based on platinum nanoparticles

supported on highly disperse carbon (46.7 wt% Pt/C TEC10V50E by Tanaka, Japan on Vulcan

XC72 carbon) was used. In contrast, for the anode side OER depending on the actual conducted

experiments two different catalysts were used: An IrO2 based catalyst (Elyst Ir75 0480 by Umicore,

Germany with 75 wt% Iridium content) on a TiO2 support and an Ir-black catalyst (Alfa Aesar

IrOx 2H2O Premion). All catalyst inks were prepared by mixing catalyst powder, analytic grade

isopropanol or acetone and ultrapure water with Nafion® ionomer solution (20 wt% of ionomer

content, type D2021 by IonPower, USA) on a roller mill with 5 mm zirconia grinding balls (≈
1 g/ml ratio of weight of zirconia balls to mixing recipient volume) for 24 h at 180 rpm. Plastic

recipients were used for mixing and were sealed with Parafilm® to prevent random opening of the

bottles during mixing. Special care has to be taken when initially pouring the solvent in non-oxidic

PGM powders (e.g. Ir-black, Pt-C catalysts) to prevent ignition. Thus, for safety reasons the ink

components are blended in a glovebox under nitrogen atmosphere.

With the finished inks, various processes can be used to manufacture electrodes for PEMWE

cells [114]. For the electrodes in the present work, Mayer-rod coating was used exclusively. Here,

the catalyst ink is coated on a substrate (typically high temperature resistant plastic film) by the

use of Mayer-rods (K Bar, RK PrintCoat Instruments Ltd) of different sizes to obtain different

coating thicknesses. The coating machine used to drive the Mayer-rods in a controlled speed (≈ 3

cm/s) over the plastic decal film (typically 50 µm thick PTFE foil from Angst+Pfister, Germany)

was a K Control Coater by RK PrintCoat Instruments Ltd. To achieve a good coating quality, a

thoroughly cleaned glass pane support with a bubble-free, clean plastic film on top, adhered by

isopropanol, is essential. The plastic film is ideally of a conical shape with the wider section at

the beginning of the coating to prevent wrinkling at the edges when the coating rod moves over

the film. After the coating process, the decal films need to be dried to remove all solvent from the

electrode layer. This is done at room temperature first until the coating looks superficially dry,

followed by about 0.5 h to 1 h in a ventilated oven at 60 ◦C. Subsequently, the coated decal films

can be die cut to obtain the desired active area format.

MEA Preparation

In the next step, a hot-press is used to produce MEAs from the previously coated electrodes on

plastic decal films and membranes. The hot-pressing technique is characterized by an increase of

the temperature of the press plates above the glass-transition-point of the membrane ionomer and

ionomer phases of the electrodes. Thus, when applying an elevated pressure by the press on the

sandwich of membrane and electrodes, membrane ionomer and ionomer phases of the electrodes fuse

together at their interfaces. In this way, a durable composite, the membrane-electrode-assembly

(MEA), is formed. The assembly process starts with sandwiching membrane and the electrode
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decals blister-free between cleaned and dust-free Kapton® foils. The cathode and anode decals

are weighed before the hot pressing and need to be aligned accurately in the middle of the membrane

with the film sides pointing to the Kapton® foils. Expanded PTFE sheets on both sides of the

sandwich (Gylon®, Type 3545, 2 mm thick, Garlock®, ENPRO Industries Inc.) on top of the

Kapton® foils are used to balance the pressure on the surface during hot-pressing. The sandwich

is pressed for 3 min at 155 ◦C and 2.5 MPa (Collin P200 hot-press). Finally, the plastic decal films

are removed carefully and weighed to calculate the catalyst loadings based on the ink recipes and

the weight differences of the decal films before and after hot-pressing. The MEAs are now ready

for use in the different cell hardwares.

4.2 Electrochemical Cells & Stacks

In this work, several questions concerning PEMWE cells are addressed with respect to their appli-

cability for large-scale hydrogen production in the GW scale. This also requires different specialized

cells and stacks, which were either developed in-house, reused from earlier developments at ZAE

Bayern, or provided by industry partners. The three different systems used in this thesis are

depicted in figure 23 and are described in the following.

Single Cell, 5 cm2 Active Area

The basic laboratory cell setup (see figure 23, panel a)) used in this work was originally developed

by Bernt and Gasteiger [16] at ZAE Bayern and Chair of Electrochemistry, Technical University

of Munich (TEC-TUM). The cell setup is suitable for pressurized operation up to 30 bar on both

anode and cathode side and for high temperatures exceeding 80 ◦C. Furthermore, the cell design

is optimized for low loss operation by using gold-plated flow fields and a high quality anode side

PTL sinter material (from Mott Corporation, USA) with a porosity of ≈ 50 % and a thickness

of 280 ± 10 µm. In combination with the well balanced pressure distribution over the flow field

active area, the cell reaches a typical overall electronic resistance (= total electronic resistance of

the cell setup and electronic contact to MEA) of ≈ 12 mΩcm2 [16]. With these specifications, this

high-performance cell setup is well suited for testing PEMWE limitations at high current density

operation.

The cell assembly is done following the description in [16] using hard-stop PTFE flat gaskets

(nominal thickness 250 µm) for sealing and thin PTFE subgaskets (nominal thickness 10 µm) at

anode and cathode side of the cell for short-circuit protection at the edges of the PTLs. The gasket

thickness was chosen in order to reach a good compression of the cathode side carbon paper PTL

(TGP-H-120T from Toray, no MPL, 20 wt% PTFE, 370 µm uncompressed thickness) and thus also

a good overall cell compression of ≈ 1.7 MPa on the active cell area [16]. Expanded PTFE sheets

(Gylon®, Type 3545, 2 mm thick, Garlock®, ENPRO Industries Inc.) are used on both sides of

the cell between the current collectors and the end plates for a balanced pressure distribution in

the cell. A maximum torque of 10 Nm was set on each of the 12 bolts of the cell, with several

intermediate steps until reaching full stress.

Galvanic Redeposition Free Single Cell, 5 cm2 Active Area

In addition to the existing laboratory cell design, another specialized 5 cm2 cell (see figure 23,

panel b)) was developed. The basic design is based on the previously described 5 cm2 cell hardware

(ZAE/TEC-TUM), but deviates in a crucial point: For the determination of a possible catalyst
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Figure 23: Photographs of the three different cell designs used in this thesis: a) 5 cm2 single cell; b)
5 cm2 galvanic redeposition free single cell; c) 30 cm2 industrial short stack with 10 cells, H-TEC
Systems GmbH ELS-30

dissolution under real operating conditions, all the parts in contact with the media (deionized

water, hydrogen and oxygen) must either be made of inert material (glass or plastic) or, in the

case of metals, a stable PGM coating (e.g. platinum or gold) must be applied on all surfaces.

This is necessary because the dissolved precious metal ions from the catalyst (iridium, platinum)

could redeposit on non-noble metal surfaces in the cell setup such as titanium or stainless steel and

would thus no longer be detectable in the process water [115]. Therefore, a two-piece monopolar

plate design is used with a flow field plate made from 3 mm titanium grade 2 sheet metal with

laser-cut serpentine flow field (equal 1 mm land and 1 mm channel spacing) which is fitted into
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a plastic body made from POM or PTFE for the mechanical support and media supply. The

titanium flow field is gold plated (0.5 µm PVD and 5 µm galvanic coating on top). At the face

sides of the plastic body, PP fittings are used for connection to the test rig tubing. At the cathode

side, a carbon paper PTL is used (TGP-H-120T from Toray, no MPL, 20 wt% PTFE, 370 µm

uncompressed thickness), whereas at the anode side an expanded titanium metal sheet (250 µm

thickness, Sylatech, Germany) with 5 µm platinum coating is employed as PTL. Hard-stop PTFE

flat gaskets (nominal thickness 250 µm) are used for sealing and thin PTFE subgaskets (nominal

thickness 10 µm) at anode and cathode side protect the cell setup from short-circuiting due to

sharp edges or fibres of the PTLs. Finally, 10 mm stainless steel endplates are used together with

4 M8 bolts for cell compression. A maximum torque of 5 Nm is applied on all bolts in several steps

until reaching full stress. The cell is designed for temperatures up to 80 ◦C at ambient pressure.

Industrial Short Stack (H-TEC Systems GmbH), 30 cm2 Active Area

For the long term experiments conducted within the framework of the Kopernikus P2X project

phase II, several industrial stacks where provided by the project partner H-TEC Systems GmbH.

The ELS-30 type stacks (see figure 23, panel c)) had an active cell area of 30 cm2 and a maximum

of 10 cells. Thus, a power rating of ≈ 1 kW was achieved at the nominal operating parameters.

Nevertheless, H-TEC’s stack configuration is transferable to larger active cell areas and already

optimized for large-scale deployment. A very similar design is used also in H-TEC’s MW class

stacks ELS-450 with 450 cm2 active cell area. Thus, despite the relatively small cell areas, the test

results can be used for the optimization of future PEMWE systems in the MW power class. The

H-TEC stacks ELS-30 are designed for a maximum operating pressure of 30 bar at the cathode

side and a maximum operating temperature of ≈ 60 ◦C. However, the process water flow needs to

be adjusted to maintain a maximum temperature increase of 5 K between water inlet and outlet

at the anode side. All different cell potentials in the stack are accessible from the outside by fine

titanium pins welded to the mono- and bipolar plates. Thus, all individual cell voltages can be

monitored and cell impedances can be analyzed by EIS during prolonged testing of the stack. The

industrial stacks were always equipped with industrial MEAs and were not opened or modified due

to non-disclosure agreements. Thus, no further information can be given about internal parts or

design features of the stacks.

4.3 Test Environment

In order to run and examine PEMWE cells and stacks, a controlled test environment is necessary.

In the course of this work, two different test systems were planned, purchased and commissioned at

the electrochemistry lab at ZAE Bayern in Garching. The first system is a single cell PEMWE test

station from Greenlight Innovation, Canada and the second a single cell / short-stack test station

for up to 10 cells from Fuelcon, Germany. Both systems are briefly presented in the following.

Greenlight Single Cell Test Station

The single cell test rig from Greenlight Innovation (type nr. G-16-1640) is suitable for fully

automated test procedures controlled by scripts. It allows independent pressure adjustment of

anode and cathode up to 30 bar by pre-pressure control and temperature control of the cell up

to 80 ◦C by heating cartridges, fans and a feed water preheater. A maximum of 10 ml/min of

water can be supplied to either anode (standard) or cathode with an HPLC pump, also during
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pressurized operation. The process water is used only once (no water cycling) and is drained

off after passing the cell. Anode and cathode gas streams can be diluted using nitrogen, oxygen

(anode) or hydrogen (cathode). The test stand uses a Gamry Reference 3000 potentiostat with 30 A

booster. This allows common potentiostatic or galvanostatic measurement methods as well as EIS

to be performed on single cells. Furthermore, the test rig is equipped with a mass spectrometer

gas analyzer (Cirrus 3XD, MKS, UK), which allows precise on-line measurements of hydrogen

permeation to the oxygen side.

For measuring catalyst dissolution, a dedicated process water cycle was developed and integrated

into the test rig. Here, only glass or plastic components with contact to the media are used in

order to prevent galvanic redeposition of PGM catalyst species on non-noble metal surfaces. A

membrane pump (KNF, Switzerland) transports the anode side process water via PTFE/PE tubes

from the setup recipient (1 to 1.5 l borosilicate glass bottles, Schott, Germany) to a mixed-bed resin

(Leycopure, Leyco, Germany) deionizer cartridge integrated in a borosilicate glass bottle (VWR,

Germany) to clean the process water from ionic impurities. The polishing filter can be bypassed

during testing in order to prevent removing also possible PGM catalyst species from the water.

After leaving the deionizer, the water enters the cell setup where a small fraction is electrolysed

or transported to the cathode side via electroosmotic drag. The surplus water exits the cell mixed

with the produced oxygen. On the way back to the setup tank, a valve allows water samples to be

tapped. The cell heating during catalyst dissolution tests with the specialized cell setup is done

by the process water stream alone. Therefore, the setup tank glass bottle is placed on a heater

plate which is set to a certain power to reach the desired cell temperature in steady-state. A small

volume of ≈ 10 ml effluent water from the cathode compartment is intermediately stored in a

plastic bottle with an overflow tube in order to be able to take also cathode water samples.

Fuelcon Stack Test Station

For testing single cells at high current densities, larger single cells and cell stacks up to 10 cells,

another fully automated test station (Evaluator-S 70620) was purchased from Fuelcon AG (now

Horiba-Fuelcon GmbH, Germany). Similar to the single cell test rig also with this system the

PEMWE test items can be examined at pressures up to 30 bar and temperatures up to around

80 ◦C. In contrast to the single cell test rig, the power supply is significantly larger with a maximum

current of 600 A and a maximum voltage of 30 V. Also the process water treatment differs, as

considerably higher water flows of up to 2 l/min for each side need to be handled by the system.

Thus, the water is not drained off after passing the cell but is instead cycled in the test rig.

This requires the use of high capacity ion exchange cartridges (5 l volume, Leyco, Germany) to

constantly clean up the process water from ionic impurities released by the cell setup or parts of

the test rig. The cell/stack heating is done typically by the process water flow alone, though a

connection of heater cartridges and fans is possible as well. Similar like the potentiostat paired

with the booster in the Greenlight single cell test rig, a combination of a high-output power supply,

several smaller four-quadrant power supplies for fine control, and an EIS analyzer is used in the

stack test rig. With this setup, EIS is possible in the whole DC current range up to 600 A at AC

frequencies up to 20 kHz and 5 A maximum AC amplitude. In order to do automated EIS at all

10 cells without manually changing sense cables, a multiplexer unit is integrated.
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4.4 Electrochemical Test Procedures

For the analysis of PEMWE systems, two basic diagnostic methodes, polarization curves and EIS,

are of special importance. Both methods are briefly explained in the following.

Polarization Curves

As explained in section 2.7, every electrochemical cell has a certain voltage to current characteristic

which depends on the reversible voltage at the actual operating conditions and additional losses

due to irreversibilities. In order to record these polarization or UI curves as comparably as possible,

it is necessary to keep the operating parameters temperature and pressure as constant as possible

or at least to use the same procedures repeatedly for comparative measurements [116]. In this case,

systematic errors still exist, but in relative terms the error between two measurements becomes

smaller. Most experiments in this work have been conducted at ambient pressure. Therefore,

especially a relatively constant cell temperature during testing was desired.

Figure 24: Anode inlet (green dotted line) and outlet (blue dashed line) temperature of the H-TEC
ELS-30 stack (see figure 23, panel c)) during current cycling between 0.1 A/cm2, 1.75 A/cm2 and
2 A/cm2 for 10 min each step. The water flowrate at the anode side is set to 1 L/min (3.3 ml/(min
cm2) and the anode inlet temperature setpoint is 60 ◦C.

Figure 24 shows the anode water inlet and outlet temperatures of an industrial stack (H-TEC

ELS-30, 10 cells; see figure 23, panel c)) during a current cycling for 10 min for each current

density at 0.1 A/cm2, 1.75 A/cm2 and 2 A/cm2. The water flow was constant at 1 l/min and the

system was set to maintain a stack inlet temperature of 60 ◦C. The resulting maximum deviation

of the inlet temperature during testing was ±0.5 K (after longer runtimes and with good control

stability even smaller around ±0.2 K as visible in figure 24). The temperature dependence in

cell voltage is ≈ 5 mV/K, obtained from a measurement at constant current density of 1 A/cm2

with the same stack and MEAs once at 60 ◦C and at 50 ◦C. Translating the temperature into a

voltage perturbation, a maximum error of ±2.5 mV due to the test systems temperature control

quality of ±0.5 K results for the used stack and MEAs. Nevertheless, this value can be different

for different systems (stack and MEAs), but should in general be of the same order of magnitude

for comparable PEMWE systems.
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Figure 25, panel a) shows the polarization curves for a MEA based on Nafion® 117 for three

different temperatures (40 ◦C, 60 ◦C and 80 ◦C). The catalyst loadings are 1.23 mgIr/cm
2 at

the anode (Umicore Elyst Ir75 0480) and 0.31 mgPt/cm
2 at the cathode (Tanaka TEC10V50E).

Usually, polarization curves are recorded in current control mode. Thus, several current density

Figure 25: a) Polarization curves (straight lines) for three temperatures (40 ◦C, 60 ◦C and 80 ◦C)
for MEA based on Nafion® 117. Both cathode and anode side pressures are at ambient level.
The MEA has electrodes with catalyst loadings of 1.23 mgIr/cm

2 at the anode (Umicore Elyst
Ir75 0480) and 0.31 mgPt/cm

2 at the cathode (Tanaka TEC10V50E). Dashed lines show the HFR
corrected iR-free cell voltages. The 5 cm2 laboratory cell (see figure 23, panel a)) uses a pla-
tinized (0.5 µm platinum, coated by Umicore Galvanotechnik, Germany) titanium sinter (Mott
Corporation, USA) as anode side PTL. b) Corresponding HFR values obtained by electrochemical
impedance spectroscopy (EIS).

steps are held for a certain time (≈ 10 min) in order to reach a steady state in the cell or stack

temperature and thereby also in the cell voltage. As the polarization curves of PEMWE show

a strong non-linear behaviour at low current densities, a smaller distance of measuring points

is appropriate here. Typically, the lowest current density chosen is between 0.05 and 0.1 A/cm2.

Especially for further analysis of the catalyst activity, a higher resolution in the low current density

region is advantageous. After ≈ 1 A/cm2, in the linear region of the polarization curve, the point

spacing can be higher without loss of information. In dependence of the used cell and MEA system,

mass transport losses can occur at high current densities which in turn cause nonlinear behaviour

of the polarization curve. If these nonlinearities are only weakly pronounced, it is not essential to

reduce the point spacing again.

In addition to the full cell voltage polarization curve recorded in a scheme as described above, a
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high frequency resistance (HFR) corrected, iR-free polarization curve can give more insight into

the loss structure of the PEMWE cell. To obtain the iR-free cell voltage, the pure ohmic voltage

losses, which are calculated by multiplying the HFR values, depicted in figure 25 panel b), with

the respective current densities, are subtracted from the full cell voltage values of the polarization

curve. Thus, in the ideal case, the remaining iR-free polarization curve shows the sum of all non-

ohmic overpotentials present in the cell at different current densities. In the case of PEMWE,

the anode activation overpotential is the highest non-ohmic overpotential present. Therefore, in a

first approximation and especially at low current densities, the iR-free polarization curve closely

resembles the anode activation overpotential. The HFR, in turn, can be obtained by EIS which

is usually performed during the recording of the polarization curve at all or some of the current

densities.

Electrical Impedance Spectroscopy (EIS)

Electrochemical impedance spectroscopy (EIS) is a versatile measurement method for determining

the impedance (= complex electrical resistance) of an electrochemical system over a wide frequency

range. EIS on PEMWE cells typically uses a current excitation and measures the amplitude and

phase of the voltage response of the system. In order to obtain accurate results, the AC excitation

amplitude must be small compared to the DC current at the cell to remain within a sufficiently

small pseudo-linear range of the UI characteristic. As a rule of thumb, a factor of 10 times

lower AC amplitude compared to DC current was used for the measurements in this work. The

frequency range relevant for the analysis for PEMWE cells is approximately between 20 kHz and

100 mHz. By measuring the impedance as a function of frequency, various resistances (e.g. high

frequency resistance (HFR), charge transfer resistance (Rct) and mass transfer resistance (Rdiff))

of the cell can be extracted from the resulting Nyquist plot by using equivalent circuit models

for the analyzed system. In the present work however, the main focus of applying EIS was to

determine the HFR of the cells at different current densities. Figure 26 contains Nyquist plots of

Figure 26: Electrochemical impedance spectra for three temperatures (40 ◦C, 60 ◦C and 80 ◦C)
of a PEMWE cell (5 cm2 active area, see figure 23, panel a)) at 1 A/cm2 DC current density and
40 mA/cm2 AC excitation amplitude. The used MEA is based on Nafion® 117. Both cathode
and anode side pressures are at ambient level. The MEA has catalyst loadings of 1.23 mgIr/cm

2

at the anode (Umicore Elyst Ir75 0480) and 0.31 mgPt/cm
2 at the cathode (Tanaka TEC10V50E).

impedance spectra at three different temperatures (40 ◦C, 60 ◦C and 80 ◦C) recorded at 1 A/cm2

DC current density with 40 mA/cm2 AC excitation amplitude. The same cell and MEA is used

as in figure 25. The HFR can be determined relatively easy from a Nyquist plot. It is the pure

ohmic resistance at the intersection of the impedance curve with the real axis in the high frequency
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region. As described above and shown in figure 25, the HFR can be used to subtract the ohmic

overpotentials from a recorded polarization curve and obtain an iR-free curve of the cell which

shows only non-ohmic overpotentials. For PEMWE cells, the remaining overpotential is, especially

at low current densities, mainly composed of the electrode activation overpotential of the anode

side catalyst. Thus, using polarization curves and EIS as an analysis tool in regular intervals

enables the identification of changes at the electrodes, in particular at the anode.

4.5 Additional Methods

In addition to the main experimental methods and techniques described before, several other ancil-

lary methods were used. These methods were employed, for example, in collaborative publications

by other authors or were applied by the author itself, but only to a minor extent. Therefore, the

presentation here is very brief and only for the sake of completeness. More detailed information is

given in the respective publications in the results chapter.

SEM

For the analysis of MEA cross sections and for visualization of PTL materials, a IB-19520CCP

cryo cross section polisher and a JSM-IT200 SEM, both from JEOL, Japan were used. The cross

section analysis was performed with the help of Matthias Kornherr from TEC-TUM, Munich.

ICP-MS

In order to measure the iridium concentration of water samples taken from PEMWE water cy-

cles, ICP-MS was used. ICP-MS measurements were performed by Julius Knöppel from HIERN,

Erlangen, with a NexIon 300 spectrometer from Perkin Elmer, USA.

LCA

To analyze the global warming impact of electrolytic hydrogen from renewable electricity and to

compare it with fossil hydrogen production by steam reforming, a standardized life cycle assessment

framework was used which was applied according to the ISO 14040 and 14044 standards (ISOa,

2006 and ISOb, 2006). The life cycle assessment framework and the calculations were set up and

performed by Kay Bareiss and Cristina de la Rua, ENS-TUM, Munich.

XPS

XPS measurements were performed at IrOx-TiO2 OER catalyst powders to determine the iridium-

oxide film thickness on the TiO2 support material. An Axis Supra System by Kratos, UK, was

used. The measurements were performed by Matthias Kornherr, TEC-TUM, Munich.
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5 Results

After the introduction to the field of PEMWE, the subsequent description of possible improvement

strategies on cell level and an explanation of the applied experimental methods, in the following

results chapter the research articles are presented which are included in this PhD thesis. At first

in section 5.1, a life cycle assessment (LCA) of hydrogen produced by PEMWE under different

energy system scenarios is done to investigate the possible reduction in global warming potential of

electrolytic hydrogen compared to conventional hydrogen production by steam methane reforming

(SMR). In section 5.2, the thermal limitation of PEMWE at high current densities due to necessary

heat removal is investigated followed in section 5.3 by an analysis of the hydrogen crossover in

PEMWE cells at high current densities. In section 5.4, the stability of Iridium based PEMWE

anodes is investigated with a dedicated setup to measure possible dissolved Iridium species in the

process water at anode and cathode side. Finally in section 5.5, the durability of low-iridium

loaded PEMWE MEAs is investigated in an industrial short stack over a period of 3700 h with a

focus on the catalyst.

5.1 Life Cycle Assessment of Hydrogen from Proton Exchange Mem-

brane Water Electrolysis in Future Energy Systems

The article ”Life Cycle Assessment of Hydrogen from Proton Exchange Membrane Water Electrol-

ysis in Future Energy Systems” [20] was submitted in July 2018 and published as an open access

article in the peer-reviewed journal Applied Energy in January 2019, distributed under the terms

of the Creative Commons Attribution 4.0 License (CC BY-NC-ND). The permanent web-link to

the article is https://doi.org/10.1016/j.apenergy.2019.01.001 .

In this study we analyze the possible reduction potential in global warming footprint of hydrogen

production when using PEMWE instead of the reference process steam methane reforming (SMR).

A life cycle assessment is used as a framework for the analysis. At first, the basic working principles

of both reference process SMR and PEMWE are explained and compared to gain insight into the

physical limits of their respective energy consumptions and associated direct CO2 emissions for

the production of a unit amount of hydrogen. In a next step, the core element of the PEMWE

system, the cell stack, is modelled into detail for a current state-of-the-art and an improved future

configuration at a reference net electric power rating of 1 MW. Also the other necessary system

components of a PEMWE besides the stack, such as facilities, pumps, power electronics and pro-

cess technology, are integrated in the analysis but at a lower level of detail. As the origin of the

input electricity plays a crucial role for the global warming footprint of hydrogen from PEMWE,

three current and future energy scenarios are modelled: In the first scenario grid electricity based

on the German energy mix from 2017 is used to supply the PEMWE system, whereas in the second

scenario an extrapolated theoretic grid electricity for the year 2050 with higher share of renewables

is used. Finally in the third scenario, electricity exclusively from renewable sources (PV and wind

energy) is used for the production of electrolytic hydrogen. The main results of the LCA are:

1. For all energy scenarios the material based emissions for the PEMWE stack and the PEMWE

system balance of plant are small compared to the emissions by the used electricity. Even

for the case with 100 % renewable electricity feed of the PEMWE, the footprint of stack and

system is not more than 4 % of the overall emissions.

2. A significant reduction in carbon dioxide emissions associated with the production of hydro-
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gen from 11.5 kgCO2,eq/kgH2 for the reference SMR process to 3.3 kgCO2,eq/kgH2 for PEMWE

in combination with 100 % renewable electricity is possible. However, electrolysis with the

current German grid electricity (2017 values) produces about 2.5 times more carbon dioxide

per kg of hydrogen as if a SMR process is used for the hydrogen production. Also in the

future (2050), grid electricity has a considerably higher specific CO2 emission per kWh than

electricity from renewables like wind energy and PV systems and thus also the specific emis-

sions for hydrogen from PEMWE in combination with future grid electricity are still quite

high at 11.6 kgCO2,eq/kgH2 .

3. Higher current densities and lowered catalyst loadings significantly reduce the critical ma-

terial usage (iridium, platinum, copper, titanium etc.). Nevertheless, the direct influence

on carbon dioxide emissions due to material reduction is very small as the electricity con-

sumption and the associated carbon footprint to produce the electricity is the governing

factor.

4. The standard databases for LCA (ecoinvent v3.3 was used in this study) are relatively old

and static. Therefore, projections for future developments with improved or new technology

can give misleading results with quite high specific global warming potentials. Especially

feedback effects due to a rising share of renewable energy in all sectors can not be represented

in the analysis in a straightforward way. The specific carbon dioxide emissions for hydrogen

production by PEMWE driven by renewable electricity should be significantly lower than

the value obtained in this study. Nevertheless, also with our ”conservative” approach, a

significant reduction of about 70 % is shown for electrolytic hydrogen from PEMWE fed

with 100 % renewables compared to fossil hydrogen from SMR.
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H I G H L I G H T S

• The paper provides a detailed inventory for a PEM water electrolyser system.

• An energy model was built to analyse the future energy mixes required by the system.

• LCIA results prove the relevance of the electricity mix for most impact categories.

• By 2050, the analysed system has less impact compared to the reference system.

A R T I C L E I N F O

Keywords:
Proton exchange membrane water electrolysis
(PEMWE)
Life cycle assessment (LCA)
Energy modeling

A B S T R A C T

This study discusses the potential of H2 production by proton exchange membrane water electrolysis as an
effective option to reduce greenhouse gas emissions in the hydrogen sector. To address this topic, a life cycle
assessment is conducted to compare proton exchange membrane water electrolysis versus the reference process -
steam methane reforming. As a relevant result we show that hydrogen production via proton exchange mem-
brane water electrolysis is a promising technology to reduce CO2 emissions of the hydrogen sector by up to 75%,
if the electrolysis system runs exclusively on electricity generated from renewable energy sources. In a future
(2050) base-load operation mode emissions are comparable to the reference system. The results for the global
warming potential show a strong reduction of greenhouse gas emissions by 2050. The thoroughly and in-depth
modeled components of the electrolyser have negligible influence on impact categories; thus, emissions are
mainly determined by the electricity mix. With 2017 electricity mix of Germany, the global warming potential
corresponds to 29.5 kg CO2 eq. for each kg of produced hydrogen. Referring to the electricity mix we received
from an energy model emissions can be reduced to 11.5 kg CO2 eq. in base-load operation by the year 2050.
Using only the 3000 h of excess power from renewables in a year will allow for the reduction of the global
warming potential to 3.3 kg CO2 eq. From this result we see that an environmentally friendly electricity mix is
crucial for reducing the global warming impact of electrolytic hydrogen.

1. Introduction

Climate change is at the top of today’s agenda in most countries and
many policies have been put in place to face this global challenge. The
European Union is approaching the deadline to reach the European
2020 climate and energy targets, but it has already established three
new key targets for 2030: (i) reducing greenhouse gas (GHG) emissions
at least by 40% compared to 1990 levels, (ii) increasing the share of
renewable energy at least to 32%, and (iii) improving the energy effi-
ciency at least to 27% [1]. Germany is a key player and aims to lead the
European energy transition by setting even more ambitious objectives.
The energy industry, in general, and the electricity sector, in particular,
have been identified as targets due to their high contribution to GHG. In
2015, 37% of the energy-related GHG emissions were produced in the

energy economy, followed by the transportation sector, which con-
tributed with almost 18%. From the total amount of GHG emissions,
85% are related to the energy sector [2].

Electricity production in Germany from renewable energy sources
accounted to 3% of the total share in 1990, while it represented already
32% in 2016 [3]. The country expects to cover 80% of its electricity
demand from renewable energy sources until 2050 [3]. Most of this
energy will be produced from solar and wind power. Besides the clear
benefits of renewable energy sources for the environment, the in-
tegration of fluctuating energy sources in the energy system is still
under discussion. Its availability depends on weather and season as well
as on the time of the day. This intrinsic characteristic leads to situations
in which electricity production exceeds electricity demand and the
capacity of the electric system is surpassed [4]. Under these
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circumstances, energy storage is foreseen as one potential solution [5].
Schill [6] used an optimization model to determine the storage capa-
cities required for taking up renewable surpluses under several sce-
narios in Germany with three storage options: batteries, pumped hydro
storage and power-to-hydrogen. Taking into account the German ex-
pectations for 2050 in terms of renewable energy, the use of hydrogen
can be seen as a promising solution [7,8]. Electrolytically produced
hydrogen can help balancing the electric grid (storage), while also
providing an energy carrier to be used in other sectors. A good example
is the mobility sector. The need for decarbonizing mobility has placed
hydrogen in a better position for future alternatives. Fuel cell vehicles
(FCVs) convert hydrogen into electrical energy through a fuel cell. They
do not emit any exhaust pollutant but water and have a longer driving
range compared to battery electric vehicles (BEVs) [9–11].

Besides its potential for balancing the electric grid and dec-
arbonizing the mobility sector, hydrogen is essential for a variety of
industrial processes. Around 65 Mtons of hydrogen are produced yearly
worldwide [12]. More than 90% of the hydrogen is used by two main
industries, the petroleum recovery and refining industry (47%) and the
ammonia production industry (45%) [13–15]. Hydrogen offers a ver-
satility which makes it valuable for achieving the 2030 and 2050 tar-
gets from different perspectives. However, before deciding which
pathways should be addressed first, it is necessary to study the whole
supply chain of hydrogen production and to estimate the potential
environmental impacts. This way it will be possible to identify critical
issues and processes and propose measures to improve them. For that
purpose, we present a life cycle assessment (LCA) of hydrogen pro-
duction by proton exchange membrane water electrolysis (PEMWE)
under different future energy scenarios.

2. Hydrogen production methods

Hydrogen can be supplied through several routes. A first division
can be done based on the energy source used in the production.
Hydrogen can be produced from both fossil energy sources and re-
newable energy sources [16]. To date, 48% of the hydrogen has been
produced from natural gas, 30% from heavy oils and naphtha, and 18%
from coal. From a technological perspective, there are four main pro-
duction methods: (i) hydrocarbon reforming, (ii) hydrocarbon pyrolisis,
(iii) biomass processing, and (iv) water splitting. Steam methane re-
forming (SMR) is the most common technology among the hydrocarbon
reforming technologies, while electrolysis is the most established and
well-known method in water splitting. The schematic processes of both
SMR and electrolysis are shown in Fig. 1.

2.1. Steam methane reforming

The SMR method is a catalytic conversion of methane and steam to
hydrogen and carbon dioxide. The method entails three steps: re-
forming or synthesis gas generation, water-gas shift and gas purifica-
tion. The whole process happens under high temperatures and pressures
up to 3.5 MPa. Eq. (1) shows the reforming process using methane as
feed:

+ + = +CH H O CO 3H ( H 206 kJ/mol)4 2 2 298
0 (1)

In order to achieve a higher hydrogen yield a second step, the water-
gas shift reaction, is used according to Eq. (2):

+ + =CO H O CO H ( H 41 kJ/mol)2 2 2 298
0 (2)

The net reaction of the SMR process is the sum of Eq. (1) and (2):

+ + = +CH 2H O CO 4H ( H 165 kJ/mol)4 2 2 2 298
0 (3)

With a net enthalpy of = +H 165 kJ/mol298
0 the reaction is en-

dothermic and needs external heat input. This is usually done by using
natural gas (mainly methane) also as a fuel for heating. It is evident that
in practice additional losses will occur. These are compensated by a
higher methane consumption than theoretically necessary. The most
significant loss is due to excess steam production [17]. The hydrogen
production efficiency of a SMR plant can be defined as the power flux of
the hydrogen produced divided by the power flux of the methane
consumed:

= =
p
p

m ·LHV
m ·LHVSMR

H

fuel

H H

CH CH

2 2 2

4 4 (4)

The efficiency of exemplary industrial SMR plants calculated with
Eq. (4) is around 74% [18,19]. Thus, the production of 1 kg H2 leads to
direct emission of about 8.8 kg CO2. Taking into account not only the
direct emissions from natural gas but the whole life cycle of the SMR,
total CO2 emissions are naturally higher.

2.2. Water electrolysis

Among the water splitting technologies, electrolysis is the most ef-
ficient method. The oldest and most mature type is the alkaline elec-
trolyzer [20]. It consists of a cathode and an anode separated by a thin
porous ceramic diaphragm submerged in an alkaline electrolyte. A
newer generation of electrolyzers, also known as proton exchange
membrane water electrolyzers (PEMWE), does not use a liquid elec-
trolyte but a thin solid polymer electrolyte (membrane) instead [21].
This proton conducting membrane has a typical thickness of
60–200 μm. Nafion® is commonly used in commercial systems. On both
sides of the membrane, thin electrodes of about 10 μm thickness are
directly bonded to the surface. The electrodes contain noble metal
catalysts, typically platinum-based at the cathode and iridium-based at
the anode [22]. Some advantages of this technology are high energy
efficiency, the provision of highly compressed and pure hydrogen and
the flexible dynamic operation [23]. The still evolving PEMWE tech-
nology is currently more expensive compared to alkaline electrolyzers,
mainly due to the use of critical and valuable materials such as tita-
nium, platinum, iridium and the proton exchange membranes. Hence,
there are current development efforts aiming to reduce their required
amount [24]. The general operation process of a PEMWE cell is shown
in Fig. 2. De-ionized water is supplied to the anode side of the cell. The
membrane electrode assembly (MEA) is clamped between the porous
transport layers (PTL) and the bipolar plates. The porous transport
layers are typically carbon paper on the cathode side (thickness 280 μm,
compressed) and sintered titanium foam or felt (thickness 280 μm) on
the anode side [25]. The bipolar plates are made from titanium as well,
and they usually feature channel-like structures (flow-field) for water
and gas transport. In some designs, spatially stretched titanium mesh is

Fig. 1. Schematic drawing of the hydrogen production paths discussed in this
paper. The focus is on PEMWE technology, SMR is used as a reference only.
Electricity can be provided by renewables only or by a mixture of fossil power
plants and renewables.
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also used to generate channels between the PTLs and the bipolar plates
[26]. Titanium is one of the few materials which are suitable for the use
on the anode side as it forms thin compact oxide layers, which are
highly stable under the PEMWE operating conditions of low pH and
high electrical potentials [27]. If a voltage greater than 1.23 V is ap-
plied to the cell, the necessary Gibbs free energy =( G 237 kJ/mol)298

0 is
supplied and the water is split with the integration of thermal energy
from the environment. The value of =( G 237 kJ/mol)298

0 is very close
to the lower heating value =(LHV 242 kJ/mol) of hydrogen and thus is
used synonymously in most publications [28]. For supplying the whole
reaction enthalpy of =( H 286 kJ/mol)298

0 a minimum voltage of 1.48 V
is necessary. The cathode (negative terminal) produces hydrogen, while
the anode (positive terminal) produces oxygen according to the fol-
lowing reactions:

+ + +Anode: H O 1
2

O 2e 2H2 2 (5)

++Cathode: 2H 2e H2 (6)

+ = +Sum: H O 1
2

O H ( H 286 kJ/mol)2 2 2 298
0

(7)

The protons are conducted from the anode to the cathode through
the solid polymer electrolyte, whereas the electrons are driven through
the external electric circuit. The cell’s efficiency can be calculated from
the cell voltage Ecell with the following equation:

= 1.23V
Ecell,LHV

cell (8)

Under typical operating conditions, the cell voltages are between
1.5 V and 2 V [28]. The corresponding cell efficiencies are between 62%
and 82% based on LHV. The PEMWE system efficiencies with all uti-
lities (electronics, pumps, safety equipment, infrastructure, etc.) and
faradaic losses included to deliver H2 at industry grade 5.0 (99.999%)
and 30 bar pressure are typically around 10–20% points lower than the
cell efficiencies [29] and are in the range of 50–70% (LHV). As can be
seen in Fig. 1, the direct CO2 emissions of a PEMWE system are zero.
However, from a life cycle analysis point of view, the use of this tech-
nology for hydrogen production is associated with certain CO2 emis-
sions. One important factor is the amount of emissions connected to the
production of the input electricity.

2.3. LCA reference values for hydrogen production

As described above, many technologies are currently available for
hydrogen production. They differ in many parameters, such as process
efficiency and energy requirements. Taking into account this variety, it

is understandable that a large amount of hydrogen’s life cycle assess-
ment was published during the last decade. Lee and colleagues [30]
published recently the life cycle greenhouse gas emissions of hydrogen
production as a by-product from chlor-alkali processes. Under different
scenarios, hydrogen production creates 1.3–9.8 kg CO2 eq. per kg of H2.
Utgikar and Thiesen [31] examined global warming and acidification
impacts of a combined advanced nuclear-high temperature electrolysis
plant. Producing 1 kg of H2 leads to 2 kg of CO2 equivalent (eq.) and
0.15 g H+ eq. for each impact category. Cetinkaya [32] and her col-
leagues analyzed the global warming potential along the life cycle for
five methods of hydrogen production. Electrolysis using wind emerged
as the best option, emitting 0.97 kg CO2 eq. per kg of H2, followed by
solar electrolysis, with 2.4 kg of CO2 eq.. Conventional production of H2

in a steam reforming process with natural gas would emit 11.9 kg of
CO2 eq. per kg of H2. Dufour [33] also analyzed the impacts of elec-
trolysis using different electricity technologies. From all analyzed
sources, the production of H2 using electricity from the grid leads to the
largest GHG emissions, 28 kg of CO2 eq. per kg of H2 respectively. The
study also assesses SMR with carbon capture and sequestration which
results in 3.3 kg of CO2 eq. In this direction, Verma and Kumar [34]
estimated the GHG emissions of hydrogen production from under-
ground coal gasification with and without carbon capture sequestra-
tion. Emissions were calculated to be 0.91 and 18 kg CO2 eq. per kg of
H2.

Most articles focus on global warming potential, while few of them
include other impact categories such as cumulative energy demand,
acidification or eutrophication. One of them is the article published by
Hajjaji [35], which compares eight alternative ways for hydrogen
production including nine impact categories. Lastly, Wang and co-
authors [36] have investigated GHG emissions along the life cycle of a
new alternative to produce hydrogen, which couples chemical looping
combustion with steam reforming. This technology would produce 3 kg
of CO2 eq. per kg of H2.

In this regard, our paper aims to enlarge the current knowledge in
the field from two different perspectives. Most reviewed articles pro-
vide aggregated data of the PEMWE stack. In this sense, we have made a
big effort to describe each component of the stack as it is today and to
estimate the future expected improvements based on the work devel-
oped in the Kopernikus project Power-to-X [37]. Besides, most studies
analyze hydrogen production using a single energy technology as en-
ergy source, without considering the actual availability of that source
within the energy system. In our study, we have integrated the life cycle
analysis and an optimization energy model in line with the scope of the
study. This way it is possible to understand how the energy system will
react to the demand of hydrogen, and then to identify which energy
sources will provide the energy required by the PEMWE.

3. Life cycle analysis

Life cycle assessment (LCA) is one of the most established methods
for estimating the environmental performance associated to the life
cycle of products and services. The first LCA framework was published
by the Society of Environmental Toxicology and Chemistry [38]. After
many modifications, the practice of LCA was regulated and nowadays
its application follows the ISO 14040 and 14044 standards (ISOa, 2006
and ISOb, 2006).

The LCA comprises four phases: (i) goal and scope definition, (ii)
inventory of inputs and outputs, (iii) impact assessment, and (iv) in-
terpretation of results. This study will address the four stages as es-
tablished in the ISO standards.

3.1. Goal and scope of the study

The main objective of this study is to quantify the potential en-
vironmental impacts of hydrogen produced by PEMWE in Germany
under different energy scenarios. The LCA has been modeled from an

Fig. 2. Parts of a typical PEMWE cell.
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attributional approach as a cradle to gate system. However, it must be
noted that systems outside these boundaries might be affected by the
new demand of hydrogen. This is the case of the German electric
system. In order to reflect these consequences, the study includes results
from an energy model, described in Section 4, which will reflect the
potential German electric system under the new demand of H2. Fig. 3
shows the processes and components included within the system
boundaries. The chosen functional unit is defined as 1 kg of dried hy-
drogen produced in Germany in a PEMWE plant, with a standard
quality of 5.0 and 30 bar pressure at 60 °C operating temperature. First,
de-ionized water is fed to the anode water-gas separation tank. To avoid
certain system degradation issues, water conductivity has to be lower
than 0.1 μS/cm [41]. The water is pumped to the cell stack, the core
part of the system. Previous to the stack there is an ion exchange resin
cartridge for maintaining a low water conductivity. The water leaves
the stack at the anode outlet together with the produced oxygen. It is
cycled back to the water-gas separation tank. A heat exchanger in the
anodic cycle allows the system to maintain a certain working tem-
perature. Typically the working temperatures are in a range between
60 °C and 80 °C [42]. The produced oxygen is usually vented. Gas
treatment of the oxygen (drying and purification) is only done if the
oxygen is used in a subsequent process. The water circulation is done on
the anode side. On the cathodic side of the stack in most cases no water
cycling is necessary because there is a net transport of water from the
anode to the cathode during operation due to the electro-osmotic drag
[43]. Hydrogen and water leave the stack at the cathodic outlet. The
gas-water mixture is cooled down close to ambient temperature and
liquid water is separated and drained back to the anodic water-gas
separation tank. The water-saturated hydrogen is fed to a catalytic de-
oxo purification device to reduce the oxygen content to a level of less
than 5 ppm. A subsequent adsorptive dryer finally reduces the water
content to values lower than 5 ppm [29]. The pressure on the cathodic
side typically can reach up to 30 bar. In most cases, the oxygen side is
kept at ambient pressure for easier system design and less cross per-
meation [44]. Further obligatory system components are the power
electronics (rectifier and voltage transformer), control electronics and
safety equipment. In many applications the whole PEMWE system is
integrated in standardized 20 ft or 40 ft containers as depicted in Fig. 4.
The balance of plant (BOP) lifetime is assumed to be 20 years [45].

Although the technology is already quite developed, it is expected to
further improve in the near future. In addition, the energy mix in
Germany will also vary its current configuration to fulfill the policy
targets. For this reason, we have extended the initial time horizon from

2017 to 2050, so that our results can reflect these changes.
Data for the foreground system has been collected from different

sources. An important part of the data has been taken from laboratory
measurements and was reviewed by several industrial partners. Other
sources, such as literature review, scientific articles and technical in-
formation from commercial sources, have been used when necessary.

Data for the background system has been taken from the ecoinvent
v3.3 database. Whenever the available datasets provided in the data-
base did not reflect the geographical and time horizon previously de-
fined in this study, they were modified using additional information.
The analysis has been modeled using the software SimaPro. There are
currently a large variety of impact assessment methods. The Joint
Research Centre (JRC) published in 2011 an extensive review of dif-
ferent methods using criteria such as completeness of the scope, en-
vironmental relevance and scientific robustness among others [46]. As
result of this review, they proposed an umbrella method, which com-
prises the best scored method for each impact category. Although the
use of this method could be appropriate, we have chosen the most
updated version of the ReCiPe Midpoint method to carry out this study
[47]. Some of the weaknesses highlighted by the review from the JRC
report have been surpassed in the most updated version. Besides, by
using one unique method for all impact categories, we can assume that
the underlying limitations and assumptions for each category are con-
sistent with each other. The following impact categories have been
included in the analysis:

• Climate change (CC)
• Ozone depletion (OD)
• Terrestrial acidification (TA)
• Human toxicity (HT)
• Particulate oxidant formation (POF)
• Particulate matter formation (PM)
• Metal depletion (MD)

3.2. Life cycle inventory

This section describes the different processes within the system
boundaries. Inventory data are shown as well in this section, together
with the main assumptions and hypothesis taken along the study.

3.2.1. PEMWE stack
The stack as the core component of a PEMWE system is basically a

connection of several single cells in series. This is schematically shown
in Fig. 5.

The individual cells of the same principle as shown in Fig. 2 are
separated by titanium bipolar plates. At the upper and lower end of the

Fig. 3. Scheme of the analyzed PEMWE system layout showing all essential
parts for hydrogen 5.0 production at 30 bar pressure, modified from [39,40].
The anode gas drying and purification system is optional and not necessary
unless the produced O2 is used as well.

Fig. 4. Typical containerized PEMWE system in the 1 MW power range at
Windgas Hamburg, Reitbrook project site. (Copyright ©Uniper SE).
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cell stack current collectors, mainly made of copper or aluminum [25],
are installed for the electrical connection. Thick end plates made of
aluminum or steel together with several bolts and sets of stacked flat
springs are used to ensure an even compression of the cells. The stack
lifetime of commercial systems is typically 40000–60000 h and is
planned to reach 90000 h or roughly 10 years of continuous service in
near future systems [24]. The main parts prone to degradation are the
MEA and the anodic PTL [48]. These can be substituted by new com-
ponents in an overhaul process.

Table 1 shows an overview over some key parameters of the
PEMWE system, which are important for the LCA. Current state-of-the-
art values (2017) and their estimated development for the near future
are gathered. Today’s mean cell efficiencies are 70% at corresponding
cell voltages of 1.79 V and current densities of around 1.5 A/cm2 [28].
The system efficiencies including all utilities are about 10 percentage
points lower at 60% [28]. Typical anode catalyst loadings are 2 mg/cm2

iridium [22]. In contrast, the cathode catalyst loadings are about ten
fold lower with 0.2 mg/cm2 platinum. This is possible as the cathodic
reaction kinetics are several orders of magnitude faster [49]. The tita-
nium bipolar plate thickness in current state-of-the-art PEM electro-
lyzers is about 3 mm [50] as there are machined or etched channels on
both sides of the bipolar plates with depths of about 1 mm each [51].
Polysulfonic acid membranes for proton conduction (mostly Nafion®)
with thicknesses of about 200 μm are used as electrolyte [42].

Research efforts are undertaken to intensify the current density and
to lower the catalyst loadings while keeping the high efficiency level
[42]. Also, design improvements are expected to reduce the material
usage, especially of the expensive and difficult to manufacture titanium
bipolar plates. Possible ways to achieve these goals are presented in the
following:

• Reduced catalyst loadings: At the cathode for the hydrogen evolu-
tion reaction (HER), the platinum loadings can be reduced by a
factor of 8 from today 0.2 mgPt/cm2 to 0.025 mgPt/cm2 without
significantly influencing cell performance [52]. With a security
factor included for possible degradation issues, 0.05 mgPt/cm2 seems
a reasonable value for cathode loadings for the near future. At the
anode, the oxygen evolution reaction (OER) is much slower and
therefore more catalyst surface area is necessary. As iridium is only
mined in a quantity of approximately 4 t/y [42], it was estimated by
Bernt et. al. that the power specific iridium loading should get down
to 0.01 g /kWIr at efficiencies similar to today’s ( 70%) so PEMWE
can be used on a large scale with about 150 GW installation per year
[52]. By using improved catalysts with higher surface area, a ten
fold reduction of the iridium content down to 0.2 mgIr/cm2 at in-
creased current densities of 3 A/cm2 is assumed to be possible in the
near future.

• Thinner membranes: A reduction of membrane thickness from
200 μm to 50 μm in the coming years seems a possible goal.
Experimental tests with thinner membranes showed good results
[25]. Similar reductions of membrane thickness were achieved in
PEM fuel cell technology [53,54]. This facilitates an operation at
higher current densities, as the ohmic resistance of the cell is sig-
nificantly reduced [42]. At the same time, it has to be ensured that
the permeation losses and degradation processes are not increasing
too much with the thinner membranes [55,56].

• Thinner bipolar plates: Bipolar plates can be produced faster and
with less material usage by forging of thin sheet metal instead of
destructive milling or etching of thicker base material. Similar ap-
proaches were done in PEM fuel cell technology, where sheet metals
with thicknesses of 50 μm are stamped or forged to manufacture
flow fields [57]. In PEMWE systems, with higher operating pressures
and thus tighter mechanical restrictions of the minimum bipolar
plate thickness, possible reductions are assumed to be ten-fold down
from initial 3 mm [50] to 0.3 mm in the near future.

3.2.2. Gas purification
After passing the cathodic water-gas separator unit the produced

hydrogen is saturated with water vapor. The water vapor pressure de-
pends on the water-gas separator temperature. In most cases, this de-
vice is cooled down slightly above ambient temperature. Average va-
lues are assumed to be about 20 °C which corresponds to a water vapor
pressure of 23 mbar. At the cathode, total pressures of 30 bar result in a
water vapor content of about 770 ppm or 7 g H2O per kg of H2. Some
oxygen is also present in the cathodic product gas due to permeation
processes across the membrane. According to findings by Trinke et al.
[58] the mean oxygen impurity level is estimated to be about 800 ppm.
For removing these impurities, a de-oxo unit is used, which catalytically
cold burns the oxygen traces with hydrogen to water. The produced
water from the de-oxo unit, together with the water vapor from the
water-gas separator, is reduced to less than 5 ppm by a subsequent
adsorptive drying process.

• De-Oxo
Different types of de-oxo purification units are available on the
market. One possibility is the use of platinum group metals to re-
move the oxygen content in the hydrogen gas stream in a catalytical
recombination device. The reaction is as follows:

+2H O 2H O2 2 2 (9)

While removing the 800 ppm of oxygen, about 15 g of H2O is pro-
duced per kg of H2. The product water from the de-oxo device to-
gether with the 7 g of H2O per kg of H2 from the gas-water separator
is subsequently removed in an adsorption process.

• Adsorption Process
In most applications, silica gel is used as adsorbent. The silica gel
adsorbs water at its surface until it is completely covered and

Fig. 5. Picture and simplified schematic drawing of a PEMWE stack of the lower
power class up to 100 kW. More powerful systems in the MW class are very
similar in their components, the main difference is the size of the active cell
area. (Picture: Copyright ©HIAT gGmbH).

Table 1
Current and estimated near future PEMWE system parameters.

Parameter 2017 Near future

Cell voltage level (V) 1.79 1.79
Current density (A/cm2) 1.5 3
Power density (W/cm2) 2.7 5.4

cell (LHV) 0.7 0.7

system (LHV) 0.6 0.6
Anode Ir. loading (mg/cm2) 2 0.2
Cathode Pt. loading (mg/cm2) 0.2 0.05
Ti. bipolar plate thickness (mm) 3 0.3
Membrane thickness (μm) 200 50
Single cell format (cm2) 500 1000
Stack lifetime (years) 7 10
BOP lifetime (years) 20 20
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saturated [59]. Silica gel needs to be baked out before it can be used
again. Thus, to maintain a continuous drying process, two silica
tanks in a batch process are considered in the study. Energy and
material requirements to produce silica gel have been taken from
the literature [60]. Between 7100 and 8400 kJ are required to
evaporate 1 kg H2O from silica [59]. This results in an energy de-
mand of 0.05 kWh per kg dried H2 at 30 bar pressure.

The life cycle inventory (LCI) has been collected for each described
process. Taking into account the system parameters for 2017 and the
near future shown in Table 1, the required materials for a 1 MW stack
have been estimated. The total active cell area for a 1 MW stack is 37 m2

for state of-the-art and 18.5 m2 in the future. Subsequently, the material
quantities have been estimated assuming a simple layered design as
shown in Figs. 2 and 5. Quadratic cell formats with active areas of
500 cm2 for 2017 and 1000 cm2 for the near future are chosen for es-
timating the size of the endplates and current collectors. Based on de-
monstration systems, the end plate thickness is assumed to be 10 cm
and the current collector thickness to be 5 mm. Furthermore, the mass
of the stainless steel bolts and screws is conservatively estimated. The
mass of sealing material and inlet and outlet fittings has been neglected.
Table 2 contains the LCI of the main materials for the state-of-the-art
and future 1 MW stack.

Titanium is the material that contributes the most to the total mass
of the stack in its current configuration. The need for a reduction of its
use is mainly driven by its high cost [61] and the difficulty of ma-
chining or etching thick titanium bipolar plates. It can be noticed that
the effect of higher power density, reduction of the bipolar plate and
membrane thickness and reduction of catalyst platinum group metal
loadings will lead to a strong decrease in material usage. Especially the
application of cost intensive materials like iridium, platinum and also
titanium and Nafion® is reduced by 85–95%. Only for the construction
materials aluminum and copper a higher usage can be assumed for the
future as the active cell area format is doubled.

3.2.3. Balance of plant
The BOP materials are more difficult to estimate, as there is only

few publicly accessible information from PEMWE system manu-
facturers, in most cases only in form of technical specifications as in
[62–64]. However, a rough estimation for the materials with a high
safety margin is attempted in the following. The assumed system is a
containerized solution in a standard 20 ft container with a structural
weight of 3.9 t. The foundation is made from concrete realized by 4
point-foundations with a thickness of 25 cm each and a squared area of
1.5 m edge length. The total weight of concrete for the foundation
amounts to 5.4 t. To ensure a sufficient water flow, a pump with 10 kW
is required. The power electronics, which includes the rectifier and the
voltage adaption, weighs 1 t and the control electronics accounted for
100 kg of gross mass. In addition, some construction and process ma-
terial such as steel elements, plastic and stainless steel piping, ad-
sorbents and lubricants are included in the analysis. The integrated
system materials and their estimated masses are specified in Table 3.
Fig. 6 shows the mass shares of the BOP components and the PEMWE

stack for 2017. It is clearly visible that the highest mass share (78%)
refers to construction elements (foundation, steel construction, con-
tainer) whereas only 5% is used for the actual electrochemical device,
the PEMWE stack.

4. Energy scenarios

After the static PEMWE system has been described, we investigate
the dynamic plant operation. Water splitting is an energy demanding
process using electricity and some heat. In our system, the heat is also
provided by electricity. From stoichiometry results, we know that 9 kg
H2O are required for producing 1 kg H2. In addition, 55 kWh of elec-
tricity are necessary for water splitting at an efficiency of 60% LHV. The
choice of energy sources has an important impact on the results as
shown by Valente et al. in their extended reviews [65,66]. The energy
sources determine the GHG emissions as well as the cumulative energy
demand (CED) of the whole life cycle. The potential effects of the
electricity mix on our final results make a more detailed analysis of the
current and expected development of Germany’s energy system neces-
sary. There are numerous studies focusing on energy modeling in
Germany [67–70]. However all of them have their own assumptions on
different aspects which are not in line with our scope of research. In
addition most available studies are published in an aggregated and al-
ready interpreted form, which do not provide the necessary degree of
freedom. In our premise, we see FCVs as an important component in the
course of the energy transition concerning the mobility sector. For this
reason, an amount of H2 requirement was assumed, which is covered
by the PEMWE. The capacity expansion of PEMWE and the use of
available storage capacities, however are determined endogenously,
taking into account the hourly optimized electricity mix by the model.
In order to illustrate this complex approach, a linear optimization
problem tailored to this research question has been set up. We have
built an energy model to computationally answer the question about a

Table 2
Materials for a 1 MW PEMWE stack, state-of-the-art and near future.

Material (kg) 2017 Near future

Titanium 528 37
Aluminum 27 54
Stainless steel 100 40
Copper 4.5 9
Nafion® 16 2
Activated carbon 9 4.5
Iridium 0.75 0.037
Platinum 0.075 0.010

Table 3
Main materials and assumed masses of the PEMWE BOP.

Materials Mass (t)

Low alloyed steel 4.8
High alloyed steel 1.9
Aluminum < 0.1
Copper < 0.1
Plastic 0.3
Electronic material (power, control) 1.1
Process material (adsorbent, lubricant) 0.2
Concrete 5.6

Fig. 6. Mass shares of the components belonging to the electrolyzer system
(2017).
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future power mix. A linear optimization problem was described with
the open source model-generator ”urbs” [71], which was created at the
chair of ”Renewable and Sustainable Energy Systems” at TUM. The
model consists of 16 nodes (for every state of Germany) and does not
allow international energy exchanges. Each region (node) is connected
to its surroundings with transmission lines. Energy demands (electricity
and hydrogen) are given, which have to be covered by different tech-
nologies. Three premises were set:

1. A largely electrified private traffic is assumed to match the goal of
decarbonization in the private transportation sector. The analysis of
the average distance kilometers traveled per trip is based on re-
ference to [72]. Journey distances shorter than 250 km have been
assumed to be suitable to be operated by BEV. Due to the limited
battery capacity and longer charging time of BEV, hydrogen vehicles
are more suitable for longer journeys [73]. Thus, remaining mileage
is satisfied by FCV. The electricity requirement of BEVs is added
proportionally to the general electricity demand. The battery sto-
rage of the vehicles is not included in the power grid as storage.
From the analysis, we state 71% of the mileage is provided by BEVs
accordingly remaining mileage demand is covered by FCVs. BEVs
have an overall higher rate of efficiency (0.57 MJ/km) compared to
FCVs (0.73 MJ/km) [67]. Electricity consumption for BEV accounts
to 60 TWh, while covering H2 demand including the efficiency of the
PEM system amounts to 35 TWh.

2. The tolerated CO2 emission limits is made up of the sectors energy
economy and private traffic in 2050. Total CO2 emissions are 80%
lower compared to 1990 emissions from private transport
(19 Gtons) and energy economy (43 Gtons).

3. The maximum installable capacity of wind is calculated by the share
of non-occupied land like settlements, rivers or roads, in Germany.
From this share we assume an occupancy of 5% of suitable space in
Germany as not all useful space will be allocated to wind farms. By
assuming 5 MW turbines in 250 m distance each, a potential of
20 MW/m2 is available, which corresponds to 198 GW onshore ca-
pacity. This value is slightly higher than the 178 GW stated in [74]
(Scenario: ”Energiewende- Referenz”) but much lower than the
930 GW from [75] as they allow a higher share of Germany for
wind-farming. The quality of a wind location is characterized by the
amount of full load hours of their corresponding wind time series
[76]. 1/3 of the capacity is assigned to very good wind locations
(the best third of each region). As a simplification, the remaining 2/
3 are assigned to the second best third of wind locations. The
maximum capacity of photovoltaic systems is not limited. The use of
conventional power plants is determined by the model.

To cover the energy demand, 0.1 TWh pump storage and 0.5 TWh
hydrogen storage are set as readily installed. The hydrogen storage
represents the capability of existing fuel storage as our hydrogen de-
mand results from FCVs. The efficiency of FCV is given with 0.73 MJ/
km [78] and for BEV (300 km range) 0.57 MJ/km [67]. The model
solves the problem cost optimally on an hourly time base by keeping
the direct maximum CO2 emissions under a given limit. Finally, we
investigated the specific CO2 emissions of the hourly electricity mix
which is plotted in Fig. 7. From the curve, we stated two different op-
eration modes of PEMWE and therefore two load profiles. For a future
hydrogen production via PEMWE, based solely on renewable energy,
we get 3000 full load hours as a result. The operation time will increase
to 8760 h when 40% of the energy is supplied by combined cycle gas
turbine (CCGT). All assumptions and further details are published in a
working paper [77]. The results from the two different scenarios are
shown in Table 4.

5. Results and discussion

In this section we present the potential environmental impacts

associated with the production of hydrogen by a PEMWE under three
different energy scenarios from a life cycle approach. The electricity
mixes resulting from the energy model for the different scenarios are
shown in Table 4. For today’s electricity mix, the GWP is 29.5 kg CO2

eq. for each kg of produced hydrogen as shown in Fig. 8. This amount is
reduced by 60% if the electricity required by the system is produced as
described in the 2050 base-load operation scenario. In this case, the
production of 1 kg hydrogen causes the emission of 11.5 kg CO2

equivalent. The most favorable scenario (3.3 kg CO2 eq.) assumes that

Fig. 7. In descending order sorted CO2 emissions curve; only direct CO2 emis-
sions from burning fossil fuels in conventional power-plants are taken into
account. Energy from renewables do not have any emissions in the model
(figure taken from [77] and translated).

Table 4
Share of power generation from the different scenarios (%).

Power 2017 2050 2050
plant baseload baseload 3000 h

[79] [77] [77]

Hard coal 15 0 0
Lignite 24 0 0
Nuclear 12 0 0
Natural gas 14 40 0
Oil 1 0 0
Wind enery 17 39 65
Photovoltaic 6 21 35
Biomass 8 0 0
Hydro power 3 0 0

Fig. 8. Global warming impact from CO2 emissions of the PEMWE system.
Emissions are separated into BOP, PEMWE Stack and Electricity. As BOP and
PEMWE Stack contribute with a maximum of 4% to the GWP, a pie chart is
added in the case of the scenario with 3000 full-load hours.
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the PEMWE is operating 3000 h using only electricity produced by re-
newable sources. Fig. 8 also shows the contribution of the different
system components to the GWP for the best case. The modeled com-
ponents of the PEMWE stack (near future design) have negligible in-
fluence, with less than 1%. The PEMWE BOP accounts for only around
4% while the electricity supply is responsible for 96% of total GHG
emissions. The contribution of the PEMWE stack and BOP is even lower
for the other scenarios. Comparing our results with Bukhardt et al. [80],
a distinctly higher proportion of nearly 20% is attributable to the
electrolyzer’s manufacture supply chain. This divergence can be ex-
plained, beside the material choice, by the lower power density of al-
kaline electrolyzers [28], the system is correspondingly larger than a
PEMWE. A comparison of the mass balance shows that the alkaline
electrolyzer (including foundation) weighs, with 30 tons, twice as much
compared to the PEMWE system examined in this study. Thus, hy-
drogen production by PEMWE with its high power density should result
in lower GWP compared to alkaline electrolysis when using the same
input electricity. Although the production of hydrogen in a SMR process
is out of the scope of our study, in the figure we have included the GHG
emissions associated to this technology (11.5 kg CO2 eq./kg of H2) in
order to have a reference value. This value has been extracted from the
GaBi database.

Since hydrogen as fuel is a premise of our energy scenario, we
briefly describe how FCV can contribute to a sustainable transportation
sector for the year 2050. First of all, FCVs are more efficient (0.73 MJ/
km compared to internal combustion engine (1.2 MJ/km) [67]. Sec-
ondly, GWP of gasoline is around 84 g CO2 eq. per MJ [81], which
results in 101 g CO2 eq. per vehicle kilometer (vkm). Hydrogen from
PEM, even in base-load operation (11.5 kg CO2 eq./kg of H2) leads to
70 g CO2 eq. per vkm (hydrogen from SMR will result in similar results).
Using the flexibility of PEMWE and matching the hydrogen production
with the fluctuating power generation of renewables (3000 h) will
further reduce the emissions to 20 g CO2 eq per vkm.

The change of energy sources in the electricity mix over time does
not only contribute to the reduction of GWP but also to the cumulative
energy demand indicator. This indicator serves as reference to measure
the system’s efficiency in terms of energy consumed and produced,
considering the whole supply chain. The aim is not only to decrease the
CED of the system, but also to decrease the contribution of non-re-
newable energy sources. Therefore, in this paper we distinguish be-
tween renewable and non-renewable cumulative energy demand. The
result for the cumulative energy demand of the individual operating
modes is shown in Fig. 11. In the base scenario (2017), the production
of 1 kg hydrogen requires around 550 MJ along the whole system.
Under the second and third energy scenarios, the CED is reduced by
23% and more than 53%, respectively. Producing 1 MJ of H2 requires
around 4.6 MJ along the supply chain in the current scenario, but only
2.1 MJ in the best case scenario, 2050 (3000 full load hours). When
analyzing the indicator divided into the two subcategories, renewable
and non-renewable, it is possible to perceive that besides an improve-
ment in energy efficiency, there is also an increase in renewable energy
source’s contribution to the cumulative energy demand. In the current
situation, 77% of the CED has a non renewable source, which includes
fossil and nuclear energy. This value decreases by 15% when the
electricity is produced under the 2050 scenario with 3000 full load
hours. As in the case of GWP, we have included the CED from SMR as
reference. Although this process demands lower cumulative energy
along the supply chain compared to any other scenario, 99% of this
energy has a non renewable origin. Table 5 shows the potential en-
vironmental impact for each impact category under the three energy
scenarios. It can be noticed that the highest values for most categories
occur in the current scenario. However, there are two categories in
which the trend is different. Human toxicity decreases due to the phase-
out of lignite in scenario 2050 (8760 h) compared to the current sce-
nario, but it increases again in 2050 (3000 h) because of the high de-
mand of copper for the wind turbines. In the case of metal depletion,

the potential impact is larger both in 2050 (8760 h) and 2050 (3000 h).
Although there is an important reduction of metals (titanium, iridium)
used in the PEMWE stack from 2017 to 2050, total MD increases due to
the higher share of wind (copper) and PV (silicon, iron) energy in the
electricity mix. From these results shown in Fig. 9, we see that the
electricity mix is crucial for reducing most environmental impacts, al-
though it might lead to the increase of some other categories. In order
to better understand the reasons behind these effects, it is necessary to
further investigate the impacts of each energy technology in each

Table 5
Impact categories for PEMWE in 2017 and 2050.

Impact 2017 2050 2050
(unit) baseload baseload 3000 h

CC (kg CO2 eq.) 29.5 11.6 3.0
OD (10−6 kg CFC-11 eq.) 2.6 2.6 2.3
TA (10−2 kg SO2 eq.) 4.7 2.5 2.1
HT (kg 1,4-DB eq.) 24.8 3.9 5.6
POF (10−2 kg NMVOC) 3.4 2.0 1.3
PM (10−2 kg PM10 eq.) 1.6 1.2 1.1
MD (kg Fe eq) 0.53 0.93 1.5

Fig. 9. Impact assessment results per functional unit from the following sce-
narios: (a) 2017, (b) 2050 (8760 h), (c) 2050 (3000 h).
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energy scenario.
Fig. 10 shows the potential environmental impacts of producing

1 kWh of electricity in each energy scenario, taking into account the
different contribution of each energy technology. As expected from the
results shown in Table 5, most environmental impacts associated with
the production of 1 kWh of electricity decrease in the energy scenarios
with higher share of renewable energy sources. In 2017, the environ-
mental impacts are mostly associated with fossil energy sources such as
lignite and hard coal. Biomass and natural gas also contribute to the
acidification potential and photochemical ozone formation. In the en-
ergy scenario 2050 (8760 h), all impacts are driven by natural gas. In
some categories, such as climate change or ozone depletion, this energy
technology represents more than 90% of the total impact, while in other

categories, such as acidification potential or particulate matter, its
contribution does not exceed 50%. Lastly, in 2050 (3000 h), the lack of
natural gas as energy source leads to the reduction of most environ-
mental impacts. With a share of 35%, solar energy plays an important
role in most categories except in metal depletion, mainly associated
with wind energy.

Besides the potential environmental impacts included in a classic
LCA, the use of critical materials in the supply chains has recently be-
come a new important topic. The European Commission periodically
renews the list of critical materials. These depend on several para-
meters. The most important are:

• The importance of the material to the EU economy in terms of the
cost of material substitution (SIEI Index).

• The security of supply by the supplying regions depending on the
development of the respective government and trade performance.

Favorable substitution possibilities or reprocessing of these critical
raw materials have a risk-reducing effect on their evaluation in the
considered life cycle [82]. The platinum group metals are identified as
critical raw materials [83] in this study. It is estimated that the use of
iridium in the PEMWE stack can be reduced by 90% by 2050. The
platinum loading is reduced by 75%. To cover the H2 demand from the
energy model an installed PEMWE power between 7 GW in full-load
and 20 GW in the 3000 h scenario is necessary. With a typical stack
lifetime of 7 years the iridium demand (excluding recycling) is between
0.8 t and 2.1 t per year in Germany only. In contrast, the average
worldwide production rate of iridium, which is a co-product of pla-
tinum, is between 3.5 t [84] and 4 t per year [42]. Therefore, it is
crucial to reduce their amount if PEMWE is seen as a roll-out tech-
nology for future energy systems. In addition FCV will need a certain
amount of platinum for their fuel cell stacks. However, this is outside
our system boundaries.

6. Conclusion

We have reported that for different impact categories of hydrogen
produced by proton exchange membrane water electrolysis, the

Fig. 10. Further environmental impacts. All impact categories are related to 1 kWh electricity.

Fig. 11. A significant reduction in energy from non-renewable is observed
starting from 2017 until 2050. In contrast to that, the amount of energy from
renewable sources is only rising moderately.
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influence of system components plays a minor role. Our investigation
has shown that mainly the composition of the electricity mix de-
termines the impacts like global warming potential. A reduction of the
used materials causes only very little reduction in global warming po-
tential. Nevertheless, there is a clear influence of material reduction on
the critical materials. Three different operation modes of the proton
exchange membrane water electrolysis were investigated; for each, a
specific process electricity was developed. Further investigation shows
that hydrogen production with proton exchange membrane water
electrolysis in the future (2050) is definitely an alternative to conven-
tional steam methane reforming production. However, the operation
mode by proton exchange membrane water electrolysis is flexible en-
ough for fitting into hours with volatile electricity production having
very high shares of renewables. Due to the flexibility of the plants,
proton exchange membrane water electrolysis can play an important
role in integrating renewables. With the appropriate storage capacity,
surplus of hydrogen produced can be used for later re-conversion to
stabilize future energy systems or as fuel for fuel cell vehicle. By sub-
sidizing fossil oil in the private transportation sector, even in the
baseload scenario, global warming potential is reduced by 30%. Due to
the capability of flexible load behavior, proton exchange membrane
water electrolysis can contribute to a high reduction of greenhouse gas
emitted by the transportation sector by up to 80%, as we have shown.
However, our results are subject to the restriction of using existing
databases for the background data. These data are based on state of the
art or based on older processes. In order to depict future value chains,
which also use electricity in production steps, these data sets would also
have to be updated for reasons of consistency which is outside of our
focus. Therefore, feedback effects of future energy mixes regarding in-
direct emissions cannot be taken into account. For further investiga-
tions of innovative technologies, new datasets should be created which
allow increases of efficiency in the production of energy production
technologies e.g. solar panels through a lower emission factor of used
electricity. This would further reduce the global warming potential of
renewable hydrogen production by proton exchange membrane water
electrolysis.
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5.2 Proton Exchange Membrane Water Electrolysis at High Current

Densities: Investigation of Thermal Limitations

This section contains the study ”Proton Exchange Membrane Water Electrolysis at High Current

Densities: Investigation of Thermal Limitations” [117]. The article was submitted in September

2019 and published in December 2019 (online) / January 2020 (print) in the International Journal

of Hydrogen Energy after peer-review process. The publisher Elsevier grants permission to reuse

this article in this thesis.

The permanent web link to this article is https://doi.org/10.1016/j.ijhydene.2019.11.144 .

One possibility to address the problem of limited iridium availability for large scale PEMWE

installation in the future is the operation at significantly higher current densities as todays state-

of-the-art (which is ≈ 1.5 A/cm2 [11]). To maintain high efficiency at high current densities,

also the cell voltage needs to stay reasonably low (for reference: 1.79 V correspond to ηLHV =

70 %). This is feasible by reducing ohmic losses in the cell when using significantly thinner mem-

branes. In this study we show that it is technically possible to reduce the membrane thickness

from 178 µm (Nafion® 117) down to 30 µm (Nafion® XL), integrate such thin MEAs into cell

hardware (5 cm2 laboratory cell; see figure 23, panel a)) and reach very high current densities.

With MEAs based on Nafion® XL and current commercial standard catalysts and standard cata-

lyst loadings (Anode: Elyst Ir75 0480 by Umicore, Germany with 75 wt% iridium content, loading:

1.24±0,01 mgIr/cm
2; Cathode: 46.7 wt% Pt/C TEC10V50E by Tanaka, Japan on Vulcan XC72

carbon, loading: 0.33±0.10 mgPt/cm
2) it is possible to run the cell at up to 25 A/cm2 at corre-

sponding cell voltages of ≈ 3 V. Though this high cell voltage is not suitable for long term service,

the configuration allows operation at still very high current densities of 10 A/cm2 and moderate cell

voltages of 2.05 V (electric efficiency ηLHV = 61 %). However, operation at high current densities

around 10 A/cm2 is associated with high heat production in the cell from the remaining irreversible

losses. To analyze the temperature evolution in the MEA during high current density operation,

a one dimensional model of in-cell heat transport from MEA to flow field channels is built and

validated by in-situ temperature measurements inside the MEA. This is done by integrating thin

bare wire thermocouples into MEAs based on Nafion® 117. The experiments show temperature

differences from MEA to channel of up to 9.9 K at heat production rates of 7.8 W/cm2 at low water

flow rates of 2 ml/(min cm2) in the anode side flow field only and up to 2.4 K at heat production

rates of 7.9 W/cm2 at high water flow rates of 40 ml/(min cm2) in both anode and cathode side

flow fields. At high heat production rates, the model overpredicts the MEA temperature by about

50 %. However, the model is suitable for estimating the maximum MEA temperature at a certain

cooling water flow rate or for calculating the minimum water flow demand for sufficient cooling of

the cell. This means that for continuous operation of our Nafion® XL based MEA at 80 ◦C and

10 A/cm2 at an efficiency ηLHV = 61 %, a minimum anode side water flow of 25 ml/(min cm2)

would be necessary. If water flow is present on anode and cathode side of the cell, 10 ml/(min cm2)

are enough to keep the MEA below a critical temperature of 90 ◦C.
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� In-situ measurements of membrane electrode assembly temperature in PEMWE cell.

� High current density experiments with thin membranes up to 25 A/cm2.
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� Calculation of cooling flow demand dependent on cell heat production.
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a b s t r a c t

In this work the thermal limitations of high current density proton exchange membrane

water electrolysis are investigated by the use of a one dimensional model. The model

encompasses in-cell heat transport from the membrane electrode assembly to the flow

field channels. It is validated by in-situ temperature measurements using thin bare wire

thermocouples integrated into the membrane electrode assemblies based on Nafion® 117

membranes in a 5 cm2 cell setup. Heat conductivities of the porous transport layers, tita-

nium sinter metal and carbon paper, between membrane electrode assembly and flow

fields are measured in the relevant operating temperature range of 40 �C e 90 �C for

application in the model. Additionally, high current density experiments up to 25 A/cm2

are conducted with Nafion® 117, Nafion® 212 and Nafion® XL based membrane electrode

assemblies. Experimental results are in agreement with the heat transport model. It is

shown that for anode-only water circulation, water flows around 25 ml/(min cm2) are

necessary for an effective heat removal in steady state operation at 10 A/cm2, 80 �C water

inlet temperature and 90 �C maximum membrane electrode assembly temperature. The

measured cell voltage at this current density is 2,05 V which corresponds to a cell efficiency

of 61 % based on lower heating value. Operation at these high current densities results in

three to ten-fold higher power density compared to current state of the art proton ex-

change membrane water electrolysers. This would drastically lower the material usage and

the capital expenditures for the electrolysis cell stack.

© 2019 Hydrogen Energy Publications LLC. Published by Elsevier Ltd. All rights reserved.
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Introduction

Hydrogen production by proton exchange membrane water

electrolysis (PEMWE) driven by renewable energy could be an

environmental friendly alternative to fossil fuel based hydrogen

production in a future energy system [1]. PEMWE has several

advantages compared to alkaline and solid oxid electrolysis: It

features high dynamic range and fast load change capability [2].

Furthermore, it canrunindifferentialpressuremode.Highpurity

hydrogen can be produced at the cathode at elevated pressure

while the anode for the water splitting and oxygen evolution is

kept close to atmospheric pressure [3]. This operation mode,

together with a constant water transport due to electroosmosis

from anode to cathode, allows for a simplified system layout

where pure water is circulated at the anode side only at low

pressuresusingmainlyplasticpipingandmetal freecomponents

like water tanks or other parts of the system [4] tomaintain high

water quality. At the cathode side stainless steel fittings and

piping canbeusedat the cell outlet towithstandhighproduction

pressures up to several 10 bar or even more than 100 bar [5]

without the risk of contaminating the systemwithmetal ions [6].

Nevertheless, one of the most outstanding features is the high

current density that can be reached with PEMWE systems.

Several publications report valuesup to4A/cm2 [7,8], 10A/cm2 [9]

or even 20 A/cm2 [10]. The possibility to go up to high current

densities while maintaining reasonably high efficiency poten-

tially opens the field for appreciable reductions inmaterial usage

of thecell stack.Thiswould lower theenvironmental footprint [1]

and enables cost reduction of the PEMWE system [11] which is

desirable for the facilitation of a large scale implementation of

this technology.

However, high current density and consequential high

power density goes along with an increase of voltage losses

resulting in a significant heat production in the cell. The ques-

tion then arises up to which cell heat production rate a safe

operation without overheating of the cell or stack and the

membrane electrode assembly is possible. In this context,

Frensch et al. [12] point out, that elevated operation tempera-

turescan intensifydegradationeffects. Especially theminimum

flow requirements for thewater circulation in the flowfields for

thehandlingof a certainheat dissipation in the cell is of interest

for PEMWE cell stack and system architecture. To reveal the

influence of heat production rate onMEA temperature, a direct

measurement with an integrated sensor seems the best option.

In the closely linked field of proton exchange membrane fuel

cells (PEMFC) several publications address the topic of MEA

temperature measurement with sensors: He et al. [13] inte-

grated a thin film type sensor inside two Nafion® 112 mem-

branes tomeasure theMEAtemperature inreal-timeat0,2Vand

0,19 A/cm2. Another design was proposed by Ali et al. [14] with

thin film thermocouples deposited on Kapton foil on top of the

MEA in a polybenzimidazole-based high temperature proton

exchange membrane unit cell. Also flexible micro sensors

manufacturedonthinstainless-steel substrateshavebeenused

by Lee et al. [15]. Finally, thinwire thermocoupleswere used for

temperature measurements in PEMFCs by several authors

[16e20].Thisconcept seemstobeaviableoptionalso forPEMWE

cells. Nevertheless, in the field of PEMWE the publications that

deal with the thermal behaviour of the cell or stack during

operationaremainlysimulationbased:Grigorievetal. [21]made

adetailedmathematicalmodel ofaPEMWEcell tofindoptimum

values for critical operating parameters. Besides several other

findings they identifieda cell temperature increase from inlet to

outletof3Ktobeoptimal in termsofheatremovalbywaterflow.

Olesenet al. [22] useda3DPEMelectrolysis cellmodel to analyse

different flow field designs at current densities up to 5 A/cm2.

They found high in-plane temperature differences in the

membrane up to 20,2 K. Another modelling approach, which

also incorporates in cell heat transport, was done by Aubras

et al. [23] to examine the impact of two-phase-flow on PEMWE

behaviour. Furthermore, Ojong et al. [24] used a semi-empirical

fully-coupled performancemodel of a PEMWE cell to determine

the effect of operating temperature and pressure, inlet water

flowrate and porous transport layer (PTL) thickness on mass

transport limitations at high current densities up to 5 A/cm2.

Garcia-Valverde et al. [25] proposed a lumped thermal capaci-

tance model of a PEMWE stack for analyzing the temperature

evolution during operation. They also measured the stack bulk

temperatures and compared them to their model results for

transient operation modes, but did not analyse the internal

temperature distribution in the cell. A similar approach with

modeling and experimental validation was published by Agbli

et al. [26] focusing on the dynamic temperature trend in PEMWE

stack and water tank during operation. Finally, Bock et al. [27]

made a detailed finite elements 2D heat conduction model of

PEMWEand anion exchangemembranewater electrolyser cells

and used measured values for the thermal conductivity of

several different PTLs to calculate theMEA temperature and the

temperature distribution in the cell. Convective heat transfer

fromthesurfaceof thePTLs to thechannelswasnot considered.

They report temperature differences from the bipolar plate to

the center of the MEA from 7 K to 17 K. However, to our knowl-

edge there is no publication with a direct in-situ and operando

measurement of theMEA temperature inaPEMWEcell. Toclose

this gap and to be able to validate theoretical models we devel-

oped a specialized MEA with integrated temperature sensor

based on a thin bare wire type K thermocouple and compared

the measured data with a simple analytical 1D model. This

model incorporates also the convective heat transfer from the

PTL surfaces to the water flow in the channels and will be

described in the following.

Thermal cell model

Heat production rate

For the water splitting reaction at standard conditions a total

energy amount of DH0
298 ¼ 286 kJ/mol is necessary of which a

minimum amount of DG0
298 ¼ 237 kJ/mol has to be delivered in

form of electric energy. By application of the Faraday constant

the reaction enthalpy and Gibbs free energy can be related to a

certain cell voltage:

Emin ¼DG0
298

2,F
¼ 1; 23V (1)

Etn ¼DH0
298

2,F
¼ 1;48V (2)

The corresponding minimum cell voltage (equation (1)) for
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the start of the reaction is 1,23 V, whereas at least 1,48 V

(equation (2)) are necessary to deliver the total reaction

enthalpy. At operation between 1,23 V and 1,48 V the reaction

includes ambient heat to fulfill the total energy amount. Only

if the cell runs at voltages exceeding 1,48 V, also called ther-

moneutral voltage Etn, excess energy is set free in form of heat.

As indicated above the values of DH and DG depend on the

state of pressure and temperature. Nevertheless, at ambient

pressure and moderate temperatures below 100 �C the dif-

ferences are small [28]. Therefore, only the standard condition

values are used for further calculations. The heat production _u

in a PEMWE cell thus depends on the difference of the actual

cell voltage Ecell to the thermoneutral voltage Etn and on the

current density i at which the device is running:

_u¼ðEcell �EtnÞ,i (3)

Thermal balance

To establish the thermal balance of the PEMWE cell, all heat

and mass in- and outflows crossing the cell system boundary

have to be taken into account. Fig. 1 shows a graphic repre-

sentation of the cell and the flows crossing the system

boundary. Three main assumptions are made:

1. Adiabatic boundary condition: This assumption does not

hold for small single cells but is getting more realistic for

large active area format stacks with lower surface to vol-

ume ratio.

2. Negligible water consumption compared to water inflow:

Under typical operating conditions the total water inflow is

at least by a factor of ten higher than the water

consumption in the reaction. Thus, the inlet and outlet

water mass flows are assumed to be equal.

3. Negligible influence of gas outflow: The gas outflow also

transports a certain amount of heat out of the cell. But due

to the fact that the gas density is about a factor of thousand

lower compared to liquid water, the gas bound heat

transport is disregarded in the calculation.

This reduces the thermal balance of the cell to:

_u¼ _mH2O , cp;H2O,ðTout �TinÞ (4)

For a fixed inlet temperature Tin and a defined water mass

flow _mH2O the outlet temperature Tout can be calculated based

on the actual heat production rate _u and the specific water

heat capacity cp,H2O. Finally, also the cell mean temperature

can be calculated:

Tm ¼1
2
ðTout þTinÞ¼ _u

2 _mH2O cp;H2O
þ Tin (5)

Heat transport model - MEA to channel

However, the thermal balance of the cell just gives an integral

information about the outlet or mean cell temperature and

not about the internal temperature distribution. Fig. 2 shows a

closeup cross section of the internal structure of the PEMWE

cell used for the analysis in this study. The 5 cm2 active area

cell design is the same as described in Ref. [29]. The MEA is

placed between the porous transport layers, a carbon paper at

the cathode side (Toray TGP-H-120T without micro porous

layer, PTFE content of 20 wt%, uncompressed thickness of

370 mm and compressed thickness of 280 mm) and a titanium

sinter at the anode side (Mott Corporation, 50 % porosity and

thickness of 280 mm). On both sides the serpentine type flow

fields with channels of 1 mm width and depth and 0,7 mm

wide lands and single channel lengths (¼ straight part be-

tween sharp 180� deflections at the bottom and top) of 22 mm

complete the cell unit. According to the analysis done by Bernt

et al. [29] applying proper cell compression and using gold

coated flow fields produces about 10 mU cm2 of electric con-

tact resistance at the interfaces of the MEA and flow fields to

the porous transport layers (PTL). Hence, in a simple approach

there is 2,5 mU cm2 of contact resistance at each of the in total

four contact surfaces of the two PTLs. Another 2 mU cm2 ari-

ses by the bulk resistance of the carbon PTL [29]. The electric

resistance of the remaining parts, titanium sinter and the flow

fields, is negligible small. Using a Nafion 212 based MEA at an

exemplaric current density of 3 A/cm2 and 80 �C cell temper-

ature, Bernt et al. report a cell voltage of 1,72 V [29]. At this

particular operating point 85 % of the heat is produced inside

the MEA, another 6 % at the interfaces of the MEA to the PTLs,

and 9 % outside the MEA in the carbon PTL and at the in-

terfaces of PTLs to the flow fields. Based on these numbers

(91 % of the heat production takes place inside or at the sur-

face of the MEA) an important simplification of the heat

transport model can be done by assuming the full heat pro-

duction to occur inside the MEA.

As it is visible in Fig. 2, the flowfields are in direct contact to

the PTLs only at the top of the lands which is about 40 % of the

total flow field area. In order to use a 1D approach for the heat

Fig. 1 e Simplified PEMWE cell domain for establishing the

overall thermal balance for calculation of the outflow

temperature and mean cell temperature in dependence of

the water flow. The water consumption is usually small

compared to the total water flow and is therefore

neglected. Water inflow and outflow thus are assumed to

be equal. Furthermore, also the gas outflow of hydrogen

and oxygen is neglected and the cell is assumed to have

adiabatic borders.
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transport modelling, it is assumed that the land area has the

same total heat transfer coefficient from MEA to channel as

the channel area itself. This simplification can be justified by

the relatively short ways the heat has to be conducted in the

titanium land to reach the channel. At an exemplary heat

conduction distance of 0,3 mm and a thermal conductivity of

the titanium of about 16 W/(mK) the conduction heat trans-

port coefficient would be high in the region of 50 kW/m2. Thus,

the titanium land acts similar to a cooling fin which adds only

a small thermal resistance on the way from PTL to channel.

However, a correct calculation of the heat transport through

the solid titanium land would need a 2D model similar to the

analysis done by Bock et al. [27].

In our modelling approach to reach the channels the heat

produced in the MEA needs to cross the PTLs first and couple

into the water flow at the interface of PTL to channel. Both

processes have a certain heat transport coefficient or thermal

resistance. Their calculation is described in the following.

Heat transport inside the PTL
Although the PTLs are porous and a complex two-phase-flow

of water and gases takes place in their void volume, the main

heat transport mode is via solid phase heat conduction. Thus,

the PTLs are considered as beeing “dry” in terms of their

thermal conductivity. For typical conditions the water flow

crossing the MEA and the PTLs from anode to cathode via

electroosmosis is about six times of the water consumption

with electroosmotic drag coefficients around 3 mol H2O/

molHþat 80 �C and fully water saturated Nafion® type mem-

brane [30]. At the same time themolar gas flux of the hydrogen

evolved at the cathode is equal to the molar flux of the water

consumption whereas the oxygen molar gas flux evolved at

the anode is only half the value of the water consumption

molar flux. However, looking at the volumetric flow rates at

atmospheric pressure the hydrogen gas flow is about 1570

times the volumetric water consumption rate and the oxygen

gas flow is still 790 times the volumetric water consumption

rate. Therefore, inside the void fraction of the PTLs comparing

the flow rates of gases and water cross flow results in a

volumetric share during operation of less than 1 % water and

more than 99 % gas at both cathode and anode side. Table 1

contains the dry thermal conductivities l of both the un-

compressed carbon paper (C-PTL) and the titanium sinter (Ti-

PTL) for three temperatures within the typical operating range

of PEMWE cells:

The materials were measured at ZAE Bayern, division En-

ergy Efficiency, in Würzburg (Germany) using a Netzsch LFA

467 HyperFlash light flash system. As the PTLs are thin plates

with an edge-length of about 80 times their thickness d, the

stationary heat transport coefficient Up in W/(m2K) can be

calculated with equation (6):

Up ¼ l

d
(6)

Table 2 contains the calculated heat transport coefficients

for the two PTL materials. In the case of the carbon paper the

compression of about 25 % in the cell during operation may

have an influence on the thermal conductivity of the bulk

material. Nevertheless, the effect was assumed to be small

and was disregarded in the calculation. Thus, for the carbon

paper the dry and uncompressed values for l were used with

the compressed thickness of 280 mm for d.

The fluid and gas phase convective transport crossing the

PTLs is relatively small. For an exemplaric operating point at

65 �C PTL mean temperature, a temperature difference of 10 K

across the PTLs and 3 A/cm2, the maximum transferable heat

fluxes via product gases outflow and electroosmotic water

crossflow are listed in Table 3 and compared with the solid

phase conduction heat flux.

Fig. 2 e Cross sectional closeup view of membrane electrode assembly in the cell setup. All relevant parameters for

modelling the through plane heat transport from MEA to the channels are depicted.

Table 1 eMeasured thermal conductivities of applied PTL
materials at 40 �C, 65 �C and 90 �C in dry state.

T (�C) l C-PTL (W/mK) l Ti-PTL (W/mK)

40 1,66 8,61

65 1,72 8,72

90 1,80 8,72
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The solid phase conduction heat fluxes are several orders

of magnitude higher than the maximum transferable

convective heat fluxes of the produced gases and the water

crossflow by electroosmosis. Hence, only the solid phase

conduction is used to model the heat transport across the

PTLs.

Convective heat transfer from PTL to channel
After crossing the PTLs the further heat transport takes place

in form of a convective transfer from the PTL surfaces to the

water flow in the channels on anode and cathode side of the

cell unit. With the product gas bubbles entering as well, a

complex two-phase-flow takes place in the channels. How-

ever, due to the fact that the water flow is externally

controlled, the water flow rate does not change with the rising

gas fraction in the channels. Thus, it is assumed that the

convective heat transfer coefficient for a certain flow regime

and water flow rate without gas bubbles represents a mini-

mum value. The real heat transfer coefficients considering

two phase flow with bubbles should be higher due to more

pronounced turbulence in the flow at a given externally

controlled water flow rate. Nevertheless, for simplification of

the model the heat transfer coefficients are calculated using

correlations for single phase water flow.

In the channels turbulent or laminar flow can be present.

Using the dimensionless Reynolds number, which represents

the ratio of inertia forces to friction forces in the flowing

medium, a distinction of the flow regime can be done [31]. At

Reynolds numbers below the critical value of 2300 the flow is

considered laminar, above this value the flow regime is getting

more and more turbulent [31]. The parameters for calculation

of the Reynolds number are the mean flow velocity u, the

hydraulic diameter Dh of the channel and the kinematic vis-

cosity n of the medium:

Re¼uDh

n
(7)

In the serpentine flow field channels at Reynolds numbers

below 2300, laminar flow is present. The following correlation

by Stephan [32] is used here for the calculation of the

dimensionless heat transfer coefficient, the Nusselt number

Nu:

Nu ¼ 3;657

tanh

0
@2; 264 ~L

1
3 þ 1;7 ~L

2
3

1
A

þ 0;0499
~L

,tanh~L

1,10�4 < ~L<10

(8)

According to Ref. [32] ~L is used as a dimensionless coordi-

nate and is defined by equation (9) using the single channel

length L, the hydraulic diameter of the channel Dh and the

dimensionless Reynolds and Prandtl numbers:

~L¼ L
Dh Re Pr

(9)

As described in Ref. [31] the Prandtl number Pr is the ratio

ofmomentum, characterized by the kinematic viscosity n, and

the thermal diffusivity a:

Pr¼ n

a
(10)

At flow rates higher than 2 ml/(min cm2), hydrodynamic

entrance has to be considered. This is done by applying

following additional correlation by Stephan [32] to correct the

Nusselt number obtained by equation (8):

Nuh ¼ Nu

tanh

2
642;432

�
L

DRe

�1
6

3
75

(11)

Increasing the water flow rate to values over 10 ml/(min

cm2) at temperatures around 80 �C leads to Reynolds numbers

exceeding the critical value of 2300 for the specific channel

dimensions of the analyzed cells flow field. Starting from

these flow rates, the Gnielinski correlation [33] for turbulent

flow with combined (thermal and hydrodynamical) entrance

is used to calculate the dimensionless heat transfer

coefficient:

Nu ¼
x

8
ðRe� 1000ÞPr

1þ 12;7

ffiffiffi
x

8

r 0
@Pr

2
3 � 1

1
A

2
641þ

�
Dh

L

�2
3

3
75

0; 5<Pr<500; 2300<Re<106

(12)

The friction factor x for smooth tubes is calculated by the

Filonienko relationship [34]:

x¼ð1;82logRe� 1; 64Þ�2 (13)

After obtaining the dimensionless Nusselt numbers from

both correlations 8 and 12 the convective heat transfer co-

efficients a can be computed by using the thermal conduc-

tivity l of water at the local conditions (pressure and

temperature) and the hydraulic diameter of the channel Dh:

a¼Nu l

Dh
(14)

Ata reference temperature of 80 �Candexemplaryflowrates

Table 2 e Calculated heat transport coefficients of applied
PTL materials at 40 �C, 65 �C and 90 �C in dry state.

T (�C) Up C-PTL (W/m2K) Up Ti-PTL (W/m2K)

40 5930 30750

65 6140 31140

90 6430 31140

Table 3 e Maximum transferable convective heat fluxes
by product gas outflow and electroosmotic water
crossflow at 65 �C PTL mean temperature, 10 K
temperature difference and 3 A/cm2 compared with solid
phase conduction heat fluxes in applied PTL materials at
same conditions.

Heat flux inside/by (W/m2)

H2-gas-flow 45

O2-gas-flow 23

EO-water-flow 703

C-PTL 61400

Ti-PTL 311400
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of 2ml/(min cm2) (laminar) and 40ml/(min cm2) (turbulent) the

resulting convective heat transfer coefficients are 3800W/(m2K)

calculated with correlation 8, 4200 W/(m2K) with additional

hydrodynamic entrance correction factor 11and35200W/(m2K)

with correlation 12. In the special case of no active water cir-

culation at the cathode side, the water flow in the cathode flow

field is caused solely by water transported via electroosmosis

fromanode to cathode. For a current density of 3A/cm2 theflow

rate due to electroosmosis in the cathode flow field is 0,01 ml/

(min cm2). Thus, the convective heat transfer coefficient calcu-

lated by equation (8) is considerably lower than with active

water flow and reaches values around 2500W/(m2K).

MEA temperature calculation
Based on both above described heat transfer mechanisms the

resulting sum heat transfer coefficients for each side can be

calculated by:

Uan ¼
�

1
UPTL;an

þ 1
ach;an

��1

Ucath ¼
�

1

UPTL;cath
þ 1

ach;cath

��1
(15)

Finally, it is assumed that the water flow in both anode and

cathode channels has the same temperature. This should be

also true in the case of no active water circulation at the

cathode side: Due to the fact that in a cell stack the anode flow

field of the neighbouring cell with active water flow is situated

directly at the opposite side of the cathode flow field, also the

cathode flow field gets cooled from the water flow in the

neighbouring cell. Therefore, the calculation of the MEA

temperature is reduced to the following:

TMEA ¼ _uþ Tch,ðUan þ UcathÞ
Uan þ Ucath

(16)

In the 1D model the channel temperatures are set equal

to the mean water temperature in the cell computed by

equation (5) for calculation of the mean MEA temperature.

However, for the calculation of the maximum MEA temper-

ature the outlet temperature from equation (4) is used. In the

special case of the comparison of experimental and model

values, the channel temperature is set to the flow field

temperature measured by a sensor in the titanium flow field

plates 2 mm behind the channels (experimental setup is

described into detail in the following section). In the model

all material values influencing the transfer coefficients are

evaluated at the cell mean temperature obtained by equa-

tion (5). Again, in the case of the comparison of experi-

mentally measured MEA temperatures with model results

the measured flow field temperature is used as the reference

for the material values.

Experimental setup

MEA preparation

All tests were performed with 5 cm2 active area MEAs pre-

pared by a decal transfer method. As cathode catalyst for the

hydrogen evolution reaction platinum nanoparticles sup-

ported on highly disperse carbon (46,7 wt% Pt/C TEC10V50E by

Tanaka, Japan on Vulcan XC72 carbon) was used. For the

anode side oxygen evolution reaction an IrO2 based catalyst

(Elyst Ir75 0480 by Umicore, Germany with 75 wt% Iridium

content) on a TiO2 support was employed. Both catalysts were

prepared as inks by mixing catalyst powder, analytic grade

isopropanol and ultrapure water with Nafion® ionomer solu-

tion (20 wt% of ionomer content, type D2021 by IonPower,

USA) on a roller mill with 5 mm zirconia grinding balls for an

entire day. Subsequently the inks were coated on low adhe-

sive PTFE foil (50 mm by AngstþPfister, Germany) by the use of

a Mayer-rod coatingmachine. The decals (¼ electrode on PTFE

foil) were then hotpressed on the different membrane mate-

rials using always the same parameters (3 min at 155 �C and

2,5 MPa). The applied membranes were Nafion® 117 (180 mm

thickness), Nafion® 212 (50 mm thickness) and reinforced

Nafion® XL (30 mm thickness). To evaluate the catalyst loading

the PTFE decals were measured before and after hotpressing

with a microbalance (Mettler Toledo, Germany). For all MEAs

the anode catalyst loading was 1,24 ± 0,01 mgIr/cm
2 with an

ionomer content of 11,6 wt% relative to the total electrode. All

cathodes had loadings of 0,33 ± 0,10 mgPt/cm
2 with an ion-

omer to carbon ratio of 0,6/1.

Thermocouple integration in MEA

In order to measure the temperature inside the MEA during

electrolysis, a thin sensor was integrated in a specialized

setup presented in Fig. 3. A type K fine gage bare wire ther-

mocouple (Omega Engineering, USA) with a nominal wire

thickness of 75 mm and a junction thickness of 190 mm was

used as the sensor element.

To protect the thermocouple from the harsh environment

inside the MEA with pH values near 0 and to minimize influ-

ence on the thermoelectric potential by parasitic currents

from the electrodes or by potential shift due to proton

reduction on the metal surfaces, it needs to be electrically

insulated by a durable material. This was achieved by placing

the thermocouple in a PTFE micro tube with 300 mm inner

diameter and wall thickness of 150 mm (Conrad Electronic,

Germany). As depicted, the MEA was composed by two half

MEAs consisting of anode and cathode, each hotpressed on an

individual Nafion® 117 membrane. During cell assembly the

shielded sensor was placed in the middle of the active area of

the cell between cathodic and anodic half-MEA. Due to the

relatively large dimensions of the sensor element, it was not

possible to use thinner membranes. Earlier tests with thinner

thermocouples have all been unsuccessful because of the

susceptibility to mechanical failure. However, the final setup

was robust and stable and could be used during the several

days long test campaign without deterioration. As shown in

equation (16) the temperature of the MEA should depend on

the heat transfer coefficients on anode and cathode side

outside of the MEA and on the heat production rate inside the

MEA. Thus, in a first approximation for any cell-MEA combi-

nation at same heat production rates and heat transfer co-

efficients also the same temperature should be measured in

the MEA. Operation at high cell voltage and lower current
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density should thermally resemble high current density

operation at lower cell voltage, as long as the heat production

rates are equal in both cases. This makes it possible to use

thicker membranes with higher ohmic losses and conse-

quently steeper polarization curves for the specialized tem-

perature measurement setup instead of very thin MEAs with

low losses and flat polarization curves.

Test procedures

MEA temperature measurements
The MEA temperature measurements were done at two

different cooling water flow modes: A laminar low flow mode

with 2 ml/(min cm2) at the anode side only and a turbulent

high flow mode at 40 ml/(min cm2) on both sides of the cell.

The high flowmodemeasurements were performed on a fully

automated teststation with water recirculation pumps for

high water flows up to 2 l/min (HoribaFuelcon, Germany). In

contrast, the low flow mode measurements were performed

on another fully automated test station (Greenlight Innova-

tion, Canada) with direct preheated feed water injection (no

water recirculation) by a precise HPLC pump to achieve a

constant laminary flow in the flowfield without pressure

spikes. In both cases the endplates of the cell were heated by

cartridge heaters to 80 �C and also the water inlet temperature

was set to 80 �C. The flowfield temperaturewasmeasured by a

PT100 sensor placed in a drilled hole in the titanium flow field

block 2 mm behind the channels. The MEA temperature

sensor signal was processed by a handheld digital thermom-

eter (CHY Firemate, Taiwan) in order to have a floating mea-

surement circuit. After reaching steady state conditions the

zero current temperature was measured. Then the current

density was ramped up in steps of 1 A/cm2 up to a cell voltage

threshold of 3,5 V. Every current density level was held for 5

min and the resulting temperatures in MEA and flow field

were recorded. Both anode and cathode side were kept at at-

mospheric pressure during the whole test (besides a small

dynamic overpressure at the cell inlet due to high water flow

during high flowmode asmentioned in the following section).

High current density tests
The high current density tests were performed on the same

test station as the high flow mode MEA temperature mea-

surements with water flows of 40 ml/(min cm2) on anode and

cathode side. Thewater inlet temperature was set to 80 �C and

endplates were heated by cartridge heaters also to 80 �C to

achieve isothermal starting conditions. To maintain a high

water quality throughout the whole experiments the water

was pumped through deionizer cartridges (Leyco, Germany)

before entering the cell. Both anode and cathode side were not

statically pressurized. However, due to the high water flow

rate a small overpressure of about 75 mbar is present at the

inlet of the cell at zero current. After heating up the cell to

steady state thermal conditions each cell was tested for a

short circuit fault by applying 1 V and checking the current

response. With no short circuit present the system was

switched to current control mode and polarization curves

were recorded by ramping up the current starting from 20mA/

cm2 to 1 A/cm2 in five smaller steps and thenceforth in steps of

1 A/cm2 up to a cell voltage threshold of 3,1 V. All steps were

held for at least 15 s.

Results and discussion

Fig. 4 shows the measured temperature difference (contin-

uous lines) between MEA and flow field/channel and the

correspondent model results (dotted lines) for the same con-

ditions as in the experiment for the two different flow regimes

in the cell. The maximum heat production rate in the test was

7,8W/cm2 during low flowmeasurement (green lines, triangle

symbols) with anode side only circulation at 2ml/(min cm2)

and 7,9 W/cm2 during high flow measurement (blue lines, dot

symbols) with water circulation on both sides at 40 ml/(min

cm2). Bothmeasured curves show an equal trend: As expected

the temperature differences rise with increasing cell heat

production up to 9,9 K (low flow) and 2,4 K (high flow) in a

relatively linear course. Only above a heat production rate of

4,3 W/cm2 there is a deviation of the linear behaviour with

smaller increase in temperature difference. Themodel results

show a very linear behaviour with maximum temperature

differences of 13,8 K (low flow) and 3,6 K (high flow). However,

the relative differences between experiment and model re-

sults are comparatively high, especially at higher heat pro-

duction rates. For the low flow measurement the deviation is

between 32 % and 45 % and for the high flow measurement

between 16 % and 50 % in relation to themeasured values. The

model therefore very likely overestimates the MEA tempera-

ture. Possible reasons for the deviation and the non-linear

behaviour at higher heat production rates could be an inter-

action between gas production and heat transport from the

PTL surfaces to the channel. With more gas present, the

Fig. 3 e Cross sectional closeup view of 75 mm thin bare

wire type K thermocouple integrated in MEA. The MEA is

formed by two half MEAs based on two Nafion® 117

membranes with single electrodes laminated on only one

side each. To prevent influence on the thermoelectric

voltage during cell operation (potential shift by proton

reduction on metal surface or by parasitic current from

electrodes), the thermocouple is shielded by a PTFE

insulation hose.
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convective heat transfer coefficient could be enhanced due to

higher turbulence in the channels. This would as well be an

explanation for the higher initial model to measurement dif-

ference in the laminar low flow experiment compared to the

high flow experiment: The laminar flow convective heat

transport coefficients are about a magnitude lower than the

heat transport coefficients during fully turbulent flow. Thus,

even a rather small perturbation of the laminar flow should

result in elevated convective heat transport coefficients

compared to the undisturbed case with no gas bubbles pre-

sent. Also measurement errors could play a role in the origin

of the differences between model and experiment. As it is

visible in Fig. 4 the sensor inside the PTFE micro tubing is still

quite large compared to the MEA thickness (approximately

400 mm in wet state) which could result in inhomogeneities or

attenuation of the current density in the proximity of the

sensor and thus also in differences of the local heat produc-

tion rate compared to the undisturbed MEA area without

sensor element. Nevertheless, experimental and model re-

sults are still of the samemagnitude. This makes it possible to

use the model as a tool to estimate the maximum expectable

temperatures in a MEA during high current density operation.

The polarization curves obtained in the high current den-

sity tests with differentmembrane types are depicted in Fig. 5.

The high operating temperature of 80 �C allows for an overall

high efficiency of the cells, asmembrane resistance is lowered

and also activation losses are reduced [35]. It is clearly visible

that the ohmic losses are strongly reduced by using thinner

membranes which allows for a significant increase in current

density. The 180 mm thick Nafion® 117 based MEA (diamond

symbols) shows the steepest polarization curve. At a cell

voltage of 2,02 V, which corresponds to a cell efficiency of

about 62 % (LHV), the cell reaches a current density of 3 A/cm2.

At the upper cell voltage limit in the test (3,1 V) a maximum

current density of 7 A/cm2 is achieved. By changing the

membrane type from 180 mm Nafion® 117 to 50 mm Nafion®

212 the cell resistance, evaluated in the linear region of the

polarization curve between 3 A/cm2 and 4 A/cm2, is reduced

by 103 mU cm2. This MEA (triangle symbols) reaches 7 A/cm2

at 2,04 V and 18 A/cm2 at the upper voltage limit. The third

MEA (dot symbols) with the thin reinforced Nafion® XL

membrane (30 mm dry thickness) yields another 14 mU cm2 of

reduction in cell resistance and has the lowest losses and

reaches 10 A/cm2 at 2,05 V and 25 A/cm2 close to the upper

voltage limit at 2,9 V. The electric power density at this point is

72,5 W/cm2 at an electric cell efficiency of 43 % (LHV). Taking

2 V as the upper operation limit with still reasonable cell ef-

ficiency greater 60 % (LHV) and because of increasing degra-

dation effects for higher voltages, the current density could be

doubled with the Nafion® 212 membrane and evenmore than

tripled with the Nafion® XL membrane compared to Nafion®

117 which in turn offers the possibility to use only a third of

active cell area to achieve the same hydrogen output. Suffi-

cient stability of the cell and all of its materials provided, also

the region above 2 V at high current densities around 15 A/cm2

could be used for short time overload operation, which would

especially be interesting for the coupling to intermittent

renewable energies like wind turbines or photovoltaics where

high peak powers occur for only short times [36,37].

However, the thinner membranes can also cause problems

like higher cross permeation of product gases [38] or

Fig. 4 e Comparison of modeled (dotted line) andmeasured

(continuous line) temperature rise over cell heat

production for low flow (green) with 2 ml/(min cm2) anode

side circulation only and high flow (blue) with 40 ml/(min

cm2) anode and cathode side circulation. (For interpretation

of the references to colour in this figure legend, the reader

is referred to the Web version of this article.)

Fig. 5 e Cell polarization curves and corresponding cell

efficiencies (LHV) for high current density tests with

Nafion® 117, Nafion® 212 and Nafion® XL based MEAs.

Water inlet and cell endplate temperature 80 �C, ambient

pressure at cathode and anode side, water flows of 40 ml/

(min cm2) on anode and cathode side.
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insufficient mechanical stability [39]. Furthermore, the tem-

perature inside the MEA should not overshoot a certain limit

for the membrane material at the high current densities

achieved. According to Barclay-Satterfield et al. [40] the elastic

modulus of Nafion® membranes decreases significantly with

rising temperatures: In a dry state the elastic modulus at 90 �C
is only about a fourth of the value at room temperature and is

further reduced to 1 % at 110 �C. Therefore 90 �C is taken as the

upper operation limit of the MEA temperature in this analysis.

Fig. 6 shows the area specific heat production rate (calcu-

lated by equation (3)) during the high current density tests. It

can be noticed that at todays typical maximum current den-

sities (marked region) below 2,5 A/cm2 [28] the heat produc-

tion is low and reaches a maximum of about 1 W/cm2 with

Nafion® 117. With higher current densities also the heat

production rate increases significantly in a nonlinear way: At

10 A/cm2 the rate is 5,7W/cm2 with the Nafion® XL basedMEA

and 7,6 W/cm2 with the MEA based on Nafion® 212. The

highest heat production rate of 35,5 W/cm2 is reached at a

current density of 25 A/cm2 with the Nafion® XL based MEA.

Next to the heat production rate curves the maximum MEA

temperatures obtained by the model are noted for several

current density points for each MEA type. With the high water

flows of 40 ml/(min cm2) present on both sides of the cell, the

MEA temperature stays below 81 �C in the current density

range below 3 A/cm2 for all membrane types. The temperature

in the Nafion® 117 MEA is quickly rising with increased cur-

rent density but does not reach the limit of 90 �C. Both Nafion®

212 and Nafion® XL based MEAs show a slower increase in

temperature. The limiting temperature of 90 �C is reached at

an area specific heat production rate of 15,9 W/cm2. This

corresponds to 14,5 A/cm2 of current density for the Nafion®

212 based MEA and 17,5 A/cm2 for the Nafion® XL based MEA.

The calculated maximum temperature of 102,2 �C of the

Nafion® XL based MEA is probably unrealistic as the boiling

point of water should already be reached at the present at-

mospheric pressure conditionswhich identifies a limitation of

the model. However, maximum current densities around 10

A/cm2 should be realistic to achieve in future systems as the

cell voltage is not too high (2,05 V) and the maximum MEA

temperature can be kept fairly below the limit also at high

operating temperatures of 80 �C.
For the exemplary current density of 10 A/cm2 the calcu-

lated temperature profiles (mean values) in the cell are pre-

sented in Fig. 7 for anode side only water circulation with 40

ml/(min cm2) and in Fig. 8 for water circulation on both sides

Fig. 6 e Area specific heat production rate and model

results for maximum MEA Temperature during high

current density tests with Nafion® 117, Nafion® 212 and

Nafion® XL based MEAs. Water inlet and cell endplate

temperature 80 �C, ambient pressure at cathode and anode

side, water flows of 40 ml/(min cm2) on anode and cathode

side. The 90 �C limit for the MEA temperature is marked

yellow with diagonal marker lines. (For interpretation of

the references to colour in this figure legend, the reader is

referred to the Web version of this article.)

Fig. 7 e Model results for temperature profile MEA to

channel at 5,7 W/cm2 cell heat production and anode side

circulation only at 40 ml/(min cm2). Inlet temperature is set

to 80 �C. The corresponding current density would be 10 A/

cm2 with MEA based on Nafion® XL.

Fig. 8 e Model results for temperature profile MEA to

channel at 5,7 W/cm2 cell heat production and circulation

both anode and cathode side at 40 ml/(min cm2). Inlet

temperature is set to 80 �C. The corresponding current

density would be 10 A/cm2 with MEA based on Nafion® XL.
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with 40 ml/(min cm2). Between the two operating modes the

main differences are the lowered temperature level of the cell

(channel temperature 0,5 K cooler) and the steeper tempera-

ture gradient in the cathode carbon paper PTL due to the

higher convective heat transfer coefficient at the interface

between PTL to channel duringwater circulation at both sides.

Thus, during anode side circulation only the mean MEA

temperature is 1 K higher than with circulation on both sides

at the given conditions. This difference has to be considered

especially during PEM electrolysis system development for

choosing the right flow rate suitable for the selected system

design (single or both sides water circulation).

In order to summarize the findings of this study, Fig. 9

shows the necessary minimum flow rates for safe operation

within the thermal limits of a high current density PEMWE cell

or stack with MEAs based on Nafion® XL at a water inlet

temperature of 80 �C. The grey line (square symbols) marks

the necessary flowrate to compensate the water consumption

at the anode and the electroosmotic flow from anode to

cathode. The blue line (dot symbols) is the necessary mini-

mum flow rate to keep the temperature difference of cell inlet

to cell outlet lower than 5 K, under the premise that all heat

generated is transported out of the cell only by the cooling

water. Finally, the green line (triangle symbols) marks the

minimum flowrate to keep the maximum MEA temperature

below 90 �C. Flowrates exceeding 100 ml/(min cm2) (yellow

marked area) are considered unrealistic because of high flow

velocity in the channels and subsequently high pressure drop

over the flowfield. With water flow on both sides, the 5 K inlet

to outlet temperature difference criterion is decisive up to a

cell heat production of about 5W/cm2 or a current density of 9

A/cm2 with a MEA based on Nafion® XL. For higher heat pro-

duction rates and current densities the minimum flow rate

requirement for a limited maximum MEA temperature below

90 �C becomes the leading criterion. For anode side only water

flow the crossing point of both criterions is shifted towards

higher heat production rates and higher current densities. At

first sight this behaviour seems unexpected: For the same

water flow rate in the case of anode side only water flow the

MEA temperature is higher than for the anode and cathode

side water flow case as shown in Figs. 7 and 8. This would

actually shift the crossing point towards lower current den-

sities. However, for anode side only water flow the minimum

flow rate for keeping the cell inlet to outlet temperature dif-

ference lower than a certain value always needs to be twice

the flow ratewhichwould be necessary for anode and cathode

sidewater flow. Because this second effect outweighs the first,

in total the crossing point is shifted towards higher current

densities.

Conclusion

In this study we investigated the thermal limitation of high

current density operation of PEMWE cells. In order to reveal

the behaviour of in-cell heat transport from MEA to flow field

channels we built a simple cell thermal balance model and a

1D internal heat transport model. Furthermore, we conducted

in-situ measurements of the MEA temperature during cell

operation. We measured temperature differences from MEA

to channel of up to 9,9 K at heat production rates of 7,8 W/cm2

at low water flow rates of 2 ml/(min cm2) in the anode side

flow field only and up to 2,4 K at heat production rates of 7,9

W/ cm2 at high water flow rates of 40 ml/(min cm2) in both

anode and cathode side flow fields. Though the model over-

predicts the MEA temperature by up to 50 % at high heat

production rates, both model and measurements show

similar trend in temperature difference over heat production

rate. Thus, themodel is suitable as a tool to estimate the upper

limit of the maximum MEA temperature and the cooling flow

Fig. 9 eMinimum necessary circulation flow over cell heat production with water circulation at anode and cathode side (left)

and water circulation at anode side only (right). The green line (triangle symbols) marks the minimum flow necessary for

MEA temperature less than 90 �C. The blue line (dot symbols) marks the minimum flow necessary for cell inlet to outlet

temperature difference less than 5 K. Flows above 100 ml/(min cm2) are considered unrealistic due to high flow velocity in

the channels and subsequently high pressure drop in the flow fields. (For interpretation of the references to colour in this

figure legend, the reader is referred to the Web version of this article.)
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needed at high current density operation of PEMWE cells and

stacks. For three different MEA types based on Nafion® 117,

Nafion® 212 and Nafion® XL membranes high current density

tests were performed up to 25 A/cm2. The heat production rate

is nonlinear increasing with current density which limits the

upper steady state operation point. At a cell inlet temperature

of 80 �C with a Nafion® XL based MEA, operation around 10 A/

cm2 and 60 % efficiency (LHV) is possible at water flow rates of

25 ml/(min cm2) for anode side only circulation and 10 ml/

(min cm2) at anode and cathode side circulation to remove the

heat with less than 5 K temperature difference between cell

inlet and outlet and to keep the MEA temperature below 90 �C.
This allows for a reduction in active cell area to only one-third

compared to a Nafion® 117 based MEA. Higher current den-

sities are feasible (e.g. for short time overload operation), but

require very high water flow rates.
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5.3 Analysis of Gas Permeation Phenomena in a PEM Water Elec-

trolyzer Operated at High Pressure and High Current Density

In the following, the article ”Analysis of Gas Permeation Phenomena in a PEM Water Elec-

trolyzer Operated at High Pressure and High Current Density” [118] is presented. After submis-

sion in April 2020 and the peer-review process, the article was published in August 2020 in The

Journal of the Electrochemical Society. The article is under open access, distributed under the

terms of the Creative Commons Attribution 4.0 License (CC BY). The permanent web link is

https://doi.org/10.1149/1945-7111/abaa68 .

As described in the previous section 5.2, the use of thin membranes reduces ohmic losses in PEMWE

cells and thus enables high current density operation at high electric efficiency. In this context,

thin membranes are one major part of the solution for the problem of extensive material con-

sumption (especially iridium) which comes along with a multi-GW/year installation of PEMWE

systems for future large scale green hydrogen production. However, when using thin membranes

also the permeation losses in the cell increase. This is especially critical for the hydrogen which

permeates from cathode to anode and which is not recombined to water at the anode catalyst layer

during PEMWE operation. Thus, the permeated hydrogen persists in the anode side product gas

stream and forms a flammable gas mixture at concentrations above ≈ 4 % H2 in O2. In order to

investigate the occurring hydrogen permeation at high current density operation and high pressure

differences when using thin membranes, in this study experiments with MEAs based on Nafion®

117 (178 µm dry thickness) and Nafion® 212 (51 µm dry thickness) at 80 ◦C cell temperature are

conducted using a 5 cm2 PEMWE cell (see figure 23, panel a)) in a fully automated test station

coupled to an on-line mass spectrometer gas analyzer. To validate the setup, a first set of perme-

ation measurements without PEMWE operation (no current flow) at different hydrogen pressures

is conducted. The results show a linear dependency of the permeation rate on the H2 partial

pressure at the cathode and are in good agreement to an established electrochemical permeation

measurement technique where the losses by permeation are compensated by hydrogen production

(PEMWE) or electrochemically driven hydrogen transport against the pressure gradient (hydro-

gen pump). The observed hydrogen permeation rates are 0.31 mA/(cm2 bar) for Nafion® 117

and 1.10 mA/(cm2 bar) for Nafion® 212. In a second step, permeation measurements during

PEMWE operation are conducted with MEAs at hydrogen partial pressures between 1 bar and

30 bar and operation up to 5 A/cm2 with Nafion® 117 and up to 6 A/cm2 with Nafion® 212. In

agreement with literature data, a significant increase of the permeation rates with current density

is observed, most pronounced for low pressures. Furthermore, an increase of the cathode ionomer

content from standard 0.6/1 ionomer to carbon (I/C) ratio up to 1.2/1, which goes along with a

diminution of the void fraction of the electrode, increases the H2 permeation especially at high

current densities. However, using cathodes with low I/C = 0.6/1 limits the permeation increase

with current density at 30 bar cathode pressure to ≈ 16 % at 5 A/cm2. Using the results from the

permeation measurements allows for a calculation of the total cell efficiency, the product of electric

and faradaic efficiency, in dependence of the current density. For total cell efficiencies higher than

70 %, the operating range for Nafion® 117 is from 0.07 to 1.4 A/cm2 for Nafion® 117 based MEAs

and 0.23 to 3.1 A/cm2 with Nafion® 212. The corresponding dynamic stack power range is 0.11

to 2.5 W/cm2 (dynamic load spread factor of ≈ 23) for Nafion® 117 and ≈ 0.36 to 5.5 W/cm2

(dynamic load spread factor of ≈ 15) for Nafion® 212.
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In this study, on-line mass spectrometry is used to determine hydrogen permeation during proton exchange membrane water
electrolyzer (PEM-WE) operation for a wide range of current densities (0–6 A cm−2) and operating pressures (1–30 bar,
differential pressure). H2 permeation measurements with a permeation cell setup, i.e., without applying a current, show a linear
correlation between permeation rate and H2 partial pressure, indicating diffusion as the main crossover mechanism. Measurements
with full membrane electrode assemblies (MEAs) during PEM-WE operation reveal a significant increase of the gas permeation
rate at high current densities, by up to ≈20-fold at 1 bar H2 and up to ≈1.2-fold at 30 bar H2 (Nafion® 212 or Nafion® 117
membrane; Ir-black (anode) and Pt/C (cathode)). Recently, H2 super-saturation of the ionomer phase in the cathode catalyst layer
was shown to be the reason for this increase, and we discuss the impact of this effect for different electrode compositions and
operating conditions. Finally, the determined H2 permeation rates and electrolyzer performance are used to discuss the overall
PEM-WE efficiency for different membrane thicknesses and it is shown that the formation of an explosive gas mixture in the anode
at low current densities requires additional mitigation strategies.
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PEM water electrolysis (PEM-WE) could become a key compo-
nent in a future energy scenario based on renewable energy sources
by providing electrolytic hydrogen for energy storage as well as for
industrial processes and the mobility sector. Currently, only a small
share of the global hydrogen demand is served by PEM-WE due to
the relatively high costs associated with this technology.1,2 The
overall H2 generation costs depend on the operating costs which are
governed by the electricity price and the investment costs for the
PEM-WE system. While electricity prices from renewable energies
have dropped significantly in recent years, with on-shore wind
electricity at ≈0.06 US$/kWh in 2017,3,4 corresponding to electri-
city costs of ≈3 US$/kgH2 at 70% efficiency (based on the lower
heating value), reducing the investment costs for the PEM-WE stack
still presents a major challenge. Apart from reducing material costs
for stack components,5 increasing the current density can be a way to
lower costs by reducing the total cell area required to achieve a given
hydrogen production rate. Recent publications show that current
densities of 5 A cm−2 and above are feasible,6–8 which is signifi-
cantly higher than typical values for state-of-the-art systems
(1–2 A cm−2).9 However, ohmic losses, which are mostly attributed
to the membrane resistance, increase with current density and,
consequently, thinner membranes have to be used to retain a high
efficiency resulting in low operating costs (cf Results and Discussion
section for detailed analysis). On the other hand, thinner membranes
typically exhibit an increased gas crossover which presents a big
challenge for PEM-WE applications, since H2 is often produced at
elevated pressures,10 generally between 20 – 50 bar.5,9 However,
since H2 is usually stored and distributed as a compressed gas or in
the liquefied form,11 PEM-WE operation at elevated H2 pressure is
beneficial to reduce overall system cost.9,10 Permeation of H2 from
the cathode through the membrane to the anode compartment not
only reduces the faradaic efficiency of the electrolyzer, but can also
lead to the formation of explosive gas mixtures in the anode
compartment (the lower explosion limit for H2 in O2 is ≈4%),12

since H2 does not oxidize on the iridium oxide based anode
catalysts.13 O2 crossover is less critical, since O2 is usually produced

at ambient pressure and permeation rates are lower than for H2
14;

furthermore, O2 can reduce to H2O on the cathode catalyst, so that
the accumulation of O2 in the cathode compartment is minimal.15

In state-of-the-art PEM-WEs, perfluorosulfonic acid (PFSA)
membranes such as Nafion® are used because they are mechanically
robust and generally provide a good compromise between ohmic
resistance and low gas permeability. Gas permeation rates for Nafion®

membranes as a function of temperature, relative humidity, and
differential pressure have been studied extensively in the literature
using ex situ measurement techniques.16–22 However, recent studies
show that permeation rates are different when measured under actual
PEM-WE operating conditions and that they exhibit a significant
dependence on current density.15,23–25 This phenomenon has been
ascribed to a more complex water transport within the membrane
during operation,25 generally to a local pressure increase in the catalyst
layer or to H2 super-saturation.24 Additionally, the influence of
structural properties of the catalyst layer and the porous transport
layer (PTL) as well as the impact of different cell hardwares (applying,
e.g., different compressive forces on the membrane electrode assembly
(MEA)) is not fully understood yet24,26 and further research is required
to clarify how these factors influence gas permeation.

In this study, we use on-line mass spectrometry to determine H2

permeation rates during PEM-WE operation for a wide range of
current densities (0–6 A cm−2) and operating pressures (1–30 bar,
differential pressure) for MEAs with Nafion® 117 (thickness
≈178 μm) and Nafion® 212 (thickness ≈51 μm) membranes.
Based on these results, the overall efficiency and the operating
range of MEAs with different membrane thicknesses is discussed.

Experimental

Membrane electrode assembly (MEA) preparation and cell
assembly.—The 5 cm2 active area MEAs used in this study were
prepared by a decal transfer method that has been described
previously.7 Iridium black (Heraeus Metal Processing, Ltd.,
Ireland) was used as catalyst for the oxygen evolution reaction
(OER) on the anode with loadings of 0.9 ± 0.3 mgIr cm

−2, while
platinum supported on Vulcan XC72 carbon (45.8 wt% Pt/C;
TEC10V50E from Tanaka, Japan) with loadings of 0.3 ± 0.1 mgPt
cm−2 was used as a cathode catalyst for the hydrogen evolution
reaction (HER). The catalyst inks were prepared with catalyst
powder, solvent (2-propanol purity ⩾99.9% from Sigma Aldrich,zE-mail: maximilian.bernt@tum.de
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Germany), and Nafion® ionomer solution (20 wt% ionomer; D2021
from IonPower, USA). ZrO2 grinding balls (5 mm diameter) were
added for the 24 h mixing procedure on a roller mill. The ink was
coated onto a 50 μm thick PTFE foil (from Angst+Pfister,
Germany) using a Mayer-rod coating machine. To fabricate the 5
cm2 active area MEAs, the electrodes were cut to size and then hot-
pressed onto Nafion® 117/212 membranes (178 μm/51 μm thick;
from Quintech, Germany) for 3 min at 155 °C at a pressure of
2.5 MPa. The electrode loadings were calculated from the weight
difference of the PTFE decal before and after the transfer step,
measured with a microbalance (±15 μg; XPE105DR from Mettler
Toledo, Germany). The ionomer content was fixed at 8.9 wt% for the
anode while an ionomer to carbon (I/C) mass ratio between 0.6/
1–1.2/1 was used for the cathode electrodes.

As porous transport layers (PTLs), sintered titanium (Ti) (from
Mott Corporation, USA) with a porosity of ≈50% and a thickness of
280 ± 10 μm on the anode and carbon fiber paper (TGP-H-120 from
Toray, no MPL) with a thickness of 370 ± 10 μm on the cathode
were used. A 10 μm PTFE sub-gasket was used to prevent the MEA
from being cut by the sharp edges of the Ti PTL. The cell was sealed
with two 310 ± 10 μm thick PTFE gaskets to achieve a ≈25%
compression of the carbon PTL (corresponding to a compression of
≈1.7 MPa), whereby the Ti PTL is assumed to be incompressible.

Electrochemical characterization.—All tests were performed on
a Greenlight E40 Electrolyzer Test Station equipped with a
potentiostat and a booster (Reference 3000 and 30 °A booster,
Gamry). The absolute pressure on the cathode was varied between
1.47 and 30.47 bara, while the anode was kept at ambient pressure.
Taking into account the vapor pressure of water at 80 °C (0.47 bar)
this translates into H2 partial pressures between 1 – 30 bar on the
cathode. Note that in the following, all pressure values refer to the
H2 partial pressure and not to the total pressure in the cathode
compartment. Cell and reactant inlet temperatures were set to 80 °C
and DI water was supplied at a flow rate of 10 ml min−1 to the
anode. Hydrogen was supplied to the cathode and oxygen to the
anode at flow rates between 50 and 200 ml min−1 (note that all gas
flow rates are referenced to standard conditions of 0 °C and
1.013 bar). A ≈2 h lasting cell-warmup and a conditioning proce-
dure were performed before the measurements. During the con-
ditioning, the current density was ramped to 1 A cm−2 over 200 s
and held for 30 min. Three polarization curves with current densities
starting from 0.01 and increasing to 6 A cm-2 were recorded after-
wards. Each current density step was held for 5 min followed by an
AC impedance measurement in a range of 20 kHz–10 Hz to
determine the high frequency resistance (HFR). During the H2

permeation rate measurements the current density was varied
between 0–6 A cm−2 with hold times from 90–180 min for each
current step. Additional polarization curves were recorded following
the permeation measurement at each H2 pressure step as well as at
the end of test.

Hydrogen permeation rate.—The test setup used in this work to
determine the H2 permeation rates is based on the analysis of the H2

volume fraction (on a dry basis) in the O2 exhaust of the anode,
using a mass spectrometer (cf Fig. 1). A defined flow of dry H2 gas
can be supplied to the cathode inlet of the electrolyzer cell, while
defined flows of H2O and O2 gas can be supplied to the anode inlet.
The product gas at the anode outlet of the cell is typically a mixture
of H2O, O2, and H2 that permeates from the cathode compartment
through the membrane into the anode compartment. Water is then
separated from the product gas by a heat exchanger and a water
separator unit implemented in the test station (E40 from Greenlight,
Canada), as shown in Fig. 1). The dry product gas, consisting of a
mixture of O2 and H2 is then analyzed by a quadrupole mass
spectrometer (Cirrus™3 from MKS). Thorium filaments are used to
ensure a sufficient filament lifetime in the highly corrosive O2

environment. The capillary which supplies the gas to be analyzed to
the mass spectrometer requires a minimum flow of 20 ml min−1.

Consequently, if the O2 production rate during electrolyzer operation
is too low (i.e., at low current densities) or for the permeation cell
measurements (cf Fig. 2) where no O2 is produced at all, additional
O2 gas needs to be supplied in order to ensure sufficient gas flow to
the capillary. The amount of O2 supplied to the anode inlet (cf
Fig. 1) is regulated by a mass flow controller to achieve a total gas
flow at the anode outlet of at least 50 ml min−1. Furthermore, this
additional O2 flow prevents the formation of explosive gas mixtures
in the anode gas stream (lower explosion limit for H2 in O2: ≈4%12).
Of course, the additional O2 flow needs to be considered when
calculating the actual H2 in O2 content that would be obtained in a
PEM-WE (i.e., in the absence of adding O2 to the anode inlet) that is
shown in Fig. 8.

During the measurements, the anode compartment is kept at
ambient pressure, while the H2 partial pressure on the cathode is
varied between 1–30 bar. The pressure in the cathode compartment
is controlled by a back pressure regulator which requires a
continuous gas flow to maintain a constant pressure. Hence, an
additional H2 gas flow of 50 ml min−1 is supplied to the cathode
inlet during all measurements in order to ensure a sufficient gas flow
even at low current densities (i.e., at low H2 production rates) and
during the permeation cell measurements (cf Fig. 2). A more detailed
description of the MEAs and the transport processes taking place in
the cell can be found in the following sections for the respective test
setups.

Theory of Gas Permeation

In this section, the mass transport mechanisms which are
responsible for H2 gas permeation in a PEM-WE, namely diffusive
and convective transport are discussed briefly. For a more detailed
discussion of crossover mechanisms we refer to Ref. 27.

Diffusion.—In general, diffusion of H2 from the cathode to the
anode can occur through the polymer phase as well as the liquid
phase in ionomeric membranes.20 For Nafion® membranes the
contribution of diffusion through the polymer phase is very small
and it is generally assumed that diffusion through the liquid phase is
the dominating mechanism21; a quantitative separation of the
permeation of various gases through a Nafion® membrane was also
given by Mittelsteadt and Liu.20 The diffusive H2 flux according to
Fick’s law can be expressed as

Figure 1. Schematic flow diagram of the test setup used for gas permeation
measurements via mass spectrometry. Dry H2 gas can be supplied to the
cathode, while H2O and O2 can be supplied to the anode. Water is separated
from the product gases at the cell outlet by a heat exchanger and a water
separator. The dry product gas on the anode (a mixture of O2 and H2) is
analyzed by a mass spectrometer. Measurements are performed at a
temperature of 80 °C and at H2 partial pressures of 1–30 bar, while the
anode is being kept at ambient pressure.
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Here, DcH2 represents the H2 concentration gradient between anode
and cathode. Assuming a negligible H2 concentration in the anode
compartment compared to that in the cathode compartment, DcH2 is
directly proportional to the partial pressure of H2 in the cathode
compartment. DH

eff
2

is the effective diffusion coefficient of the
membrane which is a function of porosity and tortuosity,27 i.e., of
the water content of the membrane, while tmemb represents the
membrane thickness. Assuming a constant water content of the
membrane, the diffusive H2 flux is expected to scale linearly with the
H2 partial pressure on the cathode of the electrolyzer.

Convection.—Convective transport of H2 dissolved in liquid
water due to a net water transport through the membrane is another
possible mechanism of H2 crossover and can be described as27

· [ ]=N v c 2H
conv

H O H2 2 2

where uH O2 is the velocity of water moving through the membrane
and cH2 is the concentration of dissolved H2 in the water phase.
Differential pressure operation is a possible reason for a net water
transport and, consequently, a convective H2 flux from cathode to
anode. Here, the total pressure difference between cathode and
anode,DP, would be directly proportional to the H2 permeation rate
according to Darcy’s law27
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where pH cath,2 is the H2 partial pressure on the cathode, tmemb the
membrane thickness, and -DH

diff press
2

a transport coefficient which
depends on the permeability of the membrane, the solubility of H2 in
water, and the dynamic viscosity. If the pressure in the anode
compartment is much smaller than in the cathode compartment, the
partial pressure of H2, p ,H cath,2 equals approximately the total
pressure difference, DP, and the convective H2 permeation should
scale quadratically with p .H cath,2

Electro-osmotic drag of water is another possible source of
convective H2 transport. Here, water is transported from anode to
cathode, at a rate which is directly proportional to the amount of
protons transported, i.e., to the current density.27

· · [ ]=N D p i 4H
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H
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H ,an2 2 2

Here, i is the current density and pH an,2 the H2 partial pressure on the
anode while DH

drag
2

is a transport coefficient which depends on the
solubility of H2 in water and the electro-osmotic drag coefficient that
describes the ratio of the number of water molecules dragged along
per proton. Since convective transport of H2 due to the electro-
osmotic drag would occur from anode to cathode, it would actually
lead to a lower overall H2 crossover flux from cathode to anode and
would only affect it during electrolyzer operation, i.e., when a
current is drawn.

Note that in the following, the term “permeation” is used to
describe the measured H2 crossover from cathode to anode, even
though, strictly speaking, the term permeation would only apply to a
partial gradient driven transport (Eq. 1) and not to the convective
transport processes. Furthermore, H2 permeation rates are referenced
to the dry thickness of the membranes.

Results and Discussion

H2 permeation rates using permeation cell measurements.—
First, to validate the H2 permeation measurement method based on
the quantification of the H2 concentration in the O2 exit stream of the
anode compartment of a PEM-WE by mass spectrometric analysis,

Figure 2. (a) Sketch of the here developed test setup to measure H2 permeation
rates by quantifying the H2 content in the O2-rich anode gas using a mass
spectrometer. For this, H2 is supplied to the cathode (50 ml min−1), while the
anode is supplied with H2O (10 ml min−1) and O2 (50 ml min−1 for pH2 ⩽ 10 bar
and 100 ml min−1 for pH2 > 10 bar). (b) Sketch of the test setup used for
conventional electrochemical H2 permeation rate measurements. H2

(50 ml min−1) is supplied to the cathode, while the anode is supplied with
H2O (50 ml min−1) and N2 (50 ml min−1); the limiting current density obtained
at a potential of 0.4 V represents the H2 permeation current. (c) H2 permeation
rate as a function of H2 partial pressure on the cathode for a Nafion® 117
membrane (red) and a Nafion® 212 membrane (blue) determined with the test
setup shown in Fig. 2a. The H2 permeation rate for a Nafion® 212 membrane
determined with the electrochemical measurement method presented in Fig. 2b is
shown for comparison (green). The H2 partial pressure normalized H2 permeation
rate (in units of mA cm−2 bar−1) was determined by a linear regression of the
measured permeation rates (dashed lines).
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the H2 permeation rates through Nafion® membranes are measured as
a function of the H2 partial pressure. The thus determined H2

permeation rates are then compared with those determined by the
well-established electrochemical method to quantify H2 permeabil-
ities, which is based on the electrooxidation of H2 that is permeating
through an MEA with the same membrane from a H2-filled
compartment into a N2-filled compartment of a fuel cell or
electrolyzer cell.18,21

For the here used H2 permeation measurement method that is
based on quantifying the H2 concentration in the O2-containing
anode compartment, a Nafion® membrane is assembled between the
PTLs (Ti sinter on anode and carbon paper on cathode) in the cell
hardware (cf Fig. 2a). A mixture of O2 (50 ml min−1 for pH2 ⩽
10 bar and 100 ml min−1 for pH2 > 10 bar) and H2O (10 ml min−1)
is supplied to the anode inlet in order to ensure sufficient
humidification of the membrane as well as a sufficient gas flow to
the mass spectrometer (see Experimental section). On the cathode,
H2 gas is supplied at a flow rate of 50 ml min−1 and the H2 partial
pressure is varied from 1–30 bar while the anode is kept at ambient
pressure. A hold time of 15 min is applied for each pressure step to
give the system enough time to stabilize and to obtain a constant
signal in the mass spectrometer. Each pressure step is measured
twice (once while increasing the pressure and once while decreasing
the pressure), and the deviation between the obtained values was
always <0.4 mA cm−2 (≈0.02 mmol m-2 s−1). The averaged H2

permeation rates calculated from the mass spectrometer (MS) data
are shown in Fig. 2c as a function of H2 partial pressure for a Nafion

®

117 (referenced to a dry thickness of ≈178 μm) and a Nafion® 212
(referenced to a dry thickness of ≈51 μm) membrane. For both
Nafion® 117 (red symbols/line in Fig. 2c) and Nafion® 212 (blue
symbols/line in Fig. 2c), the permeation rate increases linearly with
H2 partial pressure. Furthermore, the H2 partial pressure normalized
permeation rate (i.e., the slope of the lines in Fig. 2c) of the thin
Nafion® 212 membrane (1.10 mA cm−2 bar−1) is a factor ≈3.5
higher compared to the Nafion® 117 membrane (0.31 mA cm−2

bar−1), exactly matching the inverse of the thickness ratio between
the two membranes (178 μm/51 μm ≈ 3.5). Both findings indicate
that diffusion-driven H2 permeation according to Eq. 1 is the
dominating process, since the H2 diffusion rate is directly propor-
tional to the H2 partial pressure and to the inverse of the membrane
thickness (cf Eq. 1). If convective transport due to the pressure
difference between anode and cathode were to have a significant
influence, a quadratic dependency on H2 pressure would be expected
(cf Eq. 3), which clearly is not observed in these measurement.

To validate the H2 permeation rates obtained by quantifying the
concentration of crossover H2 in O2 with the mass spectrometer
setup (cf Fig. 2a), we will now compare them with the results from
an electrochemical measurement technique frequently used to
determine H2 permeation rates.18,21 The setup for this measurement
is described in Fig. 2b. An MEA is fabricated with a Nafion® 212
membrane and carbon supported platinum (Pt/C) electrodes (≈0.3
mgPt cm

−2) with a standard ionomer/carbon mass ratio of 0.6/1 on
both sides of the MEA. This MEA is then assembled between the Ti
sinter and the carbon paper PTLs in the same electrolyzer cell
hardware, and N2 gas (50 ml min−1) along with water (5 ml min−1)
are supplied to the anode compartment while H2 (50 ml min−1) is
supplied to the cathode compartment. A positive potential of 0.4 V is
applied to the anode and, consequently, H2 permeating through the
membrane to the anode is oxidized to protons at the Pt catalyst (note
that the counter reaction in the H2 compartment is the H2 evolution
reaction), whereby the measured limiting current density represents
the rate of H2 permeation through the membrane. This measurement
was performed for H2 partial pressures from 1–30 bar and the results
are shown by the green symbols/line in Fig. 2c. The results fit
perfectly with the H2 permeation rate obtained for a Nafion® 212
membrane with the mass spectrometer setup (cf Fig. 2a). On account
of this excellent agreement between these two methods, we consider
our test setup based on a mass spectrometer to analyze the H2

content in the O2-rich anode gas suitable for H2 permeation

measurements during operation of a PEM-WE which will be
discussed in the next section.

H2 permeation rates during PEM-WE operation.—To determine
the H2 permeation rate during electrolyzer operation, i.e., as a function
of the applied current density, the setup shown in Fig. 3a is used. MEAs
are fabricated based on either a Nafion® 212 or a Nafion® 117 membrane.
The anode electrode consists of Ir-black (0.9 ± 0.3 mgIr cm

−2), while a
Pt/C cathode (0.3 ± 0.1 mgPt cm

−2) with a standard ionomer/carbon
mass ratio of 0.6/1 is used. The MEAs are assembled between Ti sinter
(anode) and carbon paper (cathode) PTLs in the cell hardware. After a
conditioning procedure described in the Experimental section, H2

permeation rates are measured for different current densities up to
5 A cm−2 for the Nafion® 117 membrane and up to 6 A cm−2 for the
Nafion® 212 membrane. The maximum current density is determined by
an upper potential limit of 2.4 V. Permeation rates at a current density of
zero are recorded while a potential of 1.3 V is applied to the iridium
anode. At this potential, the surface of the iridium catalyst is oxidized
and, consequently, exhibits a very low HOR activity.13 This is crucial,
since H2 oxidation on the anode would reduce the amount of H2

detected at the anode outlet by the MS and, therefore, would lead to an
underestimation of the H2 permeation rate. The current measured during
the potential hold at 1.3 V is <1 mA cm−2 (<0.05 mmol m−2 s−1),
proving that the HOR activity of the iridium catalyst is negligible, which
is a prerequisite for the here used H2 permeation rate measurements.
Furthermore, the potential hold at 1.3 V ensures that the anode catalyst is
never exposed to a reducing atmosphere. This is important since it was
shown that frequent cycling between a reducing and an oxidizing
atmosphere on the anode can lead to a significant alteration of
the catalyst properties, which could also influence H2 permeation
measurements.28

The obtained H2 permeation rates for H2 partial pressures
between 1 – 30 bar as a function of current density are shown in
Fig. 3b for a Nafion® 117 membrane and in Fig. 3c for a Nafion® 212
membrane. Full symbols along with full lines represent the data
measured while increasing the current density, whereas open
symbols along with dotted lines show the data obtained while
decreasing the current density. The error bars represent an overall
error of the H2 permeation measurement based on the accuracy of
the mass spectrometer, fluctuations of the operating conditions, as
well as uncertainties related to the active area in the cell (a detailed
explanation can be found in the Appendix). Brown crosses give the
H2 permeation rates measured with the permeation cell setup shown
in Fig. 2a. It can be observed that these values very closely match the
H2 permeation rates for the Nafion® 212 membrane measured for the
setup shown in Fig. 3a during the potential hold at 1.3 V (cf Fig. 3c,
comparing the brown crosses and the symbols at 0 A cm−2), while
they are up to ≈15% lower for the Nafion® 117 membrane (cf
Fig. 3b). A possible explanation for this deviation is an insufficient
humidification of the membrane in the permeation cell test setup
shown in Fig. 2a, where the membrane was equilibrated with liquid
water by supplying 5 mlH2O min−1 to the anode for ≈2 h. However,
studies on the water uptake of Nafion® membranes show that an
equilibration time of up to 150 h. can be required for a Nafion® 117
membrane at 80 °C.29 For the measurements performed with the test
setup shown in Fig. 3a, on the other hand, conditioning of the MEA
included a current hold at 1 A cm−2 as well as several polarization
curves. This not only results in a longer overall conditioning time,
but also the transport of water from anode to cathode due to the
electro-osmotic drag during electrolyzer operation is expected to
lead to a faster equilibration of the membrane. Since in general a
longer equilibration time is expected for a thicker membrane, this
could explain why a difference in H2 permeation rates at 0 A cm−2 is
observed for the Nafion® 117 membrane (≈15%, cf Fig. 3b), but not
for the Nafion® 212 membrane (cf Fig. 3c).

From Figs. 3b and 3c it can be observed that the H2 permeation
rate increases with the current density for both membranes. With
both membranes, there is a hysteresis in the H2 permeation rates,
with the values being lower while increasing the current density
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(solid symbols/lines) compared to when subsequently decreasing the
current density. A possible explanation for this phenomenon is that
even though a hold time of 90–180 min was applied at each
measurement point, the H2 permeation rate was still not completely
constant (i.e., it was still slowly increasing with time), especially for
the measurements taken while increasing the current density.

The relative increase of the H2 permeation rate with current
density is most pronounced for small H2 partial pressures. For an
MEA with the Nafion® 117 membrane, the H2 permeation rate at a
pressure of 1 bar reaches a value of 3.3 mA cm−2 at a current density
of 5 A cm−2, which is ≈15 times higher than the expected value at
this H2 partial pressure that is measured at 0 A cm−2. A similar
increase is observed for the Nafion® 212 membrane, where a value of
15.2 mA cm−2 is reached at a current density of 6 A cm-2, ≈20 times
higher than the value obtained at 0 A cm−2. For higher operating
pressures, the relative increase is smaller, with only ≈16% at
5 A cm−2 and 30 bar for the Nafion® 117 membrane, while the
permeation rate can be considered essentially independent of current
density (within the range of the measurement error) for the Nafion®

212 membrane at 30 bar. The observed increase of permeation rate
with current density has been shown frequently in the
literature,23,24,30 albeit to different extents, which indicates a strong
influence of the measurement method and/or the cell setup (cell
hardware, PTL, MEA, etc.,) on this phenomenon.26 Possible reasons
for this current dependency will be discussed briefly in terms of the
simple models for H2 transport through the membrane presented in
the Theory section. Diffusive flux of H2 according to Eq. 1 only
depends on the H2 concentration gradient between cathode and
anode, Dc ,H2 the membrane thickness, t ,memb and the effective
diffusion coefficient, D ,H

eff
2

i.e., it should not directly depend on
the current density. However, if one of the above mentioned
parameters were to be affected by the current density, this would
indeed lead to a current density dependence of the H2 permeation
rate. For example, there are in principle two possibilities to increase
the effective H2 concentration at/near the membrane/cathode inter-
face with increasing current densities, which have been discussed in
the literature14,23–25: either an increase in the local H2 partial
pressure at the membrane/cathode interface due to limited removal
rates of the evolved H2 or H2 super-saturation in the ionomer phase
at high H2 production rates (i.e., at high current densities). An
increased H2 concentration in the ionomer phase at/near the
membrane/cathode interface either by an increased pH2 or by H2

super-saturation would directly translate into an increase of the
diffusive H2 flow. With regards to the H2 diffusion coefficient, D ,H

eff
2

there are two possible effects which must be considered: (i) DH
eff

2
is

expected to increase with temperature, so that a local temperature
increase at the MEA due to the high amount of heat produced at high
current densities could lead to an increase of the H2 permeation rate;
(ii) a change in the water content of the membrane with current
density could also affect D .H

eff
2

Due to the electro-osmotic drag water
is transported from anode to cathode, which could lead to a more
homogeneous water distribution across the membrane at high current
densities. However, this may be negatively affected by differential
pressure operation and the corresponding hydraulic water transport
from cathode to anode. For the conceivable variations in MEA
temperature and membrane water content, one would expect,
however, that the variation of DH

eff
2
could not account for the above

described more than 10-fold increase in the H2 permeation rate.
Convective transport due to a total pressure difference between

cathode and anode was shown to be insignificant by the permeation
cell measurements presented in the previous section. There, the
permeation rate was found to be perfectly first order with respect to
pH2 (cf Fig. 2c), as predicted in the absence of a total pressure
difference driven flux (as discussed in the Theory section). Another
possible effect on H2 permeation could be the convective flux of
water due to the electro-osmotic drag that is a function of current
density. However, since the electro-osmotic drag of protons goes
from the anode to the cathode, dragging along H2O and thus H2

dissolved in H2O, it would lead to a lowering of the overall H2

Figure 3. (a) Sketch of the test setup used for H2 permeation measurements
with a mass spectrometer during PEM-WE operation. For this, H2 is supplied
to the cathode (50 ml min-1), while the anode is supplied with H2O
(10 ml min-1) and O2 (50 ml min-1 for pH2 ⩽ 10 bar and 100 ml min-1 for
pH2 > 10 bar). (b) H2 permeation rate as a function of current density for
different H2 partial pressures measured with a Nafion® 117 membrane at 80 °
C. (c) H2 permeation rate as a function of current density for different H2

partial pressures measured with a Nafion® 212 membrane at 80 °C. Full
symbols along with full lines in b) and c) represent the data measured while
increasing the current density, whereas open symbols along with dotted lines
show the data obtained while decreasing the current density. The electrodes
of the MEA consist of iridium black (0.9 ± 0.3 mgIr cm

-2) on the anode and
of Pt/C (0.3 ± 0.1 mgPt cm

-2) with a standard ionomer/carbon mass ratio of
0.6/1 on the cathode. Brown crosses give the H2 permeation rates measured
with the permeation cell setup shown in Fig. 2a, i.e., for the membrane
without electrodes.

Journal of The Electrochemical Society, 2020 167 124502

5 RESULTS

75



permeation rate from cathode to anode with increasing current
density, i.e., the opposite of what we observe. Hence, the effect of
the electro-osmotic drag is either negligible or is compensated by
other effects which lead to an increase of H2 permeation rate with
current density.

In recent studies, Trinke et al. suggested that H2 super-saturation
in the ionomer phase of the cathode catalyst layer is the main reason
for the increase of the H2 permeation rate with current density, and
that the extent of this increase depends on the mass transport
properties of the cathode catalyst layer.31 The authors changed the
ionomer content in the cathode and, consequently, the void volume
fraction of the catalyst layer; they found that with increasing
ionomer content the mass transport overpotential increased similar
to what was shown previously by Rheinländer et al.32 Additionally,
they observed a stronger increase of the H2 permeation rate with
current density for a higher ionomer content.31 While they ascribed
this to an increasing degree of H2 super-saturation in the ionomer
phase with current density, a partial pressure build-up at/near the
membrane/cathode interface could also explain this phenomenon. A
similar behavior was observed in the present study when the
ionomer/carbon (I/C) mass ratio in the cathode electrode was
increased from its standard value of 0.6/1 to higher values of 1.2/1
(cf Fig. 4). By increasing the cathode I/C ratio, the volume fraction
of ionomer in the cathode catalyst layer increases while its void
volume fraction decreases, as is shown in Fig. 4a. Here, the catalyst
volume fraction (Vcat; gray bars) is determined from the measured
catalyst loading (Lcat), the average density of the 45.8 wt% Pt/C
catalyst (ρcat ≈ 3.1 g cm−3), and the measured cathode layer
thickness (tcath), as outlined in detail in Ref. 7 For the calculation
of the ionomer volume fraction (Vion, brown bars), swelling of the
ionomer due to water uptake is accounted for by considering a water
content of λ = 21 (λ being the moles of water per mole of sulfonic
acid group) for the applied operating conditions (liquid water at 80
°C),29,33 which leads to a ≈80% volume increase of the ionomer
compared to the dry ionomer (for details, see Ref. 7). The void
volume fraction (Vvoid) then equates to Vvoid = 100% - Vcat - Vion,
which becomes rather small at an I/C mass ratio of 1.2/1 (white bars
in Fig. 4a).

This low void volume fraction and the high ionomer volume
fraction in cathode electrodes with high I/C ratios has two possible
consequences: (i) a low Vvoid will likely impede the removal of the
evolved H2 gas, which would lead to a partial pressure build-up at
the membrane/cathode interface and thus to an increase of the H2

concentration in the ionomer phase (as predicted by Henry’s law),
which in turn would increase the H2 permeation rate acc. to Eq. 1;
and/or (ii) a high Vion might lead to a restricted transfer of the
evolved H2 from the catalyst surface through the ionomer film
covering the catalyst surface into the open pore volume, which could
lead to H2 super-saturation in the ionomer phase, which in turn again
would increase the H2 permeation rate. While Trinke et al. suggest
that H2 super-saturation is responsible for the increase of the H2

permeation rate with current density,31 a local H2 pressure build-up
was also suggested to cause this effect. Both phenomena would lead
to an increase in the H2 permeation rate with increasing current
density, which would be expected to be increasingly more pro-
nounced with increasing I/C ratio of the cathode electrode. This is
indeed observed for the H2 permeation rate vs current density
recorded at 10 bar H2 shown in Fig. 4b: between 0 A cm−2 and
4 A cm−2, the H2 permeation rate increases by a factor of ≈1.4,
≈2.5, and ≈3.3 for cathode electrode I/C ratios of 0.6/1 (green
symbols/lines), 0.9/1 (purple symbols/lines), and 1.2/1 (dark red
symbols/lines), respectively. If this were simply due to a local H2

partial pressure build-up at the membrane/cathode interface
(pH2,local(i)), pH2,local(i) at 4 A cm−2 over that at 0 A cm−2 would
have to increase by the same factor. As pH2,local at 0 A cm−2 must
correspond to the H2 partial pressure in the cathode compartment
(pH2,cathode), the H2 partial pressure difference between the cathode
compartment and the membrane/cathode interface at a given current
density (Δpcathode(i)) would then correspond to pH2,local(i) - pH2,cathode.

Based on this, the increase of the H2 permeation rate between
0 A cm−2 and a given current density would be proportional to
Δpcathode(i)/pH2,cathode, which for the observed increase of the H2

permeation rate between 0 and 4 A cm−2 at 10 bar (see above) would
amount to Δpcathode(i) ≈ 4 bar, ≈ 15 bar, and ≈ 23 bar, for the
cathode electrode I/C ratios of 0.6/1, 0.9/1, and 1.2/1, respectively.

Assuming that Δpcathode(i) produced by a hindered H2 transport
through the void volume of the cathode electrode for a given cathode
electrode I/C ratio (i.e., for a given Vvoid) were independent of the
total H2 pressure in the cathode compartment (pH2,cathode), the
relative increase of the H2 permeation rate between 0 A cm−2 and
a given current density would again be expected to be proportional
to Δpcathode(i)/pH2,cathode, so that it should diminish as pH2,cathode
increases. This would be consistent with the observations shown in
Fig. 3b and 3c, where the relative current density dependence of the
H2 permeation rate diminishes with increasing pH2,cathode. While this
local H2 pressure build-up seems to be a reasonable explanation for

Figure 4. (a) Cathode catalyst layer volume fractions for three different
ionomer to carbon (I/C) ratios (by mass). Vcat represents the volume fraction
of the Pt/C catalyst, Vion the volume fraction of ionomer equilibrated with
liquid water at 80 °C, and Vvoid the remaining electrode void volume. These
were determined by measuring the thickness and the areal weight of the
cathode catalyst layers (see text and reference7). (b) H2 permeation rate as a
function of current density for cathode electrodes with different I/C ratios
measured with a Nafion® 117 membrane at 80 °C and a H2 partial pressure of
10 bar. Full symbols along with full lines represent the data measured while
increasing the current density, whereas open symbols along with dotted lines
show the data obtained while decreasing the current; the MEAs are composed
of iridium black (0.9 ± 0.3 mgIr cm

-2) on the anode and of Pt/C (0.3 ± 0.1
mgPt cm

-2) on the cathode. The brown cross marks the H2 permeation rate
measured with the permeation cell setup shown in Fig. 2a, i.e., for the
membrane without electrodes and without applied current.
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the increase of the H2 permeation rate with current density, the effect
of H2 super-saturation is another possible explanation.

In terms of the practical application of PEM-WEs, a substantial
increase of the H2 permeation rate with current density could be
problematic, since it would result in a lower faradaic efficiency and
could lead to the formation of a sufficiently high H2 concentration in
the anode gas even at high current densities, possibly exceeding the
explosive limit. To illustrate the extent of an increasing H2

permeation rate with current density, the H2 permeation rates
determined for Nafion® 117 MEAs with either the standard cathode
electrode I/C ratio of 0.6/1 (solid symbols/lines) or with the highest
here examined I/C ratio of 1.2/1 (open symbols, dotted lines) are
plotted in Fig. 5a for two different H2 pressures in the cathode
compartment (pH2,cathode): (i) for a H2 partial pressure of 1 bar
(purple symbols/lines), where the strongest increase of the H2

permeation rate with current density is observed, and (ii) at an
application-relevant PEM-WE operating pressure of 30 bar (tur-
quoise symbols/lines). As expected, the increase of the H2 permea-
tion rate with current density is more pronounced for cathode
electrodes with the high I/C ratio of 1.2/1 compared to the standard

I/C ratio of 0.6/1, both for 1 bar as well as for 30 bar. This clearly
demonstrates the importance of designing cathode electrodes with an
as low as possible I/C ratio, whereby for the standard cathode
electrode I/C ratio of 0.6/1e proton conduction related voltage losses
at 80 °C are <10 mV at 3 A cm−2..7 The relative H2 permeation rate
at pH2,cathode = 1 bar shown in Fig. 5b increases rather dramatically
from 0 to 4 A cm−2, namely by a factor of ≈9 (cathode I/C of 0.6/1)
and ≈25 (cathode I/C of 1.2/1), consistent with the strong current
density dependence of the H2 permeation rate at 1 bar reported in the
literature.24,30 While a similarly high factor at pH2,cathode = 30 bar
would lead to very poor if not unacceptable faradaic efficiencies, the
relative increase of the H2 permeation rate at 30 bar is fortunately
quite small, corresponding to a factor of only ≈1.1 (cathode I/C of
0.6/1) and ≈1.6 (cathode I/C of 1.2/1). This shows that at realistic
PEM-WE operating conditions (i.e., at a H2 pressure of 30 bar) and
for a cathode electrode which is optimized with regards to its mass
transport properties (i.e., with regards to its I/C ratio), the increase of
the H2 permeation rate with current density is almost negligible. In
the following section, we will discuss the impact of the measured H2

permeation rates on the efficiency and the operating range of a PEM-
WE.

PEM-WE efficiency and operating range.—In this section, the
measured H2 permeation rates will be used to discuss the overall
efficiency and the feasible operating range of a PEM-WE for the
membranes with different dry thicknesses investigated in this study
(Nafion® 117 and Nafion® 212 with ≈178 μm and ≈51 μm,
respectively). In today’s PEM-WEs, relatively thick membranes (e.
g., Nafion® 117) are used, because they are mechanically robust and
provide a good compromise between ohmic resistance and low gas
permeability.34 However, thinner membranes offer a high potential
for reduction of H2 generation costs,1 as will be illustrated in the
following.

Figure 6a shows a PEM-WE polarization curve of an MEA with
a Nafion® 117 membrane at a temperature of 80 °C and a H2 partial
pressure of 30 bar in the cathode compartment (the anode compart-
ment is kept at ambient pressure), which today would be operated at
a maximum current density of 1 – 2 A cm−2 in a commercial
electrolyzer.9 In general, increasing the current density can be a way
to lower H2 generation costs by reducing the total cell area required
to achieve a given target H2 production rate, i.e., lowering the capital
expenditures. However, at higher current densities the cell voltage
increases significantly due to the high ohmic resistance of the thick
proton-conducting membrane, leading to a lower efficiency. This is
illustrated by the following voltage loss analysis, that was performed
analogous to how it was done in our previous work.7 Briefly, the
overpotential for the OER (ΔEOER) was determined by a Tafel
analysis, based on a Tafel slope of ≈45 mV dec−1 (determined in the
10–100 mA cm−2 region) and a mass activity of ≈63 A gIr

−1

(determined at an iR-free cell voltage of 1.5 V) and is represented
by the purple shaded areas in Fig. 6. Due to the fast kinetics of the
HER, the resulting HER overpotential (ΔEHER) is negligible as
shown in our previous studies.7,35 The overpotential due to ohmic
losses (ΔEohmic) was determined by multiplying the ohmic resis-
tance with the current density (ΔEohmic = i·RΩ) and is illustrated by
the orange shaded areas in Fig. 6. The ohmic resistance (RΩ)
represents the sum of the ionic resistance of the membrane
(Rmemb) and the electrical resistance (Rel) and is obtained by
extracting the high frequency resistance (HFR) from the measured
impedance spectra. The remaining overpotential (ΔE transport), i.e.,
the difference between the measured cell voltage (Ecell) and the sum
of the reversible cell voltage (Erev), the OER overpotentials (ΔE
OER), and ohmic losses (ΔEohmic), is attributed to transport phe-
nomena (ΔE transport = Ecell - (Erev + ΔE OER + ΔEohmic)). This
includes voltage losses due to proton transport in the catalyst layers
( +R ,H ,an

eff
+RH ,cath

eff ) as well as mass transport losses (ΔEmt)
7 and is

represented by the green shaded areas in Fig. 6.
This analysis of the various voltage loss contributions shows that

at the highest current density of 5 A cm−2 ≈ 64% of the total voltage

Figure 5. (a) H2 permeation rate vs current density for cathode electrodes
with a standard I/C ratio of 0.6/1 (solid symbols/lines) and a high I/C ratio of
1.2/1 (open symbols, dotted lines) measured with a Nafion® 117 membrane at
80 °C and H2 partial pressures of either 1 bar (purple) or 30 bar (turquoise).
Here, the average value of the data points measured while increasing and
decreasing the current is shown. Brown crosses give the H2 permeation rates
measured with the permeation cell setup shown in Fig. 2a, i.e., for the
membrane without electrodes and without applied current. (b) H2 permeation
rates for the same cathode electrodes and operating pressures as in a)
normalized by the permeation rates obtained at zero current. The MEAs are
composed of iridium black (0.9 ± 0.3 mgIr cm

-2) on the anode and of Pt/C
(0.3 ± 0.1 mgPt cm

-2) on the cathode.
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loss are due to ohmic losses (ΔEohmic) that are mostly due to the
proton conduction resistance of the thick Nafion® 117 membrane
(see orange shaded area in Fig. 6a). Since the electrical resistance
represents only a small fraction of the ohmic resistance (≈12 mΩcm2

for the setup used in this study7), reducing the ionic membrane
resistance offers the largest leverage to improve high current density
performance. Figure 6b shows the result of reducing the membrane
thickness by a factor of ≈3.5 by using a Nafion® 212 (51 μm dry
thickness) instead of the Nafion® 117 (178 μm dry thickness). With
the thinner membrane, the ΔEohmic contribution at the highest
current density of 5 A cm−2 is lowered by a factor of ≈2, now
accounting for only ≈44% of the total voltage loss. Simultaneously,
at the frequently used voltage efficiency target of 70% based on the
lower heating value (LHV) of H2 (corresponding to ≈1.79 V), the
current density increases from 1.6 A cm−2 to 3.5 A cm−2 (see red
and blue dashed lines in Fig. 6), i.e., by a factor of ≈2.3 for the MEA
with the thinner Nafion® 212 membrane. This increase of the stack’s
H2 output translates directly into a stack cost reduction by a factor of
≈2.3 while the same voltage efficiency is retained. From this
example, it becomes clear that minimizing the membrane thickness
offers great potential for cost reduction.

While the voltage efficiency of a thin Nafion® 212 membrane is
quite superior, it obviously exhibits a higher H2 permeation rate
which results in a lower faradaic efficiency, especially if the
electrolyzer is operated at elevated pressure. In general, however,
pressurized electrolysis is beneficial compared to ambient pressure
operation, because it reduces the energy demand for subsequent
mechanical compression as well as the effort for gas drying due to
the lower water content at higher pressure.1,36 Typical operating
pressures of commercial PEM-WEs are in a range of 20–50 bar,9,37

and a H2 partial pressure of 30 bar is chosen here for the following
analysis. The overall efficiency taking into account the voltage
efficiency as well as the faradaic efficiency is presented in Fig. 7a for
MEAs based on a Nafion® 117 membrane (red lines in Fig. 7a) and a
Nafion® 212 membrane (blue lines). The voltage efficiency based on
the LHV of H2, h ,voltage can be calculated by dividing the reaction
enthalpy for water in its gaseous state, DH0 (−242 kJ mol−1,
corresponding to an LHV-equivalent voltage of 1.25 V) by the
actual electrical energy input determined from the operating cell
potential, E :cell

· · [ ]h =
-DH

E2 F
5voltage

0

cell

The dashed lines in Fig. 7a show the voltage efficiency, h ,voltage at a
H2 partial pressure of 30 bar, at ambient anode compartment
pressure, and at a temperature of 80 °C, as determined from the
measured polarization curves in Fig. 6 in combination with Eq. 5.
Obviously, the MEA with the thin Nafion® 212 membrane (blue line)
exhibits a higher voltage efficiency than that with the thick Nafion®

117 membrane, especially at high current densities, due to the lower
ohmic resistance as already discussed in Fig. 6.

On the other hand, the faradaic efficiency can be calculated as

[ ]h =
- -i i i

i
6faradaic

cell H O

cell

2 2

where icell is the current density at which the cell is operated—
corresponding to a certain theoretical H2 production rate—and iH2

and iO2 are the H2 and the O2 permeation current densities in units of
mA cm−2. Let us first estimate the relative contribution of iO2

compared to iH2 for the here considered PEM-WE operation with pH2

≈ 30 bar in the cathode compartment and with ambient pressure in
the anode compartment (corresponding to pO2 ≈ 0.5 bar at 80 °C),
first looking into the case where no electrolysis current is applied:
even though iO2 in PFSA membranes is very similar to iH2 at equal
partial pressures of O2 and H2 (note: while the O2 permeability is ≈2
times lower than that of H2,

14 each mol of O2 consumes two moles
of H2 upon its reaction to H2O on the cathode catalyst), the ≈60-fold

higher partial pressure of H2 compared to O2 equates to a ≈60-fold
lower iO2 compared to i .H2 Therefore, under these pressure conditions
and at 0 A cm−2, iO2 is negligible compared to i .H2 On the other hand,
under PEM-WE operation at ambient anode compartment pressure,
the O2 permeation rate was found to increase by a factor of ≈17
between 0 and 2 A cm−215 (analogous to what is observed for the H2

permeation rate; cf Fig. 5b), so that on the basis of this report the
ratio of iH2 over iO2 is projected to change to ≈3/1 at 2 A cm−2.
While this would not be entirely negligible anymore, the contribu-
tion of iO2 to the overall faradaic efficiency at >1 A cm−2 can
nevertheless be neglected, since the faradaic efficiency is well above
95% at current densities of >1 A cm−2. Therefore, we have
neglected iO2 in the following calculation of the faradaic efficiency
that is based only on the current dependent H2 permeation rates

Figure 6. PEM-WE single-cell (5 cm2) polarization curves at a temperature
of 80 °C and a H2 partial pressure of 30 bar (the anode compartment is kept at
ambient pressure) obtained for MEAs with thick vs thin membranes: (a) with
a Nafion® 117 (178 μm dry thickness; red solid line); (b) with Nafion® 212
(51 μm dry thickness; blue solid line). The electrodes of the MEA consist of
iridium black (0.9 ± 0.3 mgIr cm

-2) on the anode and of Pt/C (0.3 ± 0.1 mgPt
cm-2) with a standard ionomer/carbon mass ratio of 0.6/1 on the cathode. The
dotted black lines mark the reversible cell voltage at these conditions
(1.23 V), while the purple shaded areas represent the OER kinetic over-
potential losses (ΔEOER), the orange shaded areas mark the ohmic potential
losses (ΔEohmic), and the green shaded areas represent the overpotentials due
to proton conduction resistances in the electrodes and mass transport
resistances of the evolved gases (ΔEtransport). The dashed black lines
represent a voltage efficiency of 70% based on the lower heating value
(LHV) of H2, and the current density at which this voltage efficiency is
reached is marked for the Nafion® 117 membrane (red) and for the Nafion®

212 membrane (blue) in Fig. 6b (note that the voltage efficiency discussed
here does not include the faradaic efficiency which is discussed in the
following).
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taken from Fig. 3 (using the average value of the measurements
taken at increasing and decreasing current density), and which is
represented by the dotted lines in Fig. 7a. As expected, the faradaic
efficiency is higher for the MEA with the thick membrane,
especially at <0.5 A cm−2, where the H2 production rate is relatively
low compared to the losses due to H2 permeation; again, as argued
above, the contribution of iO2 to the faradaic efficiency is negligible
at such low current densities for the here considered PEM-WE
operation at a H2 partial pressure of 30 bar and ambient pressure in
the anode compartment.

The overall efficiency, taking into account voltage losses as well
as losses due to H2 permeation can now be calculated as

· [ ]h h h= 7total voltage faradaic

and is represented by the full lines in Fig. 7a. An optimum in total
efficiency of 77% is achieved for the MEA based on a Nafion® 117
membrane at a current density of ≈0.3 A cm−2. For the Nafion® 212
membrane, a maximum in efficiency of 75% is obtained at a
significantly higher current density of ≈0.8 A cm−2. In general,
the MEA with the thick Nafion® 117 membrane shows a higher
efficiency compared to the thin Nafion® 212 membrane at low
current densities, where losses due to H2 permeation are the
dominating effect (as discussed above, the contribution by iO2 is
projected to be negligible at <1 A cm−2). At high current densities,
on the other hand, ohmic losses are dominating the overall efficiency
while faradaic losses are almost negligible. Consequently, the MEA
with the thin Nafion® 212 membrane exhibits a higher efficiency at
current densities above ≈0.7 A cm−2. Considering that operation at
high current densities is preferred to reduce the electrolyzer stack
costs, a thin membrane would always be favorable in terms of
efficiency.

However, besides of the maximum efficiency at a certain
operating point, the dynamic operating range, i.e., the range of
current densities over which an electrolyzer can be operated, is
another important factor for the application of PEM-WEs, especially
in the context of an increasing share of renewable energy sources
and the resulting intermittent energy output. Defining a minimum
total efficiency of 70% (LHV basis) as a target for PEM-WE
operation, the MEA with the thick Nafion® 117 membrane could be
operated in a range from 0.07 – 1.4 A cm−2 (cf red dashed bar in
Fig. 7b) and the MEA with the thin Nafion® 212 membrane in a
range from 0.23–3.1 A cm−2 (cf blue dashed bar in Fig. 7b).
Translated into a dynamic stack power range (Pstack = Ecell ×
icell), this corresponds to ≈0.11 – 2.5 W cm−2 and ≈0.36 –

5.5 W cm−2 for Nafion® 117 and Nafion® 212, respectively. This
shows that when a minimum efficiency of 70% is the only criteria
that is taken into account, a reasonably large dynamic stack power
range with a factor of ≈23 (Nafion® 117) and ≈15 (Nafion® 212) can
be achieved for both membranes.

For a practical application, however, the lower limit in current
density at which an electrolyzer can be operated will not be defined
solely by an efficiency requirement, but the H2 concentration in the
anode compartment as a result of the H2 permeation through the
membrane has also to be considered. Since the HOR activity of
iridium-based catalysts is negligible in the relevant anode
potentials,13 permeating H2 will only be removed by the exiting
anode gas, so that the H2 volume fraction (xH2) in the O2-containing
anode compartment can simply be calculated from the H2 permea-
tion rates (in terms of iH2) from Fig. 3 and the PEM-WE current (icell)
under the assumption that a loss of O2 on the anode due to
permeation to the cathode is negligible:

( · ) [ ]= +x i i i0.5 8H H H cell2 2 2

Figure 8 shows the resulting values of xH2 vs current density for
different H2 partial pressures for Nafion® 117 (Fig. 8a) and for
Nafion® 212 (Fig. 8b). The lower explosive limit for H2 in O2 is
≈4%.12 but in a real system we assume that a safety factor of at least

two would be applied, which means that the H2 in O2 volume
fraction should not exceed 2%, a value which is marked by the
dashed red line in Fig. 8. At a H2 partial pressure of 30 bar and a
temperature of 80 °C, this requirement would result in a lower limit
for operation of 1.1 A cm-2 for the Nafion® 117 membrane (cf
Fig. 8a), while safe operation would not be possible below
3.4 A cm−2 for the Nafion® 212 membrane (cf Fig. 8b). Taking
into account the current density range imposed by the efficiency
target of 70% LHV (cf Fig. 7) as well as the upper limit for xH2 of
2%, the MEA with a Nafion® 117 membrane could only be operated
in a very small window of current densities from 1.1–1.4 A cm−2,
while both criteria cannot be fulfilled simultaneously for the Nafion®

212 based MEA. Therefore, without additional mitigation strategies
to lower the H2 concentration in the anode compartment, the desired
PEM-WE operating conditions of 30 bar and 80 °C with a reason-
able dynamic range would not be possible with MEAs based on
either of the two membranes.

On the materials level, this issue could be addressed by using
membranes that have a higher proton conductivity to H2 perme-
ability ratio (σH+/PH2 ratio) than PFSA membranes,38 but so far
alternative membrane materials such as hydrocarbon (HC) based
membranes do not show a more than ≈1.5 – 2 times higher σH+/PH2
ratio than conventional PFSA membranes.38,39 While this would be a
benefit, it would still not provide a sufficiently large dynamic power
range; furthermore, the durability of HC based membranes still
needs to be improved.39 Therefore, other mitigation strategies have
currently to be employed in order to prevent the formation of an
explosive gas mixture at low current densities in a PEM-WE. A

Figure 7. (a) Single-cell (5 cm2) PEM-WE total efficiency vs current density
for a Nafion® 117 (red) and a Nafion® 212 (blue) membrane at a temperature
of 80 °C, and a H2 partial pressure of 30 bar while the anode compartment is
kept at ambient pressure. Dashed lines give the voltage efficiency, ηvoltage,
dotted lines give the faradaic efficiency, ηfaradaic, and full lines give the total
efficiency (see Eq. 7); note that the contribution of O2 permeation to the
faradaic efficiency has been neglected here (see text). (b) Operating range at a
total efficiency of ⩾70% referenced to the LHV of H2 (with 100% LHV
corresponding to 1.25 V) for a Nafion® 117 (red dashed bar) and a Nafion®

212 (blue dashed bar) membrane. The vertical dashed black lines indicate the
current density below which the H2 in O2 content in the anode compartment
would exceed 2% (derived from Fig. 8). The MEAs are composed of iridium
black (0.9 ± 0.3 mgIr cm

-2) on the anode and of Pt/C (0.3 ± 0.1 mgPt cm
-2) on

the cathode.
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detailed analysis of different mitigation strategies for PEM-WE as
well as for alkaline electrolysis can be found in a recent study by
Trinke et al.27 The simplest options are to reduce the operating
temperature and/or the H2 pressure in order to reduce H2 permeation
and to extend the operating range to lower current densities.
However, lower temperatures result in higher kinetic overpotentials
and lower proton conductivity, i.e., in a lower efficiency, while a
lower H2 output pressure translates into a higher energy demand for
subsequent mechanical compression. Therefore, for electrolysis at
higher pressures, the formation of an explosive gas mixture even at
low current densities is generally prevented by the incorporation of a
H2/O2 recombination catalyst to react the permeated H2 to water.
Typically, a platinum catalyst is used, which can be placed at several
locations within the cell. In some instances, it is used in a gas
recombiner positioned downstream of the anode gas outlet or it is
deposited on the backside of the PTL.30 However, the former
approach still leaves the risk of a small volume of potentially

explosive gas within the catalyst layer, PTL, and flow-field. Another
approach is the incorporation of a recombination catalyst into the
membrane, either dispersed within a certain region of the membrane
or introduced as an inter-layer, so that permeating H2 and O2 can
recombine to water inside the membrane, which was shown to lead
to a significant reduction of the H2 in O2 volume fraction in the
anode compartment.40–42 Of course, a recombination catalyst will
only reduce the risk of the formation of an explosive gas mixture but
will not improve the faradaic efficiency. However, as the analysis in
Fig. 7b shows, a sufficient dynamic operating range at a high
efficiency of ⩾70% can be obtained despite of the faradaic losses.
Consequently, the implementation of a recombination catalyst is
currently the only approach to obtain a reasonable dynamic power
operating range for a PEM-WE with PFSA membranes.

Conclusions

In this study, we measured H2 permeation rates during PEM-WE
operation at 80°C and various H2 partial pressures for MEAs with a
Pt/C catalyst on the cathode, an Ir-black catalyst on the anode, and
PFSA membranes with different thicknesses (Nafion® 212 with
≈51 μm and Nafion® 117 with ≈178 μm dry thickness). Based on
these results, a detailed analysis of the efficiency as well as the
possible operating range of PEM-WEs was presented.

First, in order to validate our test setup based on on-line mass
spectrometry, measurements of the H2 permeation rate as a function
of H2 partial pressure were performed in a permeation cell setup, i.e.,
without applying a current. A linear correlation of H2 permeation
rate and H2 partial pressure was observed with rates of 0.31 mA cm-2

bar−1 for a Nafion® 117 and 1.10 mA cm-2 bar−1 for a Nafion® 212
membrane, indicating diffusion as the main crossover mechanism. A
good correlation of the results with a well-established electroche-
mical measurement method was observed, confirming the validity of
the results measured with the mass spectrometer.

In the second part, H2 permeation rates for MEAs with Nafion®

117 and Nafion® 212 membranes were measured during PEM-WE
operation at 80 °C for H2 partial pressures between 1 – 30 bar.
Consistent with the literature, a significant increase of the H2

permeation rate with current density was observed. This effect
increased with increasing ionomer to carbon (I/C) ratio of the
cathode electrode, and the possible causes for this phenomenon were
discussed. While the increase of the H2 permeation rate is most
pronounced for low H2 partial pressures and high cathode I/C ratios,
it can be reduced to a maximum of ≈16% at 5 A cm−2 at a realistic
operating pressure of 30 bar by optimizing the I/C ratio of the
cathode electrode.

Finally, the impact of the measured H2 permeation rates on the
dynamic range of a PEM-WE operated at a H2 partial pressure of
30 bar and an anode compartment pressure of 1 bar at 80 °C was
discussed. The current density range over which a total efficiency (
i.e., the product of cell voltage and faradaic efficiency) of ⩾70%
w.r.t. the lower heating value (LHV) of H2 could be achieved was
0.07 – 1.4 A cm−2 for Nafion® 117 based MEAs and
0.23–3.1 A cm−2 with Nafion® 212. This corresponds to a dynamic
stack power range of ≈0.11-2.5 W cm−2 (a factor of ≈23) for
Nafion® 117 and of ≈0.36-5.5 W cm−2 (a factor of ≈15) for Nafion®

212. To utilize this dynamic range, however, a mitigation strategy to
avoid the formation of safety-critical H2 concentrations in the anode
gas are required, which currently consists of the application of a
H2/O2 recombination catalyst to the membrane, the porous transport
layer in the anode, to the stack hardware, or at the anode outlet.
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Appendix

Error calculation.—This section briefly explains the assump-
tions made to determine the measurement error of the H2 permeation
rate as displayed by the error bars in Fig. 3 and 4. Three main
sources of measurement errors were considered to calculate the
overall error of the H2 permeation measurement: (i) For the mass
spectrometer a total error s = 3.2 %MS was determined based of the
inaccuracy of the calibration curve and fluctuations of the measure-
ment value over time; (ii) An overall error s = 2.7 %TS was assumed
for the components of the test station, i.e., for the inaccuracy of the
gas flow determined by the mass flow controllers and the limited
accuracy of temperature and pressure regulation; (iii) The largest
error is related to an inaccuracy when determining the active area for
H2 permeation due to edge effects resulting from the assembly of the
MEA along with gaskets and subgaskets in the cell hardware. A
schematic drawing of the cell cross section is shown in Fig. A·1. The
area of the electrodes, A ,E is 5 cm2 and is taken into account to
calculate the area specific current density. However, to determine the
area specific H2 permeation rate an area of 5.76 cm2 was assumed
(corresponding to the size of the window in the subgasket, A ,SG i.e.,
24 × 24 mm) since H2 permeation can in general occur through the
entire subgasket window. If one assumes that the increase in H2

permeation rate with current density is related to H2 super saturation
in the catalyst layer as discussed in the previous sections, this effect
would of course only occur within the electrode area (5 cm2) and not
at the edge between electrode and subgasket. Consequently,
assuming an area of 5.76 cm2 to determine the area specific H2

permeation rate would lead to an underestimation of the real value,
especially at high current densities where the effect of H2 super
saturation is most pronounced. The resulting error which is a
function of the current density, i, can be calculated according to

( ) · ( ) ( )
( ) [ · ]s =

- - =
+ i

A A

A

n i n i

n i

0
A 1AA,

SG E

SG

H H

H

2 2

2

The first term in Eq. A·1 denotes the difference between the area
of the subgasket window, A ,SG and the electrode area, A ,E normal-
ized by A .SG The second term accounts for the fraction of the H2

permeation rate which is current dependent by subtracting the
permeation rate at zero current, ( )=n i 0 ,H2 from the permeation
rate at a certain current density, ( )n i ,H2 normalized by ( )n i .H2 For the
measured permeation rates shown in Fig. 3 this yields an error of

( )s = -+ i 0 11.9 %AA, depending on current density and pressure.
Since this effect would lead to an underestimation of the H2

permeation rate, ( )s + iAA, will be considered to determine the error
bars in positive direction in Figs. 3 and 4.

On the other hand, while the PTFE gaskets (thickness ≈300 μm)
can be assumed as impermeable, the PTFE subgasket is only 10 μm
thick and, hence, H2 permeation through the subgasket is not
negligible (cf red arrow in Fig. A·1). This additional permeation
which is not accounted for in our measurement would lead to an
overestimation of the area specific H2 permeation rate. The permea-
tion coefficient for PTFE is about ten times lower than for wet
Nafion®21 and the resulting error can be calculated as

· · [ · ]s =
-

+
-

A A

A

t

t t10
A 2AA,

G SG

SG

memb

SG memb

Here, AG is the area of the gasket window (27 × 27 mm, cf Fig. A·1)
and ASG is the area of the subgasket window while tmemb is the
membrane thickness and tSG the thickness of the subgasket. This
yields an error s =- 9.0%AA, for the Nafion® 212 membrane and an
error s =- 17.0%AA, for the Nafion® 117 membrane which will be

Figure A·1. Schematic drawing of the cell cross section between the flow
fields. Edge lengths of the electrodes, subgasket windows, PTLs, and gasket
windows are marked.

Figure A·2. (a) H2 permeation rate as a function of current density for
different H2 partial pressures measured with a Nafion® 117 membrane at 80 °
C. (b) H2 permeation rate as a function of current density for different H2

partial pressures measured with a Nafion® 212 membrane at 80 °C. Full
symbols along with full lines in represent the original data (shown also in
Fig. 3) measured while increasing the current density, whereas open symbols
along with dotted lines show the data obtained in the repeat experiment. The
electrodes of the MEA consist of iridium black (0.9 ± 0.3 mgIr cm

-2) on the
anode and of Pt/C (0.3 ± 0.1 mgPt cm

-2) with a standard ionomer/carbon mass
ratio of 0.6/1 on the cathode. Brown crosses give the H2 permeation rates
measured with the permeation cell setup shown in Fig. 2a, i.e., for the
membrane without electrodes.
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considered to determine the error bars in negative direction in Figs. 3
and 4.

The total error for the H2 permeation rate is then determined
according to

[ · ]s s s s= + +  A 3total, MS
2

TS
2

AA,
2

This yields total errors s = -+ 4.2 12.6 %total, and
/s =- 9.9 17.5 %total, (Nafion® 212 / Nafion® 117) for the H2

permeation rates which is illustrated by the error bars in Fig. 3
and 4.

Repeat experiments.—In order to verify that the permeation rate
values for different MEAs shown in Fig. 3a and 3b are reproducible,
we did conduct a limited number of repeat experiments. The
permeation rates obtained from the repeat measurements (open
symbols and dashed lines) are compared to the original data (full
symbols and full lines) in Fig. A·2.
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5 RESULTS

5.4 On the Limitations in Assessing Stability of Oxygen Evolution Cat-

alysts Using Aqueous Model Electrochemical Cells

This section contains the study ”On the Limitations in Assessing Stability of Oxygen Evolution

Catalysts Using Aqueous Model Electrochemical Cells” [119]. The manuscript was submitted in

December 2020 and published as an open access article (Creative Commons Attribution 4.0 License

(CC BY)) in the peer-reviewed journal Nature Communications in April 2021. The permanent

web link to the article is https://doi.org/10.1038/s41467-021-22296-9 .

One important challenge for future large scale PEMWE systems is achieving long term stabil-

ity of all parts to reach low maintenance cost. Especially the MEAs as the most critical part of

the cell/stack need to be highly durable. However, as the trend for future systems is towards a

lowered anode catalyst loading, in particular low anode catalyst degradation is of high importance

for a reliable long term operation. So far, the durability of catalysts for OER has rarely been

tested in real devices with MEAs, but mostly in model systems with aqueous electrolytes which

try to mimic the operating conditions of PEMWE in many aspects such as potential range and

pH. However, recent studies show that the stability of catalysts in real devices is several orders

of magnitude higher than the results obtained with aqueous model systems (AMS). Thus, this

gap in stability of the same catalysts tested in a real MEA versus tests in an AMS is adressed

and explained by this study. To elucidate the gap between MEA and AMS based catalyst stability

measurements, a well established method of ICP-MS coupled to a scanning flow cell (SFC-ICP-MS)

for the aqueous tests and a newly developed galvanic-redeposition-free MEA-based setup, where

the tapped water samples are tested for dissolved catalyst species also by ICP-MS, are used. The

GR-free setup consists of a specialized cell (see figure 23, panel b)) and anode water cycle which

are made almost entirely from plastics or glass. Only the electric conducting parts such as flow

fields and porous transport layers/current collectors are made from titanium and have a noble

metal coating of gold or platinum. A commercial IrOx catalyst (Alfa Aesar) is applied as catalyst

material for all measurements. The results from the GR-free MEA setup show a five orders of

magnitude higher catalyst stability compared to the AMS setup. Several tests with the AMS show

that neither catalyst loading, electrolyte flow rate and presence of Ir-species in the electrolyte have

an influence on stability. Also a difference between electrode Nafion® ionomer contents can not

explain the visible stability difference. However, higher electrolyte pH-value and longer operation

time have a significant influence and improve the catalyst stability in AMS measurements. Vice

versa, running the MEA setup with a diluted sulfuric acid (0.1 mol H2SO4) instead of water de-

creases the catalyst stability, with a catalyst half-life of ≈ 150 years for an operation with pure DI

water and only several days with acid. To rule out iridium deposition in the membrane, STEM-

energy dispersive X-ray (EDX) analysis is performed on several MEAs after test and only small,

insignificant amounts of iridium can be detected close to the anode catalyst layers. Thus, PEMWE

systems operated with DI water show a high anode catalyst stability compared to AMS during

uninterrupted operation. The main factors for the discrepancy are higher pH-values in MEAs than

estimated and a stabilization effect with time during prolonged electrolysis.
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On the limitations in assessing stability of
oxygen evolution catalysts using aqueous
model electrochemical cells
Julius Knöppel 1,2✉, Maximilian Möckl3, Daniel Escalera-López1, Kevin Stojanovski1,2, Markus Bierling1,2,

Thomas Böhm1,2, Simon Thiele 1,2, Matthias Rzepka3 & Serhiy Cherevko 1✉

Recent research indicates a severe discrepancy between oxygen evolution reaction catalysts

dissolution in aqueous model systems and membrane electrode assemblies. This questions

the relevance of the widespread aqueous testing for real world application. In this study, we

aim to determine the processes responsible for the dissolution discrepancy. Experimental

parameters known to diverge in both systems are individually tested for their influence on

dissolution of an Ir-based catalyst. Ir dissolution is studied in an aqueous model system, a

scanning flow cell coupled to an inductively coupled plasma mass spectrometer. Real dis-

solution rates of the Ir OER catalyst in membrane electrode assemblies are measured with a

specifically developed, dedicated setup. Overestimated acidity in the anode catalyst layer and

stabilization over time in real devices are proposed as main contributors to the dissolution

discrepancy. The results shown here lead to clear guidelines for anode electrocatalyst testing

parameters to resemble realistic electrolyzer operating conditions.
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G lobal warming is driving the transition from fossil fuels to
renewable energies. To support the transfer, economically
promising alternatives to petrochemical processes for all

sectors have to be established1. Owing to its high energy density,
low chemical complexity, and high efficiency, hydrogen is among
the best candidates for energy storage and distribution2–4. If
hydrogen production from water electrolysis (WE) is fully sup-
plied by renewable energy sources, greenhouse gas emissions can
be reduced by 75%5. Therefore, research funding on upscaling
WE technology is increasing6,7. Currently, technologies, based on
liquid alkaline and acidic solid electrolyte are equally considered.
Classical alkaline electrolyzers lack the option of dynamic
operation necessary for direct coupling to fluctuating energy
sources, and solid electrolyte anion exchange membrane (AEM)
electrolyzers are not at a technology readiness level suitable for
upscaling8,9. Acidic proton exchange membrane (PEM) electro-
lyzers consisting of membrane electrode assemblies (MEA),
which lack these disadvantages, are the preferred system for
upscaling in the short term10.

It is generally accepted that acidic conditions and high
potentials at the anode side of PEM water electrolyzers
(PEMWEs) where the oxygen evolution reaction (OER) takes
place, demand for materials with high catalytic activity, and
corrosion stability. Such criteria are only satisfied for electro-
catalysts based on scarce noble metals such as iridium (Ir) and, to
a lesser extent, ruthenium (Ru). Although their current imple-
mentation in PEMWEs is not hampered by their cost, upscaling
fabrication of MEAs with these metals is expected to be a major
cost driver at the GW scale11,12. Therefore, a significant part of
research activities on WE are focused on the reduction of noble
metal content in PEMWE anodes13,14.

For the state-of-the-art Ir catalysts, a cornerstone in funda-
mental research studies has been to maximize Ir utilization,
specifically, to increase their OER mass activity whilst reducing
noble metal content without a significant loss in activity15,16. The
use of high-surface-area catalyst supports17,18, highly active
perovskites19,20, and multimetallic materials21,22 are employed to
reduce the noble metal content. However, stability has to be
monitored as a second major descriptor in electrocatalyst design
and synthesis, as OER catalysis also triggers catalyst dissolution23.

Activity and stability evaluations of newly developed catalysts
are performed ex situ in the classical three-electrode electro-
chemical cell setup with acidic electrolyte to simulate the acidic
pH environment of PEMWEs anodes in presence of Nafion24–26.
Current-potential profiles are recorded and analyzed for activity
evaluation. For stability evaluations, however, more sophisticated

methods were developed, such as electrochemical quartz crystal
microbalance27, scanning flow cell (SFC) coupled to an induc-
tively coupled plasma mass spectrometer (SFC-ICP-MS)28,29, and
post-analysis of electrolyte and catalyst layers30,31. However,
comparative data of catalyst stability in both systems show that
degradation in aqueous systems does not represent the conditions
in PEMWE32,33.

Recent results from our group, based on aqueous SFC-ICP-MS
measurements and end-of life data from PEMWE, indicate an
underestimation of the actual catalyst lifetime of several orders of
magnitude, ranging from days in aqueous to years in MEA28. In
this work, the relevance of S-numbers, a new metric for OER
catalyst lifetime estimation, measured in aqueous systems for real
application based on end-of-life data of PEM electrolyzers, is
discussed. As end-of-life data is rarely found for Ir-based elec-
trolyzers, the data set of a system using RuO2 as anode material
published by Ayers et al.14 was compared with the same material
measured in SFC-ICP-MS. It was found that the PEM electrolyzer
outperforms the aqueous system by about three orders of mag-
nitude, leading to a significant increase in the estimated lifetime
of the electrolyzer in comparison to the same catalyst in the
aqueous system. A similar concept, the activity-stability factor,
was developed in parallel by Kim et al.34.

In this work, we aim to reveal the experimental factors
responsible for the observed OER catalyst dissolution differences
between aqueous model systems (AMS) and PEMWEs. We
evaluated how the parameters that diverge between the systems
such as catalyst loading, mass transport conditions, Nafion binder
content, and electrolyte pH influence Ir dissolution. Also, we aim
to determine the real dissolution rates of MEAs for PEMWEs
using a custom-made full cell setup devised to prevent galvanic
precipitation of catalyst dissolved species under OER operation.

Results and discussion
Iridium OER catalyst dissolution: aqueous model versus MEA
systems. The dissolution behavior of OER catalysts in AMS is
already well studied28,35–37. Utilizing online measurements, the
dissolution behavior of OER catalysts under various electro-
chemical conditions has been shown. To put the results presented
in this section into context, it is important to highlight the
commonalities and differences between MEA and AMS. In AMS,
the employed electrolyte, mostly an acid or base, is diluted by the
reactant, deionized (DI) water. As schematically shown in Fig. 1a,
the reaction products, H2 at the cathode side and O2 and protons
at the anode side, as well as dissolution products, such as Ir3+,

Fig. 1 Degradation processes of OER catalysts in aqueous and polymer electrolyte. a Schematic drawing of degradation processes in a classical aqueous
electrolysis cell in aqueous electrolyte and b schematic drawing of degradation processes in MEA. c Dissolution stability of IrOx under OER conditions in
aqueous electrolyte, measured in SFC-ICP-MS, and polymer electrolyte, measured in a precipitation-free MEA device, expressed in the S-number metric.
Measurements were carried out with a 5min chronopotentiometry hold in aqueous electrolyte and over several days for MEA, typical timescales for the
devices. Source data are provided in the source data file.
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diffuse into the bulk. Hence, to measure dissolution, it is sufficient
to take aliquots of electrolyte from the solution. Utilizing flow
cells, which directly transport reaction products from the reaction
site downstream (if coupled) to analytical techniques such as ICP-
MS, the dissolution behavior can be directly correlated to the
electrochemical operation28,34,38.

To study the degradation behavior of MEA, a system with a
much higher degree of complexity, long-term measurements, and
end-of-life (EOL) data have been used thus far. Owing to the long
lifetime of MEA electrolyzers, however, EOL data are scarce.
Furthermore, measurements of dissolution products in MEA are
more complicated than in AMS. As schematically shown in
Fig. 1b, electrolyte and reactant are decoupled in MEA by placing
the polymer electrolyte between the electrodes and circulating DI
water as the reactant at the backside. Reaction products, H2, and
O2 escape through porous transport layers at the respective
electrodes, whereas H+ is transported through the PEM towards
the reaction site at the cathode. In this system, dissolution
products of OER catalysts have two ways to escape the anode
catalyst layer: through the anode water cycle or the membrane
towards the cathode side. Furthermore, galvanic replacement
(GR) of dissolution products with stainless steel tubes, often
employed in MEA test setups, can lead to an underestimation of
dissolution39.

Hence, to reliably determine dissolution in MEA and
realistically compare results with AMS, several factors have to
be controlled. The water level in the anode compartment and the
water flow at the cathode outlet through electroosmotic drag have
to be monitored at all times40,41. Furthermore, the amount of
iridium depositing in the membrane has to be estimated. Also,
GR should be excluded as a measurement factor.

For such purpose, a dedicated MEA setup without metallic
parts in the anode water cycle was developed and employed in
this study. Cell components involved in electronic conduction,
namely titanium flowfields and current collectors, are coated with
gold or platinum to prevent GR. Samples are taken from the
anode water cycle and the cathode outlet and analyzed separately
by ICP-MS. The setup and flow scheme is shown in supplemen-
tary note 1. Water balance calculations, necessary to determine
the amount of dissolved iridium, are shown in supplementary
note 2.

To compare the dissolution stability of OER catalysts between
MEA and AMS, a commercially available IrOx catalyst is
measured in the aforementioned dedicated MEA system as well
as in an SFC-ICP-MS setup operated with 0.1 M H2SO4. Figure 1c
shows dissolution stability in both systems, displayed in the S-
number metric, a dimensionless descriptor that compares the
amount of oxygen evolved, calculated from the measured current
density at an estimated 100% faradaic efficiency towards OER,

with the amount of iridium dissolved S� number ¼ n O2ð Þ
n Irð Þ

� �
28. S-

numbers were calculated from constant current measurements of
5 minutes in AMS and several days in the MEA. Electrochemical
data and dissolution data for MEA experiments are available in
supplementary note 3. Electrochemical data, dissolution data, and
the integration areas for determining S-numbers in SFC-ICP-MS
are shown in Fig. 2. Both timescales are representative of the
respective system.

The S-number of IrOx in the SFC-ICP-MS is 6 × 104. Although
with the used H2SO4 electrolyte, a stronger adsorption of anions
on the surface is anticipated42, the measured S-number is
comparable to literature values measured in the non-
coordinating HClO4, which range between 104 and 10528,43–45.
Thus, although the influence of the electrolyte anion cannot be
fully ruled out, its role in the stability of IrOx is minor.
Remarkably, the observed S-number of IrOx in the MEA system

exceeds the one observed in aqueous systems by almost five
orders of magnitude. Further experiments in AMS were under-
taken to unravel the reasons for this behavior.

Evaluation of model aqueous OER stability parameters. We
evaluated several parameters that generally differ in both systems
to determine the origin of the dissolution discrepancy between
AMS and MEA. (a) catalyst loading; (b) electrolyte flow rate; (c)
presence of electrochemically dissolved iridium species; (d)
Nafion content in the catalyst layer; and (e) pH were individually
varied during testing in the AMS (SFC-ICP-MS). All experiments
were carried out with the same IrOx catalyst powder as in pre-
viously shown MEA experiments.

Dissolution profiles of baseline measurement of IrOx catalyst
powder spots at a current step of 100mAmgIr−1 (Fig. 2a) are
displayed in Fig. 2b. The full measurement protocol is shown in
supplementary note 4. Representative electrochemical and dissolu-
tion data for all experiments are shown in supplementary note 5.

The corresponding S-numbers for all experiments, determined
at a 30 s steady-state interval at the end of the current step28, as
shown in Fig. 2a and b) are displayed in Fig. 3. All error bars are
acquired from at least three independent measurements. The
baseline measurement is hereby displayed in Fig. 3a).

Our first study focused on differences in catalyst loading.
Although Ir loading in aqueous studies rarely exceeds 10 µgIr cm−2,
loading in MEA is typically ~1–2mgIr cm−246. S-numbers of
catalyst spots with different loading is shown in Fig. 3b, where
loading is varied between 10 µgIr cm−2 and 250 µgIr cm−2. The
obtained S-number values are comparable and in the same order of
magnitude. Hence, we can exclude the influence of loading on the
dissolution discrepancy.

The second study was different SFC operating flow rates. Given
the flow rate uncertainty in PEMWE MEA systems, contrasting
with its precise control in our SFC-ICP-MS setup, we evaluated
the impact of SFC flow rate by variations within one order of
magnitude. The flow rate of electrolyte to the ICP-MS was here
varied between 66 µl min−1 and 740 µl min−1. S-numbers for
these experiments are virtually equivalent as shown in Fig. 3c. As
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the flow rate effectively dictates the mass transport rate of
dissolved species from the electrode interface to the bulk
electrolyte, a possible Ir redeposition mechanism should be
affected by it as well. Based on the results obtained, these mass
transport phenomena do not seem to play a key role in the AMS-
MEA catalyst stability differences.

The third parameter variation tackled the dissolution–redeposition
equilibrium of Ir-dissolved species, which can occur during MEA
water circulation owing to low flow rates and slow mass transport in
thick catalyst layers. To simulate such conditions in AMS, and enable
a potential dissolution–redeposition mechanism, electrochemically
dissolved iridium has to be present in the electrolyte in relevant
concentrations. Therefore, Ir was electrochemically dissolved from
polycrystalline iridium37,47 (see the experimental section for further
details) and then intentionally incorporated into the acidic electrolyte
used. The iridium concentration in the electrolyte is determined by
ICP-MS and adjusted accordingly. Figure 3d) shows the S-number of
IrOx spots measured with 1 µgIr l−1 dissolved iridium in the
electrolyte. This value is similar to a recent publication, where Ir
concentrations in MEAs were measured39. Also, it is in the same
order of magnitude as the concentrations measured in our MEA
study (see supplementary note 3). As observed with the previous
parameters, S-number values are comparable to the baseline
experiment. Hence, equilibrium states between dissolution and
redeposition are unlikely to largely contribute to the Ir dissolution
discrepancy.

The fourth evaluated parameter is the influence of Nafion
content in the catalyst layer on Ir dissolution. Unlike OER
rotating disk electrode experiments, where no Nafion is required,
it acts as a catalyst layer binder in SFC-ICP-MS to avoid particle
detachment. Figure 3e shows the S-numbers of IrOx spots with
different Nafion contents, varied here between 5 and 50 wt% vs.
the total catalyst content. Interestingly, the dissolution rate of
catalysts spots with 5 wt% Nafion in the catalyst layer is
significantly larger from the other Nafion contents. Indeed, the
stability differs from baseline measurements by an order of
magnitude, with an S-number of 8 × 103. We hypothesize that, at
lower Nafion contents, dissolved iridium mass transport from the
catalyst layer to the electrolyte bulk might be more efficient. A
local saturation might hereby inhibit dissolution. As baseline
measurements have a Nafion content of 33 wt%, whereas MEA
electrodes were produced with 9 wt% Nafion content in this
study, Nafion content will have a role in stability observations.

However, different constraints have to be met for measurements
in both systems. In SFC-ICP-MS, Nafion predominantly acts as a
binder in the catalyst layer to avoid particle detachment. On the
other hand, in the more complex MEA system, Nafion has not
only an influence on the integrity of the catalyst layer, but also on
features such as contact resistance with the porous transport
layers (PTL). As Nafion contents employed in this study rather
open the gap between AMS and MEA instead of closing it, this
rather leads to an underestimation than an overestimation of the
stability discrepancy.

The fifth study carried out is the variation of the working
electrolyte pH value, varied here between 1 and 3 (experimental
dissolution profiles shown in Fig. 2c). To ensure a similar ionic
strength, a sulfate salt was added to electrolytes with pH>1. The
resulting S-numbers, shown in Fig. 3f), significantly differ from
each other. Although the S-number metric obtained for pH 1.5 is
still similar to the reference measurement (pH 1), a significant
difference is observed for pH 2 and 3. Such difference in stability
is a factor of three: for pH 1, S-number= 6 × 104 whilst for pH=
3, S-number= 1.8 × 105. It should be noted that local pH at the
electrode under OER conditions might be lower owing to the
worsened buffer capacity of electrolytes with higher pH48.

MEA environments for PEMWE are, according to the
literature, highly acidic owing to the use of Nafion49,50. The
observations, made here in AMS, however, indicate, that the
activity of protons in MEA electrolysis might be lower than
generally accepted. Further experiments in MEA systems have to
be conducted to unravel the magnitude of the differences.

Impact of pH in PEMWE operation: catalyst and MEA stabi-
lity. As shown in a previous section, of all parameters evaluated in
our study of model aqueous systems, pH is the only one with a
relevant impact on stability towards closing the gap. Hence,
measurements of IrOx in MEA were conducted with 0.1 M H2SO4

in the anode water cycle to investigate the influence of low pH
environments on dissolution. The operational principles in both
systems are schematically shown in Fig. 4a for MEA operated
with DI water and in Fig. 4b) for the MEA operated with acid.
S-numbers from liquid samples collected after 2 h operation are
displayed in Fig. 4c). Strikingly, the S-number of the conventional
system exceeds the one from the acid operated by more than two
orders of magnitude. In comparison to AMS, which operates with
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S-numbers around 6 × 104, the stability difference to the acidic
operated MEA virtually vanishes. Its impact can be easily grasped
when calculating catalyst half-life estimated from S-numbers28.
For a DI water-fed MEA system, its value is ca. 150 years, whereas
for an acidified MEA it is just several days.

Post mortem scanning transmission electron microscopy
(STEM) cross-section micrographs of the MEA after 48 h of
continuous operation at 2 A mgIr−1, shown in supplementary
note 7, reinforce the stark degradation differences found from
liquid sample analysis. Although the anode catalyst layer of the
DI water-operated MEA is virtually intact and iridium migration
into the membrane is non-existent, the anode catalyst layer of the
acidic operated MEA reveals exceptional signs of degradation.
Indeed, Au particles, originating from the partly dissolved
flowfield coating, of µm diameter form in the membrane close
to the anode side. The cathode side of the conventional operated
MEA only shows signals of Pt and C, whereas iridium was
detected in the catalyst layer of the acidified MEA. Furthermore,
the MEA polarization curves indicate a shift in pH (for full
description, see supplementary note 8)51 and the anode flowfield
and current collector displays stark signs of degradation after the
experiment. (See supplementary note 9)

Impact of OER operating timescale in catalyst stability in AMS
and MEA. The different timescales have to be taken into account
when comparing AMS with MEA systems. For instance, the data
shown in Fig. 1c were measured over minutes for AMS and days
for MEA. Indeed, MEA systems have proven stable operation for
thousands of hours on the laboratory scale52 and in industrial
applications53. Hence, we investigated if the short experimental
timescale in AMSs can be extrapolated to PEMWE systems, or
stabilization effects occur over large timescale operating
conditions.

SFC-ICP-MS measurements cannot be carried out for several
hours or even days. Thus, electrochemical measurements were

carried out in an H-cell configuration to represent an aqueous
model system operated at longer timescales. A 0.1 M H2SO4

electrolyte with sample collection with sample collection from
both compartments was used (see experimental). To have a side-
by-side comparison, samples from the developed GR-free MEA
system were taken from the anode water cycle and the cathode
water outlet. Calculations for obtaining mass losses are shown in
supplementary note 2.

Loading-normalized iridium dissolution for H-cell (IrOx

loading= 10 µgIr cm−2) and MEA measurements (anode IrOx

loading= 1 mgIr cm−2) are displayed in Fig. 5a. Current densities
were 0.2 AmgIr−1 for AMS and 2 A mgIr−1 for MEA. At the
employed current density, the amount of dissolved iridium in the
aqueous system rose almost constantly throughout the experi-
ment after an early-stage stabilization. S-numbers (Fig. 5b) only
stabilized marginally from values of 7 × 104 to 2 × 105. In
contrast, the iridium mass loss during DI water-operated MEA
experiments stabilized rapidly after the start to an almost constant
level. The S-numbers rose from an initial value of 107 in the first
hours to a value of 108 and stabilize after the first day of the
experiment at ~109 (compare supplementary information 2).

The results obtained in MEA are in heavy contrast with results
previously shown by Babic et al.39. In their experiment, the
authors observed fluctuating or, after an initial increase,
decreasing iridium concentrations in the electrolyte. Although a
direct protocol comparison is not feasible, a similar decrease of
iridium in the water feed was observed by Regmi et al.54. Our
results clearly show the advantage of the employed metal-free
MEA setup, as the authors already pointed out a possible
interference of GR in their results. Thus, in all studies concerning
dissolution products of operational MEAs, GR should be taken
into account, as otherwise, it might result in misleading
conclusions.

Previous research would suggest a stabilization under long-
term operation on iridium-based catalysts owing to
crystallization30. Indeed, both aqueous and MEA systems should
eventually yield an equivalent degree of stabilization. For MEA
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Fig. 4 Comparison of stability in different systems. a Working principle of
an MEA operated with DI water. b Working principle of an MEA operated
with 0.1 M H2SO4. c S-numbers of MEAs operated with DI water and 0.1 M
H2SO4 after 2 h of measurement. The red, dashed line in c indicates the S-
number of the AMS system. Source data are provided in the source
data file.
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systems, such stabilization is reached at an earlier stage given the
higher operating current density of 2 AmgIr−1 inherent to the
system compared with the current density of 0.2 AmgIr−1

employed in our H-cell setup. Because of the low operational
currents achieved in AMS, we cannot unambiguously proof such
a stabilization effect. A method to circumvent such limitation,
beyond the scope of this report, would be to perform studies on
high-current density achieving gas diffusion electrode-type
(GDE) reactors55–57.

System breakdown of the dissolution discrepancy between
AMS and MEA. A comparison of these results reveals the
inherent differences between MEA and AMS. As shown in Fig. 6,
the differences in S-numbers between AMS (1) and MEA
decrease to less than one order of magnitude when circulating
diluted acid through the MEA water feed (2). These differences
cannot be related to a sole factor. Loading, flow rate, dissolved
species, timescale or Nafion content, although not relevant factors
in AMS, might play a role in MEA and have to be addressed in a
follow-up study. However, the higher complexity of the MEA
does not allow tangible conclusions on the main contributor.
When operating an MEA with DI water on the same timescale
(3), the S-number increases by two orders of magnitude, indi-
cating a pH shift between AMS and MEA as a main contributor
to the dissolution discrepancy. After 2 weeks of operation, the S-
number of the MEA increased by more than one order of mag-
nitude (4). At this timescale, based on lifetime calculations from
the S-number, the catalyst in the aqueous system would already
have been degraded completely. Hence, a stabilization on a larger
timescale can be treated as the second main contributor to the
dissolution discrepancy. As STEM-energy dispersive X-ray (EDX)
only detects small amounts of iridium in the membrane close to
the anode catalyst layer, iridium depositing in the membrane can
be ruled out as a large contributor.

Given the aforementioned results, we should now address past
preconceptions regarding local pH during PEMWE operation.
PEMWE anodes are assumed to operate under highly acidic

conditions due to protons generated at the anode side during
operation. However, literature is scarce regarding actual pH value
estimation under PEMWE operation. An initial review by Carmo
et al.10 tentatively estimated a pH 2 value, whereas later
investigations reported pH values in the anode and cathode
water cycle of an MEA setup in a range between 5.6 and 3.558.
However, these results might not be representative for conditions
in the anode catalyst layer as the local pH can decrease owing to
proton generation in the water-splitting reaction. The results
shown in this study indicate that proton activity in MEA
environment is supposedly lower as estimated from the
concentrations. Thus, it is likely, that the effective pH in MEA
environment is less acidic as generally accepted in the literature.

These results indicate that future research should emphasize
more on two aspects of MEA development: real conditions in the
anode catalyst layer and effects in the catalyst/membrane interface.

Conclusions and outlook. In summary, we show that stability
measurements performed in AMS have to be treated carefully
regarding their relevance for long-term PEMWE applications.
The main effects contributing to the dissolution discrepancy were
identified as a discrepancy between estimated and real pH in
MEA and stabilization occurring over time.

Based on this research, the community should critically
evaluate the process of OER catalyst testing in AMS. Owing to
faster degradation, AMS might serve as an ideal system for
accelerated stress tests. For this purpose, GDE systems currently
under development might help to study OER catalysts in model
systems, which resemble the conditions in MEA much better.

However, those results should always be critically compared
with experimental MEA data to extract representative conclu-
sions. Furthermore, more focus should be put on the direct
evaluation of catalysts under MEA device operation. In particular,
a setup consisting of an MEA coupled to downstream analytics
would allow a better understanding of dynamic operation
conditions, relevant for coupling to renewable energies. We
believe that the results shown here will provide improved

Fig. 6 Scheme on the proposed main contributors to the dissolution discrepancy. Schematic drawing of the factors contributing to the OER catalyst
dissolution discrepancies between AMS and MEA. Measurements in AMS exhibit an S-number of 6 × 104 (1). The discrepancy to an MEA operated with
acid (2), showing an S-number of 4 × 105, cannot be pointed to a single factor. Various factors such as flow rate, Nafion content, and timescale have to be
taken into account. The discrepancy of the MEA operated with acidic water feed to an MEA operated conventionally with DI water (3) of almost two orders
of magnitude, however, is related to a pH shift in the system. With a longer operation time (4), additional stabilization effects in MEA take place. Source
data are provided in the source data file.
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guidelines for future catalyst development and testing to mimic
realistic MEA operating conditions.

Methods
SFC-ICP-MS measurements
Electrode preparation. Electrodes were prepared by suspending commercial Alfa
Aesar IrOx · 2H2O Premion catalyst powder in a mixture of 87.5% ultrapure water
(Merck Milli-Q), 12.5% IPA, and Nafion® perfluorinated resin solution (Sigma
Aldrich, 5 wt%). Standard inks had an iridium concentration of 663 µg l−1, a
Nafion concentration of 332 µg l−1 and a volume of 1 ml in a 1.5 ml Eppendorf
tube. Inks were sonicated for 10 min (4 s pulse, 2 s pause) and dropcasted as 0.2 µl
on a freshly polished glassy carbon plate (SIGRADUR G, HTW). The quality and
diameter of the dropcasted catalyst spots (Ø of ca. 1.3 mm) was screened by
employing Keyence VK-X250 profilometer.

For variations of loading and Nafion content, the concentration of iridium and
Nafion in the ink was adjusted to the desired loading and concentration. An IPA:
DI water ratio of 12.5:87.5, was employed in all IrOx inks, accounting for the
alcohol content in the Nafion solution.

Electrochemical measurements. Electrochemical measurements were carried out
with an SFC-ICP-MS29, with the modifications described in ref. 28 in Ar-saturated
0.1 M H2SO4 (Merck Suprapur) mixed with ultrapure water. The dropcasted spots,
acting here as working electrodes, were located with a top view camera to enable
vertical alignment with the SFC (Ø 2mm). A graphite rod served as counter
electrode, whereas a saturated Ag/AgCl electrode (Metrohm) was used as reference
electrode. ICP-MS measurements were performed with a NexIon 300 spectrometer
(Perkin Elmer), employing a flow rate of 208 µl min-1 for reference measurements.
For the flow rate-dependence studies, flow rates were adjusted by tuning the speed
of the ICP-MS peristaltic pump. Daily calibration of the ICP-MS was performed
by freshly prepared standard solutions containing Ir (0.5 to 5 µg l−1), and Re
(10 µg l−1) as an internal standard. All current and dissolution rates shown in this
report have been normalized to the nominal loading of the spots.

For the variation of dissolved iridium in the electrolyte, iridium was
electrochemically dissolved in 0.1 M H2SO4 by 1000 cyclic voltammograms
recorded in a potential range from 0.05 VRHE–1.5 VRHE

37,47. The iridium
concentration was then determined by ICP-MS. Electrolyte and standards were
prepared from the electrolyte with dissolved iridium. A baseline measurement was
taken before cell contact.

For the variation of pH, the electrolyte was set to the corresponding H2SO4

concentration. To ensure electronic conductivity of the electrolyte in measurements
with a pH higher than 1, the total concentration of sulfate ions was set to 0.05 M
with K2SO4 (99.999% purity, Sigma Aldrich).

H-cell measurements
Electrode preparation. Electrodes were prepared from Alfa Aesar IrOx·2H2O Premion
powder. Ink for electrodes was prepared with ultrapure water (Merck Milli-Q) at a
concentration of 283 µg l−1 with a volume of 1ml in an Eppendorf tube. The ink was
sonicated for 15min (4 s pulse, 2 s pause) and dropcasted as 10 µl on a freshly cleaned
FTO plate, previously sonicated for 10min sequentially in 2% Hellmanex III (Hellma
Analytics) solution, DI water, and ethanol, respectively. The resulting dropcasted Ir
catalyst exhibited a diameter of 6mm and a loading of 10 µg cm−2.

Electrochemical measurements. Electrochemical bulk measurements were carried
out in a homemade H-cell. Each compartment was filled with 28 ml 0.1 M H2SO4

(Merck Suprapur diluted with Merck Milli-Q) before the experiment. The working
electrodes and reference electrodes (Basi, 3 M Ag/AgCl) were immersed in one
compartment whereas the counter electrodes (glassy carbon, SIGRADUR G,
HTW) were immersed in the other compartment. The compartments were covered
with Parafilm to avoid evaporation of electrolytes. Convection in the system for
equal distribution of dissolution product was enabled through Ar-purging of the
anode compartments. Samples were taken by an automated liquid handler (Gilson
GX-271). The electrochemical protocol (Gamry Interface1000 B) was started after
the first sample was extracted. The total volume of electrolyte in both compart-
ments was kept between the initial 28 ml and 24 ml at any time.

MEA measurements
MEA preparation. For the experiments with the PEMWE setup, square format
5 cm2 active cell area MEAs were prepared by a decal transfer method. As catalyst
for the OER at the anode side, the same Alfa Aesar IrOx 2H2O Premion powder
was applied as in the SFC and H-Cell experiments. The anode catalyst loading was
1.03 ± 0.07 mgIr cm−2 for all tests. For the hydrogen evolution reaction at the
cathode side, carbon-supported (Vulcan XC72) platinum nanoparticles cata-
lyst (45.8 wt% Pt/C; TEC10V50E from Tanaka, Japan) with loadings of 0.30 ±
0.14 mgPt cm−2 was used. To prepare the catalyst inks, catalyst powder, 2-propanol
(purity ≥ 99.9 % from Sigma Aldrich, Germany), and Nafion® ionomer solution
(20 wt% ionomer; D2021 from IonPower, USA) are mixed for 24 h using a roller
mill and 5 mm zirconia grinding balls. The decals were coated with a Mayer-rod
coating machine on 50 µm PTFE foil (from Angst+Pfister, Germany). Finally,
MEAs were hot-pressed (3 min at 155 °C, 2.5 MPa) using the decals and different

Nafion® membrane types 117 (180 µm thickness), 212 (50 µm thickness) and 211
(25 µm thickness). By evaluating the weight differences (±15 µg; XPE105DR
microbalance from Mettler Toledo, Germany) of the PTFE decals before and after
hot pressing, the individual catalyst loadings of the MEAs were calculated. All
anodes have an ionomer content of 9 wt%, whereas all cathodes have an ionomer to
carbon mass ratio of 0.6/1.

MEA measurements. To prevent any precipitation of dissolved Iridium in the cell
or in the test rig a special PEMWE setup was developed.

Cell. The cell uses a two-piece monopolar plate concept consisting of a metal
flowfield sheet and a plastic body. The flowfield plates are made from 3mm grade
two titanium sheet with laser cut single serpentine channel (equal 1 mm land and
1 mm channel spacing). To prevent galvanic plating of iridium, the titanium
flowfield plates are gold-coated (0.5 µm by physical vapor deposition and another
5 µm galvanic coating on top). Finally, the metal flowfield plates are inserted into a
fitted plastic body made from polyoxymethylene (aqueous tests) or polytetra-
fluoroethylene (second design for aqueous and diluted sulfuric acid tests). The
plastic body allows for media transport from the serpentine flowfield inside the cell
without contact to metal surfaces to the in- and outlet fittings made from poly-
propylene (PP) at the face sides of the monopolar plates. At the anode side, an
expanded titanium metal sheet (250 µm thickness, Sylatech, Germany) with 5 µm
platinum coating is used as a porous transport layer between MEA and flowfield.
The cathode side PTL is a carbon fiber paper (TGP-H-120 from Toray, Japan, no
MPL) with a thickness of 370 µm.

Test rig. A fully automated test rig (E40 by Greenlight Innovation, Canada)
equipped with a potentiostat and a booster (Reference 3000 and 30 A booster,
Gamry, USA) was used as the basis for the integration of a metal-free anode water
cycle and cathode exhaust water collector. Borosilicate glass bottles of 0.5 l to 1 l
volume were used as the anode water cycle setup tank. A membrane pump (NF30
from KNF, Germany) and PE/PTFE tubes were used to feed the cell with water at a
rate of ~300 ml min−1. To maintain an elevated temperature of ~55–60 °C in the
cell, the setup tank glass bottle is tempered by a heater plate (IKA, Germany). To
initially clean the setup from ionic impurities a deionizer cartridge is used (Ley-
copure mixed bed resin from Leyco, Germany), which is bypassed during the actual
dissolution experiment. The anode water samples were tapped from the cycle
directly behind the cell. As there was no water cycling at the cathode side, the
cathode water samples were taken from the PP cathode exhaust water collector
bottle. Its reservoir volume was ~10 ml and was continuously flushed at the
cathode water exhaust rate of 8.2 ± 0.4 ml h−1.

Measurement procedure. Before starting the dissolution tests, the anode water cycle
is cleaned up at elevated temperature for at least 12 h by running the water through
the deionizer cartridge to remove eventual ionic impurities released from the setup
(feed water processed by ULTRA CLEAR® TP ultrapure water system from Evoqua,
USA). After the cleaning period, the cartridge is bypassed and the first 10ml water
sample (standard volume for all samples) is tapped from the cycle without contact
to the cell as a clean reference. In the next step, the cell is mounted and water is run
through the cell for 10min without current. At the end, again 10ml water is tapped
from the cycle. Subsequently, the current density was set to 0.2 A cm−2 for 10min
and another water sample was tapped. Thereafter, the current is set to 2 A cm−2

where it stays for the rest of the experiment. Anode water samples are tapped after
holding intervals of 10min, 30min, 1 h, 1 h, and successive every 24 h. Cathode
samples are taken for the first time 3 h after the start of the test and then also every
24 h. During the aqueous tests with fixed anode side water volume the tapped water,
the consumed water, and the water lost to the cathode by electroosmosis is replaced
by ultrapure feed water. In contrast, during the acidic tests and the aqueous tests
with variable water volume, the tapped, consumed or electroosmotically transported
electrolyte volume is not replaced and the initial volume of water or 0.1M H2SO4 is
gradually reduced. At the end of the dissolution test, both flowfields were purged
with nitrogen and the cell was held for at least 12 h at 1.2 V cell voltage to avoid
anode side catalyst reduction by permeating hydrogen from the cathode side or the
membrane. In addition, for the last two tests with gradually reduced water/acid
volume, polarization curves and electrical impedance spectroscopy were made to
reveal the end-of life performance of the aged MEAs. The MEAs are extracted in a
glove bag and stored under nitrogen until spectroscopic analysis/STEM graphs
were made.

Scanning transmission electron microscopy
Sample preparation. Samples were embedded in Araldite 502 epoxy resin and cured
overnight at 60 °C. Ultrathin sections with a nominal thickness of 100 nm were cut
with an RMC Boeckeler PowerTome using a Diatome ultra 45° diamond knife. The
sections were collected on copper grids for subsequent imaging via scanning
transmission electron microscopy.

Measurements. STEM micrographs were taken with a Zeiss Crossbeam 540 FIB-
SEM with annular STEM with a detector accelerating voltage of 20 kV and probe
current of 300 pA. High-angle annular dark-field was chosen as imaging mode,
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owing to its high contrast between atoms with low atomic number Z (membrane:
F, C,..) and a high atomic number (Ir, Au, Ti). The chemical composition was
determined via EDX (X-Max 150 silicon drift detector, Oxford Instruments;
Software: Aztec Version 3.3, Oxford instruments) with an accelerating voltage of
20 kV and a probe current of 300 pA.

STEM micrographs were post-processed with ImageJ. As the samples have an
average thickness of 100 nm while the penetrating depth of the electron beam can
be several micrometers, EDX analysis contains background elemental information
like copper from the TEM-grid. For reasons of simplification, only elements of
interest (Pt, Ir, Au, Ti, C, F, and O) are shown in the elemental point
measurements.

Data availability
The authors declare that the main data supporting the findings of this study are available
within the article and its Supplementary Information. Source data are provided with this
paper. Extra data are available from the corresponding authors upon reasonable
request. Source data are provided with this paper.
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5.5 Durability Testing of Low-Iridium PEM Water Electrolysis Mem-

brane Electrode Assemblies

The article ”Durability Testing of Low-Iridium PEM Water Electrolysis Membrane Electrode As-

semblies” was submitted in February 2022 and published in June 2022 in the The Journal of the

Electrochemical Society [120]. The article is under open access, distributed under the terms of the

Creative Commons Attribution 4.0 License (CC BY). The permanent web link is:

https://doi.org/10.1149/1945-7111/ac6d14 .

In this study we investigate the durability of PEMWE MEAs with low-iridium loaded anodes

compared to MEAs with a commercial benchmark anode catalyst. So far, there is no more active

and equally stable material for the catalysis of OER than iridium. However, iridium is one of the

scarcest elements on earth, its annual production (mining and recycling) is low at ≈ 7 t/y [61] and

presumably can not be increased by several orders of magnitude. Thus, for a future multi-GW per

year installation of PEMWE systems, the power specific iridium loading needs to be significantly

reduced compared to current state-of-the-art systems. For reference, the current power specific

iridium loading is at ≈ 0.75 gIr/kW70%(LHV) (1.5 A/cm2 at 1.79 V [11]) whereas at a projected

future annual installation rate of > 100 GW/y, the power specific iridium loading needs to be as

low as ≈ 0.01 gIr/kW70%(LHV) [10] [70]. Besides using thin membranes for loss reduction and for

reaching high current densities, the development and use of new or improved OER catalysts which

enable low iridium loadings at comparable or better performance than benchmark catalysts is a

key factor on reaching the set goal. One possible improvement strategy is a reduction of the irid-

ium packing density from ≈ 2.3 gIrcm
−3 (Benchmark, Umicore Elyst Ir75 0480) to ≈ 0.5 gIrcm

−3

by using a titanium dioxide support of lower surface area. This enables the manufacturing of

electrodes with reasonable thickness of ≈ 5 µm at loadings of ≈ 0.25 mgIr/cm
2 [121]. This new

catalyst, which was developed within the Kopernikus P2X project and provided by the project

partner Heraeus GmbH, allows for an 8-fold reduction in iridium loading while keeping similar to

slightly better begin-of-life (BOL) performance compared to the Benchmark catalyst [70]. To test

the long term durability of the new developed catalyst compared to the benchmark catalyst, 5

MEAs with each type of anode catalyst (P2X catalyst loading: 0.25 mgIr/cm
2; Benchmark cata-

lyst loading: 2 mgIr/cm
2) based on Nafion® 117 membranes, are fabricated by the project partner

Greenerity GmbH and integrated in an industrial short stack from H-TEC Systems GmbH (see

figure 23, panel c)). During 3700 h, a typical operation of a PEMWE system in combination

with intermittent renewable energies is simulated by applying a continuous current cycling to the

stack between low (0.1 A/cm2), intermediate (1.75 A/cm2) and high current densities (2 A/cm2)

with 10 min step holding time. Each week, all 10 cells in the stack are analyzed by polarization

curves and electrochemical impedance spectroscopy. Furthermore, selected individual MEAs are

analyzed by SEM at begin-of-life and after finishing the test to determine the thickness evolution

of the membranes. Finally, the P2X and Benchmark catalysts are analyzed ex-situ by XPS in

order to determine the iridium film thickness ratio on the non-conductive TiO2 support particles

of the catalysts. The main findings of the study are:

1. The begin-of-life performance of the new P2X catalyst is slightly better than the Benchmark

with a 30-fold higher mass activity at 1.5 V iR-free cell voltage at 8-fold lower iridium loading.

2. A stabilization of the initial higher electrode degradation of both catalysts occurs after

about 1000 h. An extrapolation of the catalyst mass activity data to the next logarith-
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mic time decade suggests only a moderate further increase in iR-free cell voltage at a rate

of ≈ +1 µV/h for the P2X catalyst and ≈ +0.25 µV/h for the Benchmark catalyst which

would be sufficiently low for industrial PEMWE applications with lifetimes in the 104 to

105 h region.

3. The measured HFR drops significantly during the test by ≈ 25 % at a decreasing rate and

shows a trend towards stabilization at the end of the test. The falling HFR seems partly

caused by an increased membrane water content (which leads to higher conductivity and

swelling of the membrane into the pores of the PTLs which reduces contact resistances and

the effective membrane thickness) and partly by a membrane thinning visible at the MEA

cross sections analyzed by SEM of ≈ 10 %. As the focus of the study was the long-term

catalyst performance, the true reasons for the falling HFR need to be clarified in a follow-up

study.

4. The mass activity ratio of P2X to benchmark catalyst levels out at ≈ 4-5 at the end of the

test and is thus of the same order of magnitude as the iridium thin film thickness ratio of

the catalysts measured by XPS of ≈ 2-3.
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6 Conclusion

The aim of this work was to investigate the possibilities of improving PEMWE at cell level in

such a way that it can be deployed on a large scale in the future with very high installation rates

of around ≈ 100 GW/year. Two key measures were identified: 1) The use of thin membranes,

which greatly reduce ohmic losses in the cell and enable up to 3-fold higher current and power

densities while maintaining high voltage efficiency of 70 % (LHV). This can save critical materials

and cost. 2) The use of improved OER catalysts with about 10 to 20-fold lower iridium load-

ing to achieve, together with the use of thin membranes, a low power-specific iridium loading of

about ≈ 0.01 gIr/kW70%LHV to avoid an iridium shortage at the aforementioned deployment rates.

Several questions arise from these two central measures with regard to practicality, which were

investigated in a total of five publications.

In the study presented in section 5.1, a life cycle analysis of hydrogen production with PEMWE in

future energy systems was performed. It was shown that using only wind power and photovoltaics

for the electricity supply of the electrolysis process, a strong reduction of greenhouse gas emissions

by about 2/3 compared to the reference process of steam reforming of natural gas is possible.

Since the LCA was prepared using static databases, as is common practice, the future greenhouse

gas emissions for hydrogen production with PEMWE are very likely to still be significantly lower

than the calculated values. A higher current density also reduces the material consumption for

the PEMWE cell stack. However, the savings in greenhouse gas emissions due to the reduction

in material use are very small compared to the greenhouse gas emissions due to electricity supply,

even in the purely renewable scenario.

In the second study (section 5.2), it was shown that the use of thin membranes down to 30 µm

dry thickness (Nafion XL) in PEMWE cells is possible in principle and extremely high current

densities up to 25 A/cm2 can be achieved. However, high cell voltages close to 3 V and thus very

low voltage efficiency around 40 % and presumably high degradation limit the operation at these

extreme values. In addition, the high heat production in the cell at high current densities can lead

to cooling problems. However, a model of heat transport in PEMWE cells from MEA to flow fields,

verified with in-situ measurements of the MEA temperature, shows that operation with over 60 %

(LHV) voltage efficiency up to 10 A/cm2 seems possible using Nafion XL as membrane material

with a still modest cooling water flow of 25 ml/(min cm2).

The hydrogen permeation already discussed in the theory section could show an increase with

current density. This could lower the Faraday efficiency as well as raise the minimum current

density for falling below the 2 % hydrogen in oxygen limit on the anode side. Therefore, hydrogen

permeation in PEMWE cells was measured in the third study (section 5.3) for Nafion® 117 and

Nafion® 212 at cathode pressures ranging from 1 bar to 30 bar and temperatures from 40 ◦C

up to 80 ◦C. Using in-line mass spectrometry, a strong dependence of the permeation rate on the

current density was found, especially for low cathode pressures, even at usual I/C ratios of 0.6

of the cathode. However, the increase is significantly less pronounced for operation at elevated

cathode pressures. For example, for Nafion® 117, a 15-fold increase at 1 bar cathode pressure

from 0 A/cm2 to 5 A/cm2 and of only 16 % at 30 bar cathode pressure between 0 A/cm2 and

4 A/cm2 could be determined. Higher I/C ratios further increase the hydrogen permeation rates.

The results show that safe operation with thin membranes at high cell efficiencies greater 70 %

(LHV) and moderate hydrogen pressures up to 30 bar on the cathode side is only possible using a

recombination catalyst.

In order to reach high deployment rates for PEMWE systems, CAPEX and OPEX needs to be as
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low as possible. An important influence in OPEX is the stability of the PEMWE stack and its most

sensitive part, the MEA. Especially the anode side OER catalysts need to be durable under harsh

operating conditions. However, the stability of OER catalysts is usually tested in aqueous model

systems e.g. via current cycling in an RDE setup. The measured stabilities in AMS are unrealistic

when compared to long term test results in real devices. Therefore, it is important to elucidate the

differences between OER catalyst stability in AMS and in MEAs in real PEMWE devices. In the

fourth study contained in this thesis (section 5.4), plausible OER catalyst dissolution rates were for

the first time measured during operation in a real PEMWE MEA and compared to measurements

obtained in AMS. In order to do so, a dedicated, galvanic redeposition-free PEMWE cell and test

rig was developed. The results show, that the OER catalyst dissolution during uninterrupted oper-

ation of a PEMWE cell is comparably low, resulting in a calculated catalyst half life of ≈ 150 years

for pure hydrous IrOx at todays standard catalyst loadings of ≈ 1 mgIr/cm
2. The high differences

in stability between AMS and MEA measurements of ≈ 104-105 can be attributed mainly to a

difference in estimated and real pH value in the MEA and to a stabilization effect occurring over

time. Hence, for a realistic direct measurement of the stability of new or improved OER catalysts,

especially at low PGM loading, it is important to use MEA-based systems instead of AMS.

The last study of this thesis (section 5.5) was dedicated to the long term testing of low iridium

loaded MEAs with a focus on catalyst durability. Here, 5 MEAs with a benchmark OER catalyst

at a loading of 2 mgIr/cm
2 and 5 additional MEAs with a newly developed low iridium pack-

ing density low-Ir OER catalyst at 0.25 mgIr/cm
2 were tested in an industrial short stack with

30 cm2 active area for 3700 h. A current cycling profile with low, intermediate and high current

density steps was used, which simulated the operation during coupling to intermittent renewable

energies. Weekly diagnosis of all cells in the stack via polarization curves and EIS revealed two

main degradation effects: The cells show an initially stronger increase in iR-free cell voltage up to

1000 h, which is leveling out slowly during the following 2700 h of testing. This effect seems to

be caused by electrode aging and is more pronounced for the low-iridium loaded MEAs. However,

the extrapolated rate is low enough to allow for an operation of the low-iridium loaded MEAs

up to about 40.000 h at only moderate iR-free cell voltage increases of ≈ +1 µV/h, compared to

≈ +0.25 µV/h for the benchmark catalyst MEAs. Furthermore, a drop in HFR of all cells by

about 25 % from begin to the end of the testing is visible. This seems partly to be attributed to a

change in water content of the membranes during prolonged electrolysis but also to a thinning of

≈ 10 % of the membranes which has been quantified also by SEM graphs of MEA cross sections for

begin of life and end of test samples for both catalyst types. As membrane degradation can also

drastically limit the PEMWE lifetime, this effect needs to be further investigated in a dedicated

follow-up study.

Summarizing the main results of this work, it is possible to reach low enough power specific iridium

loadings of PEMWE cells to allow for a large scale implementation of this technology in the near

future (≈ 10 to 20 years). Thin membranes and low-loaded catalysts are the keys to achieve low

power specific iridium loading and allow for a significant reduction in CAPEX due to high current

density operation. The stability of iridium based OER catalysts, also at low catalyst loadings of

0.25 mgIr/cm
2, was found to be high enough for long-term operation when using adequate oper-

ational strategies with mainly uninterrupted operation and minimized shut-down-start-up cycles.

However, several unsolved issues were identified, which have to be tackled in the future. The use of

thin membranes has many benefits, but calls for the integration of a recombination catalyst in the

MEA or the PEMWE cell to allow safe operation over a wide current density range. Furthermore,
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possible membrane thinning needs to be adequately detected and the underlying mechanisms have

to be explained in order to be able to find solutions to mitigate this detrimental effect which could

drastically curtail PEMWE stack lifetime.
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